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Chapter 1. General Introduction 

1.1 Background 

Hydrogen is an important feedstock for the synthesis of various chemicals, the 

refining of petroleum and the generation of electricity.  Currently, the majority of 

hydrogen for industrial use is produced by the reforming of fossil fuels [1], especially 

by the reforming reactions of methane, the principal component of natural gas [2].  

Steam methane reforming (SMR), CH4+ H2O  CO + 3H2 is the most basic 

reforming reaction of methane with strong endothermicity.  This reaction is 

generally accompanied by the moderately exothermic water-gas shift reaction, CO + 

H2O  CO2 + H2. The SMR requires considerable amounts of heat to sustain the 

reaction temperature (800-1000 
o
C) resulting in high energy consumption with large 

CO2 emissions.  There have been numerous studies seeking a more effective 

operation of SMR such as sorption enhanced reforming [3], chemical looping 

reforming [4], or membrane enhanced reforming [5], which will be discussed in 

Chapter 2.  Recently, some studies have reported the operation of SMR at low 

temperatures such as 400-650 
o
C [6,7]. 

Hydrogen purification is also indispensable for many practical applications. For 
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example, in the usage of hydrogen in fuel cells, slight amounts of impurities might 

cause unexpected reactions like catalyst poisoning or competitive adsorption leading 

to smaller amount of energy production and shorter lifetime of the catalyst [8].  

Today, pressure swing adsorption, cryogenic distillation and membrane separation are 

significant hydrogen purification processes.  Membrane reactors are based on the 

idea that in addition to the hydrogen separation process, selective extraction of 

specific products can shift the equilibria to the product side and enhance the reaction. 

The application of hydrogen permselective membranes to hydrogen generation 

reactions improves the hydrogen yield by the selective extraction of hydrogen.  The 

membrane works as a reaction accelerator and a hydrogen separator and produces 

highly pure hydrogen with smaller process units.  In practical applications, several 

membranes are used in parallel to increase the area of the membrane for gas 

permeation in the limited volume of the reactor [9] and the arrangement of those 

membranes is a principal factor in membrane reactor design since it affects the 

reactor performance significantly [10]. 

Membrane reactors can be applied for various reactions depending on the 

durability or permselectivity of the membranes.  Metallic membranes, especially 

alloyed palladium membranes [11], show high permselectivity and are considered as 



 

3 

 

one of the most attractive candidates for hydrogen separation membranes despite the 

rarity and cost of palladium.  Ceramic membranes composed of zeolites [12] and 

amorphous silica [13] also show excellent permselectivity for hydrogen and are 

attracting much attention because of their low cost.  Other materials such as 

polymers [14], graphine [15], metal organic frameworks such as ZIF-8 [16] are being 

studied and some attractive features such as hydrogen storage capacity, high specific 

surface area, or controllability of structure which can possibly expand the variety of 

applications have been revealed.  However, they have also non-negligible 

drawbacks such as difficulty of mass production, lifetime, costs, and sensibility 

towards heat or chemicals and, therefore, need additional improvements before they 

can be applied widely. 

Some of those membranes have micropores even gas molecules cannot pass 

through depending on their size and act like sieves. Some are able to ‘dissolve’ 

hydrogen like palladium [17] or amorphous silica [18].   Still others have functional 

units on their surface with high affinity for certain gas species such as carbon dioxide 

[19].  Silica membranes have advantages in the variety of different structural 

arrangements they possess.  By changing the precursors or fabrication conditions the 

membrane can have functional surfaces [ 20 ], controlled pore sizes [ 21 ], or 
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hydrothermal stability [13]. 

In order to maximize the benefits of the above research, understanding how 

methane turns to hydrogen, carbon monoxide or carbon dioxide in the reactor is 

valuable. There have been a number of studies about methane reforming including 

kinetic analysis of the catalytic reaction [22], 1-D modeling for membrane reactors 

[23] or autothermal reforming of methane in fluidized bed membrane reactors [24]. 

 

1.2 Contents of this Thesis 

In this thesis, Chapter 1 describes the background of this thesis and introduces the 

following chapters. Attention is placed on membranes and the steam methane 

reforming reaction.  

Chapter 2 covers a kinetic analysis of SMR in a packed-bed reactor at moderate 

conditions for the application of the membranes in membrane reactors. A simple 

kinetic model was employed which explained the trends in the experimental result 

well with such simplicity. 

 Chapter 3 discusses three models to express SMR in catalytic tubular plug flow 

reactor with varying inlet flow composition.  The competitive adsorption to the 

catalyst surface has the critical contribution for the reaction but the adsorption of the 
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product was not essential to explain SMR trends in the experimental data set. 

Chapter 4 presents the operation and the analysis of SMR in membrane reactor 

with a silica-alumina composite membrane. Silica-based membranes show high 

hydrogen permselectivity so are promising materials for hydrogen separation due to 

their advantage on costs and chemical durability.  The membrane reactor was 

analyzed by a kinetic model to see the contribution of the membrane in the reactor. 

Chapter 5 describes the semi-batch operation of a membrane reactor, a novel mode 

of operation for such reactors.  A reaction with mole increase in a reactor with 

throttled exit can utilize the pressure due to the stoichiometry of the reaction and use 

it as the driving force for the membrane separation.  A semi-batch reactor, with 

closed exit is a limiting mode of operation.  The hydrogen permeate flow and 

pressure drop on the shell side were measured during the operation and analyzed with 

a model considering diffusion from the ex-upstream side or ex-downstream side of 

the reactor.  This information contributes to the further application of hydrogen 

permselective membranes. 

Chapter 6 concludes the thesis.  The study about amorphous silica based 

hydrogen permselective membranes and its application for hydrogen producing 
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reactor system, membrane reactor and semi-batch reactor helps to respond to the 

growing demand for hydrogen.  
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Chapter 2 Simple Kinetic Analysis of the Catalytic Steam 

Methane Reforming on a Ni/MgO-SiO2 Catalyst 

The steam methane reforming (SMR) reaction was studied on a Ni/MgO-SiO2 

catalyst at 650
o
C (923 K) and 0.40 MPa in a tubular packed-bed reactor.  The partial 

pressures of CH4 and H2O were varied and the data were fit to a kinetic model using 

integral analysis.  Measurements were carried out at high space velocity (48000 h
-1

) to 

avoid transport limitations, and this was verified by calculation of the Weisz-Prater 

criterion for mass transfer and the Mears criterion for heat transfer.  A rate expression 

based on the simplest possible set of steps to describe the SMR reaction and the 

water-gas shift reaction was derived which give good fit to the data.  Generally, the 

CH4 conversion increased with increase of the inlet partial pressure of each reactant, 

but at low CH4 partial pressure conditions (40 kPa) the conversion passed through a 

maximum.  Calculations of coverage with the kinetic model gave good agreement 

between the product of the CH4 and H2O coverages and the conversion. 

2.1 Introduction 

This chapter describes an in-depth study of the kinetics of the steam methane 

reforming.  The kinetics of a reaction provide valuable information that can be used 
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for reaction design and scale-up of a process [25] as well as to understand deactivation 

[26].  It can also be used to understand the function of a catalyst so as to permit its 

improvement.  This last is the subject of the current study, which consists of a simple 

analysis of reaction steps.  The catalyst employed in this research is based on Ni, 

which is the most commonly used metal, but uses a MgO-SiO2 support that has not 

been studied widely. 

Hydrogen plays an important role in today’s chemical industry, especially in the 

refining of petroleum and the synthesis of chemical products.  Recently hydrogen has 

received attention as a potential energy source for fuel cells because of their high 

energy conversion efficiency [27].  Currently, the majority of hydrogen is produced by 

reforming of fossil fuels [28], especially by the steam reforming of natural gas, whose 

main component is methane.  Steam methane reforming (SMR) is a strongly 

endothermic reaction (Eq. 2.1) which is generally accompanied by the moderately 

exothermic water-gas shift reaction (Eq. 2.2).   

CH4 + H2O  CO + 3H2, ΔH
o
298 = +206 kJ/mol    Eq. 2.1 

CO + H2O  CO2 + H2, ΔH
o
298 = -41 kJ/mol    Eq. 2.2  
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The SMR process is operated at high temperature (600-1000
o
C) and requires 

considerable amounts of heat, commonly supplied by the combustion of extra methane, 

resulting in high energy consumption with large CO2 emissions.  The simultaneous 

water-gas shift reaction [29] produces additional H2, though this reaction also produces 

CO2. There have been many attempts to improve the process efficiency.  In a study by 

Zheng et al. the heat required for the endothermic reforming was supplied using solar 

energy as a renewable energy source [30].  In another investigation by Hafizi et al. 

chemical looping was employed by cycling fine metal powders between oxidation and 

reduction vessels for hydrogen production from methane [31].   In addition to these 

attempts, efforts have been made to develop new catalysts.     

In this research a series of steam methane reforming measurements were conducted 

varying the ratio of the inlet gas components, methane and water vapor as reactants and 

nitrogen as inert dilution gas at an intermediate pressure of 0.40 MPa.   

2.2 Experimental 

The gases used in this study were CH4 (99% Toatsu Yamazaki Co., Ltd.), H2 

(99.99% Showa Denko Gas Products Co., Ltd.), N2 (99.99% Toatsu Yamazaki Co., 

Ltd.). 
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A conventional Ni/MgO-SiO2 catalyst (JGC Catalysts and Chemicals Ltd.) had a 

composition of 53.0-58.0 wt% NiO, 8.1-11.1 wt% MgO, 24.2-28.2 wt% SiO2 (supplier 

information).  The BET area was determined by N2 adsorption at -196
o
C (liquid 

nitrogen) using a volumetric apparatus (BELSORP-mini, Microtrac BEL Corp.).  The 

H2 chemisorption uptake was measured using a pulse flow instrument 

(CHEMBET-3000, Quantachrome Instruments) at 40 
o
C after 12 h reduction at 650 

o
C 

in 5% H2/Ar.  

Steam methane reforming was studied in a vertical concentric tubular reactor of a 

geometry suitable for future membrane reactors studies.  The reactor consisted of an 

inner dense alumina tube, a quartz sleeve and an outer stainless steel shell and was 

heated by an external electric furnace.  A quantity of 0.1 g of Ni/MgO-SiO2 catalyst 

diluted with 3.9 g SiO2 particles (Wako Pure Chemical Industries Ltd.) formed a 

catalyst bed of volume 3.0 cm
3
.   For best heat transfer, the catalyst bed was placed in 

the outer annular region between the quartz tube and the dense alumina tube.  It was 

held in the middle of the reactor by extra SiO2 particles filling the lower half of the 

reactor (Fig. 2.1).  The outer tubular stainless steel tube covered the quartz tube for 

mechanical strength and rigid sealing, but an opening allowed pressure equalization 
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between the inside and outside of the quartz sleeve.  The pressure of the reactor was 

controlled by a backpressure regulator connected at the reactor exit and the 

temperature of the reactor was monitored by a thermocouple placed at the bottom of 

the catalyst bed.  A pressure of 0.40 MPa and a temperature of 923 K was used for the 

measurements.  The catalyst particles were sieved to 400-630 μm in diameter and the 

SiO2 particles used for dilution of the catalyst to 600-850 μm.  

In the upstream portion of the reactor, CH4 and N2 were mixed and introduced to a 

vaporizer heated at 473 K.  Liquid water was fed using a pump (Hitachi L-7100) to the 

vaporizer and immediately vaporized and mixed with the N2/CH4 flow.  The mixed 

gas flowed to the reactor in a heated tube to prevent condensation of water vapor in the 

lines.  The inlet gas composition was varied systematically, keeping the same total 

flow rate at 270 μmol/s (400 cm
3 

(NTP)/min), corresponding to a constant gas-hourly 

space velocity of 2000 h
-1

.  Considering the CH4 the weight-hourly space velocity was 

12000-72000 Ncm
3
 gcat

-1
 h

-1
.  The concentration of component in the inlet gas was 

varied in the range of 5-35 vol% for CH4 and 20-70 vol% for H2O, with N2 as the 

balance.  The outlet gas flow was analyzed by a gas chromatograph (GC-8A, 

Shimadzu Co.) equipped with a thermal conductivity detector (TCD) using a 
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combination of Porapak-Q, Shinncarbon and Molecular sieve 5A columns.  However, 

it was difficult to detect the precise amount of H2O in the TCD, especially since its 

amount was large and because of the affinity between H2O and the columns in the gas 

chromatograph.  Thus, the amount of H2O was calculated from the average of the 

mass-balances of hydrogen and oxygen individually. 

 

 

Fig. 2.1.  Reactor used in the steam methane reforming studies 

The kinetic data in this work was analyzed by regression with a software (μ-Kinetic 

Engine, μKE) developed in the Laboratory for Chemical Technology at Ghent 

University [32], with statistical evaluation by F-tests. 
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2.3  Results and Discussion 

Recent developments in the area of catalytic steam methane reforming were 

described in a 2013 review [ 33].  Here, recent catalysis studies since then are 

summarized. Using conventional SMR reactors [34], most of the papers report Ni as 

the principal component but use different supports like CaO-Ca5Al6O14 [ 35 ], 

γ-Al2O3[36], K2TixOy-Al2O3[37], α-Al2O3[38], NiAl2O4[39], TiO2[40], SiO2[41], ZrO2 

[42], Al2O3 (Ca was co-loaded as Ca-Ni/Al2O3) [43], SBA-15 [44].  In addition to its 

activity on SMR reaction, for other reactions Ni has been reported to change the 

distribution of certain co-loaded metals and improve their catalytic activity [45].  The 

performances of those catalysts are summarized in Table 1 at reaction conditions that 

are similar to those used in the present investigation.  As can be seen, some of the 

experimental results are at or close to equilibrium.  The present studies are carried out 

away from equilibrium in order to obtain data in the kinetic regime.  
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Table 2.1 Summary of Recent Results in Steam Methane Reforming 

 

Catalyst Example 
T 

o
C 

P 

MPa 
H2O/CH4 

WHSV 

Ncm3
CH4/h gcat 

XCH4 

% 

Equil.XCH4 

% 
CO2/CO Stability Ref. 

Ni/CaO-Ca5Al6O14 15wt% Ni 650 0.10 4 230 95 95 0.48 NR 35 

Ni/γ-Al2O3 20wt% Ni 655 0.10 3 15000 88 98 NR NR 36 

Ni/K2TixOy-Al2O3 11wt% Ni 700 0.10 2.5 15000 86 96 NR >100 h 37 

Ni/α-Al2O3 20wt% Ni 700 0.10 3 35000 84 97 1.6 NR 38 

NiAl2O4 

(spinel structure) 
33wt% Ni 650 0.10 3 38000 80 96 0.70 NR 39 

Ni/TiO2 10wt% Ni 500 0.10 1 6000 27 29 2.4 > 96 h 40 

Ni/SiO2 10wt% NiO 700 0.10 0.5 12000 20 83 NR NR 41 

Ni/ZrO2 15wt% Ni 600 0.10 1 39000 20 71 1.2 4 h 42 

Ca-Ni/Al2O3 64wt% NiO 600 0.10 4 NR 85 95 0.36 NR 43 

Ni/SBA-15 25wt% Ni 550 0.10 2 NR 21 48 NR NR 44 

Ni/MgO-SiO2 56wt% NiO 650 0.40 2 48000 40 61 2.1 > 200 h * 

NR: Not reported, *: This work 

In the present work several experimental conditions were used, but repeats were 

made of feeds with CH4 20%, H2O 40%, N2 40% and the results are reported in Table 

2.1.  The relationship between the conversion of methane and weight-hourly space 

velocity (WHSV) is plotted in Fig. 2.2 for the studies in Table 2.1.  As can be seen, the 

data fell in two regions with downward sloping trend lines.  The measurements with a 

ratio of H2O/CH4 > 2 resulted in higher CH4 conversion and those with a ratio of 
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H2O/CH4 < 2 gave lower CH4 conversion.  The close agreement of the points to the 

trend lines is somewhat coincidental as there is some variation in temperature and 

H2O/CH4 ratio, even though the reported studies all used a pressure of 0.10 MPa.  The 

result of this study obtained with ratio of H2O/CH4 = 2 and with a higher pressure of 

0.40 MPa fell in the middle of the two curves.  The filled square shows a simulated 

result, which will be discussed later. 
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Fig.2.2. Relationship between the conversion of methane and WHSV in recent 

studies on steam methane reforming with Ni-based catalysts.  Reference numbers 

are indicated by each point. 

○: H2O/CH4 > 2, □: H2O/CH4 < 2, ×: This work (H2O/CH4 = 2, 0.4 MPa), 

■:simulated result (H2O/CH4 = 2, 0.10 MPa) 
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Prior to carrying out the kinetic analysis, the Mears criterion and the Weisz-Prater 

criterion were calculated to verify if the reactions were mass and heat transfer limited 

[46].  The Mears criterion,  

|
−∆𝐻𝑟𝑑

ℎ𝑇
∙

𝐸

𝑅𝑇
| < 0.15 was calculated as 0.012 at the reaction condition which gave the 

highest CH4 conversion 58% and the Weisz-Prater criterion, 

3.0
' 2

)(




Ase

cobsA

CD

Rr 

 was 

calculated at the same condition as 0.032.  It can be concluded that there were no 

internal nor external heat or mass transfer limitations in the present studies. 

 

 

 

Reaction (1) 

 

 

Reaction (2) 

 
 

Reaction (3) 

 
 

Reaction (4) 

In this study, steam methane reforming is described with four steps which depict (1) 

CH4 adsorption on the catalyst surface, (2) H2O adsorption on the catalyst surface, (3) 
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CH4 and H2O reaction to produce CO and H2 on the catalyst surface, and (4) CO and 

H2O reaction to produce CO2 and H2.  The quantities in brackets are adsorbed species 

or empty sites.  In this minimal description of the reactions only the reactants CH4 and 

H2O are considered to be adsorbed, and desorption is assumed to be irreversible. It is 

realized that the scheme is a gross approximation, with the molecular adsorption of the 

species being particularly unlikely at the conditions of reaction.  However, the steps 

are considered to simply depict the essentials of the individual process.  If, for 

example, the adsorption of methane occurred by a more complicated sequence such as 

CH4  [CH3] + [H]  [CH2] + 2[H]   [CH] + 3[H]  [C] + 4[H], and if the first 

step were slow, as it is believed to be [ ], the process would be first-order in CH4 and 

each of [CHi] could be related to an adsorbed methane species through equilibrium 

relations.   

The equilibrium coefficients for reactions Reaction (1) and (2) are defined by Eq. 2.3 

and Eq. 2.4. 

 



1

1
1

k

k
K  Eq. 2.3 
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


2

2
2

k

k
K  Eq. 2.4 

  The net reaction rate of reaction (3) and (4) is calculated according to Eq. 2.9 and Eq. 

2.10 respectively, with 
3k  and 4k  the corresponding rate coefficients. In this hybrid 

scheme, CH4 and H2O react in the adsorbed state and, hence, the rate equations are 

expressed in terms of the surface concentrations of the adsorbed species. 

 

    
*

33 24 OHCH CCkr   Eq. 2.5 

  OHCOCpkr
244   Eq. 2.6 

  When several active sites or surface species are involved in a reaction step, it is 

important to have both sites adjacent to each other for the reaction to take place [47]. 

This dual site character should be properly accounted for in the rate expression of the 

corresponding reaction step. In step (3), adsorbed CH4 and H2O can only react when 

they are adsorbed on adjacent adsorption sites. The proper driving force for step (3) is 

based on the adsorbed concentration of H2O that is adjacent to the adsorbed CH4, 
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indicated as  
*

2OHC  in Eq. 2.5 [48]. The latter concentration is calculated as the product 

of the number of adjacent neighbors z  and the probability of H2O being adsorbed, 

see Eq. 2.7, with 
totC  the total concentration of active sites. Subsequently, the 

probability of H2O being adsorbed can be substituted by the surface coverage of H2O, 

 OH 2
  in Eq. 2.7. The new rate expressions 

3r  and 4r , shown in Eq. 2.2.8 and Eq. 2.9, 

are obtained by substituting Eq. 2.7 in Eq. 2.5 and rewriting the concentration of the 

surface species in terms of the surface coverage. 

  
 

 OH

tot

OH

OH z
C

C
zC

2

2

2

*   Eq. 2.7 

        OHCHtotOHCH zCkzCkr
2424 333    Eq. 2.8 

  OHtotCOCpkr
244   Eq. 2.9 

  When properly accounting for the dual site requirement in the rate expression of the 

surface reaction step, the reaction rate varies linearly with the total concentration of 

active sites, and not quadratically. 

  The final expression for the reaction rate equations is obtained by replacing the 

surface coverages with observable quantities, namely, the partial pressures of the 
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components. Based on the site balance (see Eq. 2.10) and the quasi equilibrium of step 

Reaction (1) and (2) (see Eq. 2.11 and Eq. 2.12), the rate expressions for 
3r  and 4r  

are formulated in terms of the partial pressure of CH4, H2O and CO (see Eq. 2.13 and 

Eq. 2.14). 

      OHCH 24
1    Eq. 2.10 

      
444 1

1

1
CHCHCH pKp

k

k





 Eq. 2.11 

       OHOHOH pKp
k

k
222 2

2

2 



 Eq. 2.12 

    221

21

'

3

2

21

213

3

24

24

24

24

11 OHCH

OHCH

OHCH

OHCHtot

pKpK

ppKKk

pKpK

ppzCKKk
r





  Eq. 2.13 

 
OHCH

OHCO

OHCH

OHCOtot

pKpK

ppKk

pKpK

ppCKk
r

24

2

24

2

21

2

'

4

21

24

4
11 




  Eq. 2.14 

  The reaction rates are subsequently used to determine the net rates of formation iR

for every component (Eq. 2.15 to Eq. 2.19), needed to solve the plug flow reactor 

equations. 
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 34
rRCH   Eq. 2.15 

 432
rrR OH   Eq. 2.16 

 43 rrRCO   Eq. 2.17 

 42
rRCO   Eq. 2.18 

 433
2

rrRH   Eq. 2.19 

  For the optimization minimization of the sum of the square of the errors, the 

ordinary least squares criterion, is often employed.  However, when the variance of 

error of the samples is not constant the contributions of samples with small errors are 

likely to be underestimated.  In those cases, generalized least squares (GLS) 

minimization which minimizes the error considering the variance-covariance matrix of 

the samples is preferable.  In practice, to obtain the variance-covariance matrix 

requires large numbers of experiments, then homoscedasticity is assumed for every 

samples.  In this case the procedure is called a weighted least squares (WLS) 

minimization.  In this study, this variance-covariance matrix is determined by µKE. 
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  Some of the experimental conditions were repeated several times in order to verify 

the stability of the catalyst.  In handling this repetition, the contribution of the repeated 

data would be larger in the weighted regression, or equivalent to the other points in the 

unweighted regression.  In this study the experiments are discussed with unweighted 

and weighted regression procedures for comparison.  

  Evaluation of the models developed in this study employs F statistics to determine 

the closeness of fit between experimental and calculated results.  The F test is a 

typically used to determine if a regression is so-called globally significant [49].  The 

value of F, which represents the difference in the variance between observed data and 

regressed data, is calculated by a prescribed equation and is compared to a tabulated F 

value.  The latter is defined from the degrees of freedom of the dataset and the 

required confidence level (95% or 99% is often employed).  

  Fig. 2.3 shows the CH4 conversion as a function of H2O inlet partial pressure when 

the inlet partial pressure of CH4 was 40 kPa, 80 kPa, or 120 kPa and lines obtained by 

the hybrid reaction model with unweighted (solid line) and weighted regression 

(dashed line).  As expected, the conversion of CH4 was higher when its partial 

pressure was lower.  As also expected, the conversion of CH4 also increased with 
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increase of the partial pressure of H2O, although at high H2O inlet partial pressure the 

CH4 conversion declined.  This behavior can be explained by the inhibition of CH4 

adsorption on the catalyst by adsorbed H2O. 
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Fig. 2.3  CH4 conversion as a function of the H2O inlet pressure with the hybrid 

reaction model for reactions at a total pressure of 0.40 MPa, a temperature of 923 

K, and a catalyst mass of 0.1 g. Black = 40 kPa CH4 inlet partial pressure (pCH4,in), 

red = 80 kPa pCH4,in, blue = 120 kPa pCH4,in.  

 

  Fig. 2.4 shows the selectivity to CO and CO2 as a function of the inlet partial 

pressure of H2O for an inlet partial pressure of CH4 of 80 kPa.  The selectivity plots 

were calculated from weighted and unweighted regressions and the results are also 

shown in Fig. 2.4.  Increase in the inlet H2O partial pressure enhanced the water-gas 

shift reaction (4) and increased selectivity to CO2.  It can be seen in Fig. 2.4 that the 
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weighted regression (dashed line) give a better overall fit than the unweighted 

regression (solid line).   
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Fig. 2.4. Selectivity to CO and CO2 as a function of the inlet partial pressure of 

H2O for the hybrid scheme. Pressure 0.40 MPa, temperature 650
o
C, catalyst mass 

0.1 g, inlet partial pressure of CH4 80 kPa Black = selectivity to CO, red = 

selectivity to CO2. 

  Fig. 2.5 shows the CO and CO2 selectivity as a function of CH4 conversion with the 

partial pressure of H2O fixed at 160 kPa.  Most of the data show a weak dependence of 

the selectivities with CH4 conversion.  There are two points that do not follow the 

trend lines and are considered outliers.  They were obtained with a CH4 inlet partial 

pressure of 20 or 40 kPa which were the lowest pressures used, so produced the lowest 
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amounts of CO and CO2.  As mentioned in the experimental section, each gas 

composition was measured by TCD and the detector sensitivity for CO was the 

smallest.  For these two points, the peak of CO was close to the detection limit hence 

there might be a larger error in the measurement.   Therefore, these points were 

retained in this figure, but omitted in the regression analysis.  
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Fig. 2.5. Selectivity to CO and CO2 as a function of the conversion for the hybrid 

scheme Pressure 0.40 MPa, temperature 650
o
C, catalyst mass 0.1 g, H2O inlet 

partial pressure of 160 kPa and a CH4 inlet partial pressure between 20 and 100 

kPa. Black = selectivity to CO, red = selectivity to CO2. 

 

  Fig. 2.6 shows a parity diagram comparing ordinal unweighted least square 

minimization and weighted least squares minimization.  The weighted regression 

shows excellent agreement between calculated and measured values for CH4, good 
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agreement for H2O, CO, and CO2, and moderate agreement for H2.  It systematically 

ends on the low side for H2 and slightly on the high side for H2O, while showing scatter 

for CO and CO2.  The unweighted regression shows systematic deviations for all 

species except for H2O.  Table 2.2 shows each fitted variable; K1 for CH4 adsorption, 

K2 for H2O adsorption, k3’ for steam methane reforming, k4’ for the water-gas shift 

reaction.  In Table 2.2, both k3’ and k4’ were slightly larger in the weighted regression.  

This accounts for the differences in the trends between the weighted and unweighted 

regressions.  

 

  Table 2.3 shows calculations of F statistics for model adequacy (Fa) and global 

significance (Fc) used to evaluate the weighted and unweighted regressions.  For the 

results of this paper, the tabular Fa value for model adequacy is 1.54.  The Fa value of 

the unweighted regression is 2.37 while that of the weighted regression is 1.23.  Thus, 

only the weighted regression provides an adequate fit. 

  The tabular F value for global significance is 2.4.  The Fs values of both the 

weighted and unweighted regressions greatly exceeded this value so can be deemed 

globally significant.   

Table 2.2. Calculated model parameters of the hybrid scheme for the (un)weighted 
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regressions with 95 % confidence interval 

 Unweighted Weighted Unit 

1K  3.33 ± 0.35 3.40 ± 0.06 1510  Pa  

2K  1.70 ± 0.18 1.72 ± 0.03 1510  Pa  

totzCkk 3

'

3 

 

2.08 ± 0.08 1.81 ± 0.02 
11   catkgsmol  

totCkk 4

'

4   8.46 ± 0.21 7.73 ± 0.14 

111510   catkgsPamol

 

 

Table 2.3. Calculated F values for model adequacy (Fa) and global significance of 

the regression (Fs) of the hybrid scheme 

 

Unweight

ed 

Weighted 

aF  2.37 1.23 

sF  2.62 10
4 

2.00 10
4 
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Fig. 2.6. Parity diagram of the molar outlet flow rate FCH4, FH2O, FCO, FCO2 and FH2 

for the weighted regression at a temperature of 923 K and a total pressure of 0.4 MPa. 

The estimated rate and equilibrium coefficients are shown in Table 2.2. 

Fig. 2.7 shows the calculated coverages of the catalyst surface by CH4 (θ[CH4]), H2O 

(θ[H2O]), and empty sites (θ[ ]), as well as the product of θ[CH4] and θ[H2O] as a function of 

partial pressure of H2O. These were obtained under fixed partial pressure of CH4 at 80 
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kPa, and calculated from K3 and K4 obtained from the weighted regression (Table 2.2) 

and Eq. 2.10-12.  With increase of the partial pressure of H2O, the catalyst surface 

coverage by CH4 decreased, as the coverage by H2O increased.  This mirrors the 

behavior of the conversion versus H2O partial pressure (Fig. 2.3).  Indeed Eq. 8 shows 

that the consumption rate of CH4 in SMR (r3) is proportional to the product of the 

coverage of CH4 and H2O.  Therefore, both the weighted and unweighted regression 

follow this trend, with the unweighted regression overestimating the experimental 

values (Fig. 2.3).    
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Fig. 2.7.  Calculated coverage of catalyst surface by H2O (θ[H2O]), CH4 (θ[CH4]), 

empty sites (θ[ ]) and the product of θ[H2O] and θ[H2O] versus the inlet partial pressure 

of H2O.  Inlet partial pressure of CH4: 80 kPa, Temperature: 650
o
C, Total pressure: 

0.40 MPa, WHSV: 48000 Ncm
3
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As seen in Table 2.1, compared to the works reported in other studies, which were 

carried out at 0.10 MPa, the present study was conducted at 0.40 MPa, making the 

comparison difficult.  However, substitution of the results of the regression (Table 2) 

into Eq. 13 and Eq. 14 can be used to calculate reaction rates for specific reaction 

conditions.  The filled square in Fig. 2.2 shows the result of such a calculation at the 

same conditions as the point shown by the cross in Fig. 2.2 but at 0.10 MPa as with the 

rest of the points, not 0.40 MPa.  The comparison shows that the conversion of CH4 
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decreases with decreasing pressure as shown by the red arrow.  This is an interesting 

result, as the equilibrium conversion decreases with increasing pressure due to the 

stoichiometry of the SMR reaction (increase in moles, Eq. 2.1).  The increase in 

conversion with pressure is due to enhanced kinetics, with rates increasing with higher 

coverages of reactants as given by Eq. 8 and 9.  This will be discussed subsequently. 

Fig. 2.8 illustrates the effect of pressure with results of a simulation varying the total 

pressure with fixed reactant composition.  It shows that higher pressure leads to higher 

reaction rate, as long as the reaction is not close to equilibrium.  Those results 

rationalize why SMR is practiced industrially at high pressure, despite the unfavorable 

equilibrium. 
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Fig. 2.8.  Simulation result of CH4 conversion change versus the WHSV of CH4 at 

various pressures.  The points are the result of the calculation with Eq. 13 and Eq. 

14 and the lines are drawn by B-spline through the points including the equilibrium 

points, Temperature: 650 
o
C, Inlet gas composition; H2O: CH4: N2 = 2:1:2.  Dashed 

line shows the equilibrium CH4 conversion for each reaction condition.  

  Fig. 2.9 shows the effect of H2O/CH4 ratio in simulation results for CH4 conversion 

as a function of CH4 WHSV.  The CH4 conversion is higher for higher H2O/CH4 ratios 

and decreases with increasing WHSV.  These trends are similar to those seen in Fig. 2 

for both higher and lower H2O/CH4 ratio.  Thus, the simple model is able to describe 

general trends found from analysis of literature data. 
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Fig. 2.9.  Comparison of simulated CH4 conversions as a function of WHSV of CH4 

varying H2O/CH4 ratios at 923 K, 0.10 MPa.  The lines are drawn by B-spline 

through each points.   
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2.4  Conclusions 

  A Ni/MgO-SiO2 catalyst was used to study the catalytic steam methane reforming in 

a tubular reactor at 0.40 MPa and 650
o
C.  Measurements of the effect of the partial 

pressures of CH4 and H2O were made and the data were analyzed by a simple reaction 

model considering just adsorption of the reactants.  The rate expression for methane 

consumption in steam methane reforming was 𝑟 =
𝑘3

′𝑝CH4𝑝H2O

(1+𝐾1𝑝CH4+𝐾2𝑝H2O)
.  The rate 

parameters were obtained by integral regression and estimates of the effect of pressure 

and H2O/CH4 ratio gave good agreement with experimental results and literature 

findings.  The reaction model was used to develop simulations that showed agreement 

with general trends observed in steam methane reforming such as the decrease of CH4 

conversion with weight-hourly space velocity of CH4 and total pressure of the reactor.  

The agreement of the experimental results in the present study  obtained at a higher 

pressure (0.40 MPa) with those of recent studies conducted at lower pressure (0.10 

MPa), indicates that the simple kinetic model analysis developed in this study captures 

the essential elements of the steam methane reaction.  
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Chapter 3. Verification and Evaluation of Kinetic Analysis 

Variants of the Steam Methane Reforming on a 

Ni/MgO-SiO2 Catalyst 

3.1  Introduction 

Steam reforming of hydrocarbons, especially methane, plays an important role in 

industrial hydrogen production. This chapter will discuss the kinetics of the reaction, a 

subject which has been studied extensively by many researchers such as Numaguchi 

and Kikuchi [50], Xu and Froment [22], Hou and Hughes [51], Wang et al. [52], the 

group of Lasa [53], Tonkovich et al. [54], the group of Lin [55], Saito et al. [56], the 

group of Yang [36] and the group of Vlachos [57].  Much of the work done in the past 

was at atmospheric pressure, and the main objective of the present work is to carry out 

a limited study of the kinetics at a moderate pressure of 400 kPa.   

 

Since steam methane reforming (SMR) is an endothermic reaction, higher 

temperature results in higher equilibrium conversion and industrially, SMR is operated 

at 973-1173 K, which results in high energy consumption [58].   In practice, SMR is 

also operated at high pressures of 0.13-2.0 MPa [59], and although high pressure is not 

favorable for reactions with a net increase in moles like the SMR the higher pressure 
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results in higher hydrogen production rates [60]. 

There are usually four reactions considered when discussing the SMR.   

Steam methane reforming to CO, 

CH4 + H2O  CO + 3H2  ΔH = 206.3 kJ/mol (Eq. 3.1) 

Complete methane reforming to CO2, 

CH4 + 2H2O  CO2 + 4H2  ΔH = 164.9 kJ/mol (Eq. 3.2) 

Dry reforming 

CH4 + CO2  2CO + 2H2  ΔH = 247.3 kJ/mol (Eq. 3.3) 

Water-gas shift, 

CO + H2O  CO2 + H2  ΔH = -41.1 kJ/mol (Eq. 3.4) 

 

Past work on the kinetics of SMR is extensive and will be summarized here.  An 

early study by Numaguchi and Kikuchi reported an empirical expression using a power 

rate law form (Table 3.1, entry 1) that assumed a surface reaction to be the rate 

determining step [50].  The second term of the expression represents an effective 

methane pressure that accounts for the reversibility of the SMR reaction.   

  A subsequent influential study by Xu and Froment [22] considered that the rate of 

methane consumption was given by the sum of the rates to form CO (Eq. 3.5) and CO2 
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(Eq. 3.6), with both reversible, and took into consideration the water-gas shift reaction 

(Eq. 3.7).  Assuming that the surface was occupied by CO, H2, CH4, and O (Eq. 3.8), 

they developed an expression for the overall rate of methane consumption (Table 3.1, 

entry 2).     

 

𝑟1 =
𝑘1

𝑃H2

2.5 (𝑃CH4
𝑃H2O −

𝑃H2

3 𝑃CO

𝐾1
)

1

(DEN)2
 (Eq. 3.5) 

  

𝑟2 =
𝑘2

𝑃H2

3.5 (𝑃CH4
𝑃H2O

2 −
𝑃H2

4 𝑃CO2

𝐾2
)

1

(DEN)2
 (Eq. 3.6) 

  

𝑟3 =
𝑘3

𝑃H2

(𝑃CO𝑃H2O −
𝑃H2

𝑃CO

𝐾3
)

1

(DEN)2
 (Eq. 3.7) 

  

DEN = 1 + 𝐾CO𝑃CO + 𝐾H2
𝑃H2

+ 𝐾CH4
𝑃CH4

+ 𝐾H2O

𝑃H2O

𝑃H2

 

(Eq. 3.8) 

  

  These expressions by Xu and Froment explained the behavior of the reactant and 

product species in a simple manner and have been widely used.  Hou and Hughes 

revised the model of Xu and Froment, again assuming that the reforming to CO (Eq. 

3.1) and the reforming to CO2 (Eq. 3.2) were both reversible and occurred in parallel, 
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but used different rate expressions for the forward reactions.  They also assumed that 

CH4 was not adsorbed [51].  A recent study by Wang et al. presented two models 

assuming a pair of reactions for each [52].  One was a simple model that considered 

that the reactions of steam reforming to CO (Eq. 3.1) and to CO2 (Eq. 3.2) occurred in 

parallel, and the other considered the reaction of reforming to CO2 (Eq. 3.2) and the dry 

reforming reaction (Eq. 3.4).  The group of Lasa developed six models for SMR and 

concluded that a model that assumed that methane adsorption was the rate-determining 

step explained their results most accurately [53].  A study using a microchannel 

reactor by Tonkovich et al. employed a rather simplified model with less parameters to 

carry out an SMR reactor design [54]. 

 

  Several studies employed simple power rate laws, in a phenomenological manner 

without considering the reaction steps.  The group of Lin reported a power rate law 

model with activation energy [55].  Saito et al. considered the saturation of the 

catalyst surface occurred at certain conditions, which limited the reaction rate [56].  

However, their expression were not more than empirical models for limited 

application. 
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  Apart from power rate laws or the Xu and Froment model, other approaches have 

been studied such as a study by the group of Yang, which assumed a single total 

reaction and calculated the methane consumption rate based on a comparison between 

methane conversion and equilibrium conversion [36].  In a study by the group of 

Vlachos, they assumed that one of the reaction step on the catalyst surface was the rate 

determining step for both steam reforming and dry reforming, so that their rate 

expressions would be similar [57]. 

  The kinetic expressions are summarized in Table 3.1.  In their original publications, 

the authors assigned each variable arbitrary names, but here in this chapter, the 

expressions had been unified as shown in Table 3.2. 
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Table 3.1. Reaction rate expressions in methane steam reforming 

CH4 consumption rate expression (- rCH4) 
Temperature 

K 

Pressure 

MPa 
Ref. 

𝑘SMR (𝑃CH4
−

𝑃CO𝑃H2

3

𝑃H2O𝐾SMR
)

𝑃CH4

𝑛1𝑃H2O
𝑛2

 
674-1160 0.12-2.55 50 

𝑘SMR

𝑃H2

2.5 (𝑃CH4
𝑃H2O −

𝑃H2

3𝑃CO

𝐾SMR
) +

𝑘CMR

𝑃H2

3.5 (𝑃CH4
𝑃H2O

2 −
𝑃H2

4𝑃CO2

𝐾CMR
)

(1 + 𝐾CO𝑃CO + 𝐾H2
𝑃H2

+ 𝐾CH4
𝑃CH4

+ 𝐾H2O

𝑃H2O

𝑃H2

)
2  573-848 0.3-1.5 22 

𝑘SMR𝑃CH4
𝑃H2O

0.5

𝑃H2

1.25 (1 −
𝑃H2

3𝑃CO

𝐾SMR𝑃CH4
𝑃H2O

) +
𝑘CMR𝑃CH4

𝑃H2O

𝑃H2

1.75 (1 −
𝑃H2

4𝑃CO2

𝐾CMR𝑃CH4
𝑃H2O

2)

(1 + 𝐾CO𝑃CO + 𝐾H𝑃H
0.5 + 𝐾H2O

𝑃H2O

𝑃H2

)
2  748-823 0.12-0.60 51 

𝑘SMR𝑃CH4

𝑛1𝑃H2O
𝑛2 (1 −

𝑃CO𝑃H2

3

𝐾SMR𝑃CH4
𝑃H2O

) + 𝑘CMR𝑃CH4

𝑛3𝑃H2O
𝑛4 (1 −

𝑃CO𝑃H2

4

𝐾CMR𝑃CH4
𝑃H2O

2) 750-1020 0.1 52 

𝑘CMR𝑃CH4

𝑛1 𝑃H2O
𝑛2 (1 −

𝑃CO2
𝑃H2

4

𝐾CMR𝑃CH4
𝑃H2O

2) + 0.5𝑘DMR𝑃CH4

𝑛3𝑃CO2

𝑛4 (1 −
𝑃CO

2𝑃H2

2

𝐾WGS
−1𝑃CH4

𝑃CO2

) 750-1020 0.1 52 
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𝑃CH4

𝑘1 + 𝑘2𝑃CH4

(1 −
𝑃CO𝑃H2

3

𝑃CH4
𝑃H2O𝐾SMR

) 1003-1073 0.35-2.41 53 

𝑘SMR (𝑃CH4
𝑃H2O −

𝑃CO𝑃H2

3

𝐾SMR
) 811, 837 1.30 54 

𝑘SMR ∙ 𝑃𝐶𝐻4

𝑛1 ∙ 𝑃H2O
𝑛2 ∙ exp (−

𝐸𝑎,SMR

𝑅𝑇
) 873-1073 0.1 55 

min {
𝑘SMR ∙ 𝑃𝐶𝐻4

𝑛1 ∙ 𝑃H2O
𝑛2

𝑟𝑐(= 𝑐𝑜𝑛𝑠𝑡. )
 783-823 0.1 56 

𝑘TOT𝑃T𝐹CH4
(𝑋e − 𝑋)

(𝐹T + 2𝐹CH4
𝑋)𝑋e

 911-940 0.1 36 

𝑓1(𝑐H2
, 𝑐CO)𝑐CH4

[1 + 𝑓2(𝑐H2
, 𝑐CO)√𝑐𝐻2

][1 + 𝑓3(𝑐H2
, 𝑐CO)√𝑐𝐻2

+ 𝑓4(𝑐H2
, 𝑐CO)𝑐CO]

2

× [1 −
𝑃CO𝑃H2

3

𝑃CH4
𝑃H2O𝐾SMR

+ 1 −
𝑃CO

3𝑃H2

3

𝑃CH4
𝑃CO2

𝐾DMR

] 

573-1123 0.1 57 



 

42 

 

Table 3.2. List of names of variables and abbreviations 

name Explanation Other information 

SMR Steam methane reforming CH4 + H2O  CO + 3H2 

WGS Water-gas shift reaction CO + H2  CO2 + H2 

RWGS Reverse water-gas shift CO2 + H2  CO + H2 

CMR Complete methane reforming CH4 + H2O  CO2 + 4H2 

DMR Dry methane reforming CH4 + CO2  2CO + 2H2 

TOT Total reaction  

T reaction temperature  

FT Total flow rate  

Fi Flow rate of i i: component 

Pi Partial pressure of i i: component 

PT Total pressure  

X Methane conversion  

Xe Equilibrium methane conversion  

R Gas constant  

kX reaction rate constant for reaction X X: reaction 

kj j th constant used in an equation j:number 

rc reaction rate at constant value  

Ki Adsorption equilibrium constant of i i: component 

KX Equilibrium constant of reaction X X: reaction 

ni Order of reaction j: number 

fj(a,b) j th function of a and b* j: number a,b: parameters 

ci Concentration of component i i: component 

*for detail of the functions, see reference [57] 
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3.2 Experimental 

  In this work the catalytic steam methane reforming was studied using a Ni/MgO-SiO2 catalyst 

supplied by JGC Catalysts and Chemicals Ltd.  According to the supplier information, the 

composition of the NiO/MgO-SiO2 catalyst was 53.0-58.0wt% NiO, 8.1-11.1wt% MgO, 

24.2-28.2wt% SiO2.  The BET area was measured to be 100 m
2 
g

-1
 by N2 adsorption at 77 K using a 

volumetric apparatus (BELSORP-mini, Microtrac BEL Corp.).  The H2 chemisorption uptake at 

313 K over the same catalyst after 12 h reduction at 923 K in 5% H2/Ar was 90 μmol g
-1

 with a pulse 

measurement apparatus (CHEMBET-3000, Quantachrome Instruments).   

  The total pressure of the reactor was kept at 400 kPa but the partial pressure of each reactant 

varied as follows; 20-140 kPa for CH4, 80-280 kPa for H2O, with N2 gas as the balance.  The 

catalyst amount used was 0.10 g and was diluted 40 fold with quartz sand (SiO2, Wako Pure 

Chemical Industries Ltd.) to form a 3.0 cm
3
 catalyst bed, which was held in the middle of a vertical 

tubular reactor with quartz sand (Fig. 3.1). The catalyst particles were sieved to 400-630 μm 

diameter, and the quartz sand to 600-850 μm. The bed was located in the annular region between an 

inner dense alumina tube and an outer quartz sleeve, both of which were enclosed in a stainless shell.  

The geometry was chosen for future membrane reactors studies in which the solid alumina tube 

would be replaced by a tubular ceramic membrane of the same dimensions.  The temperature was 
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fixed at 923 K (650
o
C) and the catalyst was reduced in H2 at the same temperature for 12 h before 

use.  The flows of reactant CH4 and dilution gas N2 were fed to a vaporizer held at 473 K where 

water vapor was added and then the mixture was introduced to the reactor from the top.  The outlet 

gas from the lower side of the reactor was kept heated in order to avoid condensation of water vapor 

and was passed through a water separator consisting of an eight-way valve and a combination of 

three columns, Shincarbon, Porapak-Q and Molecular sieve 5A.  This water elimination was 

necessary to prevent tailing of the gas chromatographic peaks.  The gases were then analyzed by a 

gas chromatograph (GC-8A, Shimadzu Co.) with a thermal conductivity detector (TCD). The 

amount of water was not measured directly but obtained as the average of the two calculated values 

based on separate mass balances of hydrogen and oxygen. 
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Fig. 3.1.  Diagram of the reactor used for steam methane reforming 

The gases used in the experiment were CH4 (99% Toatsu Yamazaki Co., Ltd.), H2 (99.99% Showa 

Denko Gas Products Co., Ltd.), N2 (99.99% Toatsu Yamazaki Co., Ltd.). 
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The models used in this study are shown in Table 3.3.  The variables were defined following the 

nomenclature in Table 3.2. 

Table 3.3. Kinetic models applied in this chapter 

 

Equation for SMR rate (rSMR) 

Equation for WGS reaction rate (rWGS) 

adsorption 

Numaguchi 

model 

𝑟𝑆𝑀𝑅 =

𝑘SMR (𝑃CH4
𝑃H2O −

𝑃CO𝑃H2

3

𝐾SMR
)

𝑃CH4

𝑛𝑆𝑀𝑅,1𝑃H2O
𝑛𝑆𝑀𝑅,2

 

𝑟𝑊𝐺𝑆 =
𝑘WGS (𝑃CO𝑃H2O −

𝑃C𝑂2
𝑃H2

𝐾WGS
)

𝑃CH4

𝑛𝑊𝐺𝑆1𝑃H2O
𝑛𝑊𝐺𝑆2

 

none 

Model with 

reactant 

adsorption 

𝑟𝑆𝑀𝑅 =

𝑘𝑆𝑀𝑅𝐾𝐶𝐻4
𝐾𝐻2𝑂 (𝑝𝐶𝐻4

𝑝𝐻2𝑂 −
𝑝𝐶𝑂𝑝𝐻2

3

𝐾𝑆𝑀𝑅 𝑝0
2)

(1 + 𝐾𝐶𝐻4
𝑝𝐶𝐻4

+ 𝐾𝐻2𝑂𝑝𝐻2𝑂)
2  

𝑟𝑊𝐺𝑆 =
𝑘𝑊𝐺𝑆𝐾𝐻2𝑂 (𝑝

𝐶𝑂
𝑝

𝐻2𝑂
−

𝑝
𝐶𝑂2

𝑝
𝐻2

𝐾𝑊𝐺𝑆
)

1 + 𝐾𝐶𝐻4
𝑝

𝐶𝐻4
+ 𝐾𝐻2𝑂𝑝

𝐻2𝑂

 

CH4, H2O 

LHHW 

model 

𝑟𝑆𝑀𝑅 =

𝑘𝑆𝑀𝑅𝐾𝐶𝐻4
𝐾𝐻2𝑂 (𝑝𝐶𝐻4

𝑝𝐻2𝑂 −
𝑝𝐶𝑂𝑝𝐻2

3

𝐾𝑆𝑀𝑅𝑝0
2)

(1 + 𝐾𝐶𝐻4
𝑝𝐶𝐻4

+ 𝐾𝐻2𝑂𝑝𝐻2𝑂 + 𝐾𝐶𝑂𝑝𝐶𝑂 + 𝐾𝐶𝑂2
𝑝𝐶𝑂2

+ 𝐾𝐻2
𝑝𝐻2

)
2 

𝑟𝑊𝐺𝑆 =
𝑘𝑊𝐺𝑆𝐾𝐻2𝑂𝐾𝐶𝑂 (𝑝𝐶𝑂𝑝𝐻2𝑂 −

𝑝𝐶𝑂2
𝑝𝐻2

𝐾𝑊𝐺𝑆
)

(1 + 𝐾𝐶𝐻4
𝑝𝐶𝐻4

+ 𝐾𝐻2𝑂𝑝𝐻2𝑂 + 𝐾𝐶𝑂𝑝𝐶𝑂 + 𝐾𝐶𝑂2
𝑝𝐶𝑂2

+ 𝐾𝐻2
𝑝𝐻2

)
2 

CH4, H2O, 

CO, CO2, H2 

LHHW: Langmuir-Hinshelwood-Hougen-Watson,  

  Power-rate law models are the simplest and have been used extensively because of the simplicity 

of their functional form and because they can be developed with a limited number of variables.  

They provide simple information about the contribution of each reactant, but lack mechanistic 
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information.  Numaguchi and Kikuchi [50] developed an empirical model based on this power-rate 

law (simply referred as Numaguchi model in Table 3.3 and the rest of this chapter). As an 

advanced modeling approach, a model with reactant adsorption was applied to the experimental 

result. Langmuir-Hinshelwood-Hougen-Watson model (referred as LHHW model in Table 3.3 and 

the rest of this chapter) is adopted as another variant of this approach.  The assumption of these 

models that the reaction takes place between two or more adsorbates on a catalyst surface, and are 

widely used in expressions for catalytic reaction.  In the model with reactant adsorption, only CH4 

and H2O is assumed to be adsorbed to the catalyst surface as the reactant of SMR then the 

products desorbed just after its production, and following WGS takes place between H2O on 

catalyst surface and CO in the gas phase (Eley-Rideal mechanism).  On the other hand, in the 

LHHW model, all the products and reactants except inert N2 may be adsorbed to the catalyst 

surface.  

 

3.3  Results and Discussion 

  Each model was regressed and statistically analyzed through the microKinetic Engine (μKE), a 

kinetic modeling and regression software developed at Ghent University [32]. The reactor is taken 

as typical plug flow reactor in steady-state. The molar flow of each component is calculated with 

the following differential equation, where Fi is the molar flow rate, Fi
o
 is the initial flow rate, ri is 
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the reaction rate of component i, and W is the catalyst weight. d𝐹𝑖 = −𝑅𝑖𝑑𝑊     𝐹𝑖(𝑊 = 0) = 𝐹𝑖
0 

 

 

 

Fig. 3.2 Conversion of CH4 versus inlet partial pressure of H2O at a total pressure of 0.4 MPa and 

a temperature of 923 K. Symbols: observed experimental values. Lines: calculated by solving the 

plug flow model with the reaction rates given by the Numaguchi model, the model with reactant 

adsorption and the LHHW model. The rate and equilibrium coefficients and the partial reaction 

orders are obtained by a weighted regression and are shown in Table 3.5 and Table 3.6 ♦ ‒ 40 kPa 

inlet partial pressure of methane (pCH4,in) and a space time of 3.36 kgcat s molCH4
-1

, ● ‒ 80 kPa pCH4,in 

and a space time of 1.68 kgcat s molCH4
-1

, ■ ‒ 120 kPa pCH4,in and a space time of 1.12 kgcat s molCH4
-1

. 

Top: Numaguchi model; down left: model with reactant adsorption; down right: LHHW model. 
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Table 3.4. Residual figure of the outlet molar flow rate of CH4, H2O and CO2 as a function of the methane 

inlet partial pressure for the regression at a total pressure of 0.4 MPa and a temperature of 923 K, of the 

Numaguchi model, the model with reactant adsorption and the LHHW model. The rate and equilibrium 

coefficients and the partial reaction orders are obtained by a weighted regression and are shown in Table 3.5 

and Table 3.6. 

 Numaguchi model 
Model with reactant 

adsorption 
LHHW model 

CH4 

   

H2O 

   

CO2 

   

 

  The data in the top of Fig. 3.2 indicates the Numaguchi model cannot describe the trends of CH4 

conversion, especially the decrease with excess H2O at the inlet when the partial pressure of CH4 is 

small (blue line).  The regressed parameters and 95% confidence intervals of the Numaguchi 
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model are shown in Table 3.5.  The regression showed a global significance with calculated Fs 

value of 7.83x10
3
 (Fs,tab = 2.66) but seemed to be inadequate with a calculated Fa value of 2.89 > 

Fa,tab = 1.49.  This model is based on a simple power-rate law with consideration of the kinetic 

equilibrium and it allows tuning of partial reactions orders with the constants of nSMR,1, nSMR,2, 

nWGS,1, and nWGS,2. However, the regression assessed nWGS,1 and nWGS,2 as redundant to the model 

and they were fixed at a value of zero, just as seen in Numaguchi and Kikuchi’s report [50].  The 

partial reaction order of CH4 (1- nSMR,1) was regressed as 0.37, which is far from nominal value of 

one.  It implies that this model misses some feature of the reaction, such as competitive 

adsorption on the catalyst surface.  The partial reaction order of H2O (1- nSMR,2) was regressed as 

0.13.  This also indicates some missing features, in addition, it is seen that the partial pressure of 

H2O has a limited impact in the reforming step. 

 

Table 3.5. Parameter estimates and the corresponding 95 % confidence intervals for the Numaguchi model. * 

= parameter kept fixed during regression. 

 
95 % confidence 

interval 
units 

kSMR 1.09 ± 0.37 10
5
 mol s

-1
kg

-1
MPa

n1SMR+n2SMR-2
 

kWGS 2.53
* 

10
12

 mol s
-1

kg
-1

MPa
n1WGS+n2WGS-2

 

n1,SMR 0.633 ± 0.050 - 

n2,SMR 0.873 ± 0.069 - 

n1,WGS 0
* 

- 

n2,WGS 0
* 

- 

  For the calculated CH4 conversion of the model with reactant adsorption and LHHW model, the 
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results in the lower left and right of Fig.3.2 show similar findings, with better fits to the 

experimental data.  The difference between the Numaguchi model and the observed data 

indicates that the contribution of competitive adsorption is needed for improvement of the model.  

In this research, the adsorption and desorption of reactants and products are in quasi-equilibrium 

and they are absorbed molecularly in order to limit the complexity of the model.  Generally, CH4 

is taken to dissociate on the catalyst surface with formation of carbon, CHi* (i=1,2,3), O*, OH* 

and H2 [22,49].  Therefore, the surface of the catalyst is considered to be covered by those 

intermediates and it means the assumption of those models is incorrect, however, it still explains 

the competition among the adsorbents.  The regression result of these models is listed in Table 

3.6.  The regression of the model with reactant adsorption was calculated to be globally 

significant, Fs,calc = 1.06x10
4
 >> Fs,tab = 2.42 but statistically inadequate, Fa,calc = 1.62 > Fa,tab 

=1.49. On the other hand, the regression of LHHW was also showed a global significance with 

5.33x10
3
 Fs,calc and 2.06 Fs,tab but remained still inadequate with 1.61 Fa,calc against 1.49 Fa,tab. 

 

Table 3.6. Parameter estimates and the corresponding 95% confidence intervals for the model with 

reactant adsoption and the LHHW model. #=non-significant parameter 

 95 % confidence intervals
 

units 

 
model with reactant 

adsorption
a
 

LHHW model
b
  

KCH4 27.1 ± 4.5 26.6 ± 4.0 MPa
-1
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KH2O 11.9 ± 2.2 11.9 ± 2.0 MPa
-1

 

kSMR 11.9 ± 2.2 1.66 ± 0.12 mol s
-1

 kgcat
-1

 

kWGS 2.81 ± 0.97 1.84 ± 0.12 

a
10

9
 mol s

-1
kgcat

-1
 MPa

-1
 

b 
10

11
 mol s

-1
kgcat

-1
 MPa

-1
 

KCO / 0.240
#
 MPa

-1
 

KCO2 / 0.00313
#
 MPa

-1
 

KH2 / 0.00627
#
 MPa

-1
 

 

  All the parameters in the model with reactant adsorption are not correlated and significantly 

different from zero.  As the result of the regression of LHHW model, the adsorption of the 

product was found to be redundant by global insignificance of them.  In addition, the regressed 

adsorption equilibrium constant of LHHW model were very close to those of the model with 

reactant adsorption thus these two models showed the same trend as Fig. 3.2 and Table 3.4. despite 

the difference in the reaction rate expressions.  This is possibly explained by quick desorption of 

the products or the difficulty of the estimation of surface coverage because of high CH4 conversion 

(20-60%) and the high reaction rate of WGS. 

In both models, the kWGS, the reaction rate constant of WGS has a much greater value compared 

to kSMR.  This allows WGS to reach and keep the equilibrium state at the very beginning of the 

catalyst bed.  In the experimental result, WGS were generally close to the equilibrium state.  

Considering the model simplicity, the model with reactant adsorption has the optimum balance 

between the reliability and the simplicity of the model. 



 

53 

 

3.4  Conclusions 

  A regression model of the kinetics of the steam methane reforming reaction was carried out with 

a set of experimental result on Ni/MgO-SiO2 catalyst with a constant temperature, flow rate and 

total pressure varying the composition of the inlet gas.  As the first model, Numaguchi model 

was investigated.  It is an empirical model based on power law model adding a kinetic driving 

force and found to be globally significant.  This model could explain the rough outline of the 

reaction, but lacks a flexibility especially at the overfeeding state of the methane.  As the second 

and third model, the model with reactant adsorption and the 

Langmuir-Hinshelwood-Hougen-Watson model were discussed.  They are designed in the same 

basic concept of competitive adsorption on the catalyst surface.  The second model considers the 

reactant adsorption on the catalyst just like its name and the third model deals the both adsorption 

of the reactant and the product.  They showed the better fittings than the Numaguchi model and 

explained the trends of experimental data.  These two models showed almost the same 

performance therefore in this research, the model with the reactant adsorption is the most proper 

for the present data set among the discussed three models.  
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Chapter 4. Synthesis and characterization of a silica-alumina 

composite membrane and its application in a membrane reactor 

  Hydrothermally stable silica-alumina composite membranes were synthesized through chemical 

vapor deposition (CVD) of tetraethylorthosilicate (TEOS) and aluminium tri-sec-butoxide 

precursor at 923 K on porous alumina supports.  The membranes showed high hydrogen 

permselectivity (order of 10
-7

 mol m
-2

s
-1

Pa
-1

) comparable to that of a pure silica membrane but with 

superior hydrothermal stability, and were used in a membrane reactor.  The permeation of small gas 

species (H2, He, Ne) was well explained by a solid-state diffusion mechanism, involving jumps of 

the permeating species between solubility sites.  The permeation mechanism of large gas molecules 

(CH4, CO2, N2) was explained by the gas translation mechanism involving large pore defects. Steam 

methane reforming (SMR) on a Ni/MgO-SiO2 catalyst was carried out at 923 K in the membrane 

reactor and in a conventional packed-bed reactor.  The membrane contributed to an increase in the 

hydrogen production rate by the selective extraction of hydrogen from the reaction zone.  

 

4.1 Introduction 

  Hydrogen plays an important role in today’s chemical industry, especially in the refining of 

petroleum and the synthesis of chemical products.  Recently, hydrogen has received considerable 
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attention as an energy source for fuel cells because of their high energy conversion efficiency [61].  

For the usage of hydrogen in ammonia synthesis [61,62] and in fuel cells slight amounts of 

impurities can poison the catalysts [63] and hydrogen purification is required.    Currently, the 

majority of hydrogen is produced by steam reforming of fossil fuels such as methane in natural gas 

[64].  Steam reforming is a strongly endothermic reaction, so requires considerable amounts of heat 

to sustain the reaction.  It is expected that hydrogen production with high efficiency will decrease 

operating temperatures and will improve process economics.   

  The present paper describes the use of a membrane reactor to simultaneously produce and purify 

hydrogen so as to improve efficiency.  The reaction studied is the steam methane reforming (SMR). 

CH4 + H2O  CO + 3H2
  

 ΔH
 o

298 = 206 kJ mol
-1

 

CO + H2O  CO2 + H2   ΔH
 o

298 = -41kJ/mol
-1

 

  The SMR reaction produces a net increase in moles, so that methane conversion in a traditional 

reactor decreases with pressure increase. However, in a membrane reactor the conversion can 

increase because hydrogen permeance is enhanced by the pressure increase [65]. 

  Membrane separation has advantages such as low operating costs and simplicity compared to 

other processes [66].  In addition, membrane reactors are an attractive emerging application which 
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have considerable potential in chemical and fuels processing.  For example, in membrane reactors 

for hydrogen generation reactions such as steam reforming, hydrogen permselective membranes 

extract hydrogen from the reaction zone preferentially and this extraction causes the reaction 

equilibrium to shift to the product side, thus increasing reactant conversion and hydrogen yield.  In 

this case, the membrane works not only as a purifier, but as a reaction accelerator and makes 

hydrogen generation more effective.  The subject has been studied extensively [ 67,68 ,69 ]. 

Shirasaki et al. described a practically scaled membrane reactor which generates 40 Nm
3
 of 

hydrogen per hour. This reactor was used for the steam reforming of natural gas (composition: 

88.5% CH4, 4.6% C2H6, 5.4% C3H8, 1.5% C4H10) with a Ni/Al2O3 catalyst. It showed high energy 

efficiency of 70-76% [70]. By introducing hollow fiber membranes, with large surface area to 

volume ratio, Gil et al. increased the membrane separation efficiency [71]. 

  Metallic membranes such as palladium have the best performance in hydrogen separation and 

have been applied commercially.  A palladium membrane showed high hydrogen permeance and 

the permeance of N2 was undetectably small so as to make the H2/N2 selectivity infinite [72].    

However, palladium membranes suffer from a number of drawbacks [ 73 ].  First, they are 

susceptible to poisoning by sulfur compounds usually present in real feeds and also by carbon 

monoxide generated in the reaction [74]. Second, the metal is embrittled by the dissolution of 

hydrogen at certain conditions, and can undergo a phase transition which changes its volume and 
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causes defect formation [75].  Third, the presence of grain boundaries can lead to defect formation 

[ 76 ].  Fourth, the metal is expensive, especially in the scale of use needed for industrial 

applications.   

  Amorphous silica membranes are also known for their high hydrogen permselectivity [77,78,73]. 

They operate at higher temperatures than palladium membranes and so are more appropriate for 

applications like SMR, and will be the subject of this research.  They are mainly synthesized by 

chemical vapor deposition (CVD) or sol-gel methods from silica sources such as 

tetraethylorthosilicate (TEOS) [79,80], one of the most typical silica precursors. The sol-gel method 

usually consists of forming silica polymeric or particulate suspensions derived from alkoxide 

precursors, followed by dip-coating a mesoporous substrate and then controlled drying  and firing 

at high temperatures. This resulting membranes have relatively high gas permeation rates, mainly 

due to the very thin top layers, of the order of 50-100 nm [81,82,83]. However, the resulting 

selectivity is limited because the pore structure of the material is formed by particle packing. The 

CVD method is used to modify the surface of support membranes by depositing thin films on a 

substrate by the reaction of one or several gas phase precursors. Although the gas permeances are 

generally lower than those of the sol-gel counterparts, the selectivities are higher.  The CVD 

methods are superior to the sol-gel methods because the CVD is more reproducible and easier to 

implement.  Various starting materials are used as silica sources for CVD and sol-gel methods. 
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TEOS is used for both methods [ 84 , 85 ], while tetramethylorthosilicate (TMOS) [ 86 ], 

triphenylmethoxysilane (TPMS) [87] and dimethoxydiphenylsilane (DMDPS) [88] are used for 

CVD. When relatively large-sized silica species such as DMDPS are used, large pores may be 

formed. Methacryloxypropyltrimethoxysilane (MOTMS)
 
[89] and SiH4 [78] have been used in 

sol-gel methods. 

  An advantage of amorphous silica is its stability against chlorine, carbon monoxide, or hydrogen 

sulfide which cause harm to metallic membranes.  However, silica membranes lose their hydrogen 

permselectivity when exposed to humid atmospheres at high temperature.  Wu et al.
 
reported that 

their silica membrane lost 62% of its permeability for helium after only 2 h exposure to 20 mol% 

steam at 673 K [90].  Sea et al. reported that their membrane lost 90% of H2 permeance (from 

3.5×10
-6

 mol m
-2

 s
-1

 Pa
-1

 to 4.0×10
-7

 mol m
-2

 s
-1

 Pa
-1

) after 95 h exposure to 50 mol% H2O at 400 
o
C 

[91].  They indicated that silica membranes seemed to experience densification and this caused 

reduction in hydrogen permeation.  According to a report by Duke et al. [92], a siloxane bond on 

the surface of silica membrane reacts with an H2O molecule and forms two silanol groups. 

≡ Si – O – Si ≡ + H2O  →  2 ≡ Si – OH 

  These silanol groups can then condense again in different configurations that lead to a denser 

structure and the formation of voids.  Duke et al. reported that silanol groups are likely to localize at 
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narrower pores where higher attraction forces exist  above 180 
o
C, and siloxane bond generation 

takes place across these narrow pores [92].  This thickening of solid silica by the forming of 

siloxane bonds decreases the permeation of smaller molecules such as H2 and He but the formation 

of large pore defects allows larger molecules such as N2, CH4 to pass through. The introduction of 

additional elements in the amorphous silica network such as cobalt oxide [93], titanium oxide [94], 

niobium oxide [95] and zirconium oxide [13] reduce this densification. 

  This research focuses on the characterization of silica-alumina composite membranes and their 

application in a membrane reactor for steam methane reforming.  Gu et al. reported that the 

hydrothermal stability of their membranes was improved by adding alumina or titania to the silica 

membranes [96].  In this research, hydrothermally stable silica-alumina composite membranes 

were synthesized and the permeance of the small gases He, H2 and Ne as well as the larger gases 

CH4, CO2, N2 and SF6 were studied in detail, an aspect that was not covered in earlier studies.  The 

use of the membrane in a membrane reactor for steam methane reforming at 0.4 MPa was 

demonstrated.   

4.2. Experimental 

4.2.1. Membrane preparation 

  Mesoporous alumina materials with cylindrical geometry of 3.0 cm length and pores of 5 nm 
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diameter in the inner surface (6 mm ID, 10 mm OD, Pall Corp.) were used as supports for the 

permselective layers.  The ends of the support were connected to two dense-alumina tubes of length 

20 cm with glass seals formed by the melting at 1000 
o
C for 10 minutes of a glass paste precursor 

(Nippon Electric Glass Co., Ltd).  The commercial alumina support had macro-pores on its outer 

surface and nano-pores on the inner surface.  In order to remove large-pore defects and to smooth 

the surface, an intermediate layer was placed on the inner surface by the deposition of boehmite sols 

(dip coating).  Following this, the membrane underwent chemical vapor deposition (CVD) also on 

the inner surface.  Permeances of seven gas species; H2, He, Ne, CH4, CO2, N2, Ne, SF6 were 

measured at 6 temperatures, every 100 K from 423 K to 923 K.  Hydrothermal treatment was 

carried out at 923 K with 16 mol% H2O/Ar gas to measure hydrothermal stability.  Scanning 

electron microscopy (SEM) images were taken to determine the uniformity and thickness of each 

layer.  

  For the dip-coating process the outside of the membrane support was wrapped with Teflon tape 

and the tube was immersed into a boehmite sol suspension for 10 s and then dried 6 h or more in 

ambient air.  The boehmite sol preparation is described later.  Following the dip-coating the 

membrane was heated at a rate of 1.5 K/min to 923 K and was maintained at this temperature for 3 h 

to form a γ-alumina layer.  This process could be repeated to deposit multiple γ-alumina layers.  
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  After dip-coating and calcination, the membrane was kept at 923 K and CVD was carried out by 

passing argon gas saturated with tetraethylorthosilicate (TEOS, 96%, Tokyo Chemical Industry Co., 

Ltd.).  A bubbler with a mantle heater kept at 298 K was used for delivering TEOS which has vapor 

pressure of 250 Pa at that temperature.  Another stream of argon saturated with aluminum 

tri-sec-butoxide (ATSB, 97%, Wako Pure Chemical Industries, Ltd.) was introduced to the inside of 

the membrane after 15-20 minutes CVD with only TEOS.  The bubbler containing ATSB was kept 

at 371 K, at which temperature ATSB has a vapor pressure of 10.4 Pa.  These streams and an argon 

dilution gas were mixed and introduced to the inside of the membrane.  Another argon stream was 

introduced to the outside of the membrane as a balance gas to equalize pressure and minimize the 

TEOS-containing gas from permeating through the membrane.  Fig. 4.1 shows the apparatus used 

for the membrane synthesis.  The flow rate of the balance gas was set a little faster than the flow 

rate of the stream inside of the membrane.  TEOS and ATSB underwent thermal decomposition at 

923 K and the amorphous silica-alumina composite layer was deposited on the surface of the 

intermediate layer.  
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Fig. 4.1. Apparatus for membrane synthesis by chemical vapor deposition 

  The permeance of various gases through the membranes was measured with the same apparatus 

as used for their synthesis (Fig. 4.1).  The gas permeance 𝑃 ̅ i [mol m
-2

 s
-1

 Pa
-1

] was calculated from 

the surface area of the inside of the membrane A [m
2
], the pressure difference between the inside and 

outside of the membrane Δpi [Pa] and the molar flow of the gas which passed through the membrane 

Fp,i [mol s
-1

].  
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𝑃̅i [mol m-2 s-1 Pa-1] =
Fp,i[mol s-1]

A[m2]∆𝑃i[Pa]
   (Eqn. 4.1) 

  The performance of the membrane was evaluated by permeance and ideal H2/N2 selectivity 

(SH2/N2) measurements.  The latter was defined as the ratio of the pure gas permeances by the 

following equation (Eqn. 4.2) 

𝑆H2 N2⁄ =  
𝑃H2
̅̅ ̅̅ ̅̅

𝑃N2
̅̅ ̅̅ ̅̅

      (Eqn. 4.2) 

  The flow rates were measured with a bubble flow meter or when the flow rate was too low by 

concentration determinations at known carrier gas flow rates using a gas chromatograph (GC) 

equipped with a thermal conductivity detector (TCD). Helium gas was introduced to the permeate 

(outer) side of the membrane at a set flow rate and the concentration in helium flow was detected, to 

calculate the molar flow rate of the permeant. 

  The permeances of seven gases (H2, He, Ne, CH4, CO2, N2, Ne, SF6) were measured at six 

temperatures (423, 523, 623, 723, 823, and 923 K).  Hydrothermal treatment was carried out at 923 

K with 16 mol% H2O/Ar gas for 100 h to measure hydrothermal stability.  For hydrothermal 

treatment an argon stream was introduced with a water bubbler heated to 56 
o
C, where the H2O 

vapor pressure is 0.016 MPa to carry 16 mol% H2O/Ar gas into the membrane. 
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4.2.2. Membrane Reactor 

  The silica-alumina membrane described earlier was installed in a reactor as shown in Fig. 4.2.  

The catalyst was a commercial Ni/MgO-SiO2 catalyst (N-185, JGC Catalysts and Chemicals Ltd.).  

A quantity of 100 mg of catalyst was diluted 40 times by quartz sand to form a catalytic bed of 3.0 

cm
2
 volume which just covered the outside surface of the membrane.  Both sides of the catalytic 

bed were held by quartz wool and quartz sand.  The reactants for the steam methane reforming 

(SMR) were methane (10%) and steam (30-60%) with nitrogen as a balance and an internal standard 

and were introduced from the top of the reactor.  Water was fed by a liquid pump and introduced to 

the vaporizer which was heated to 463 K.  The lines from the vaporizer to the GC were heated by a 

ribbon heater to prevent water condensation. 

  A back pressure regulator at the exit of the shell side controlled the pressure in the reactor.  A 

nitrogen stream flowed in the inside of the membrane as a sweep stream to carry hydrogen out of the 

reactor.  The exhaust gas composition was measured by a gas chromatograph equipped with a TCD 

detector.  The streams outside and inside of the membrane were analyzed individually.  The 

concentrations of H2, CH4, CO, and CO2 in the exhaust gases were measured by the ratio of peak 

areas against the peak area of N2, which is inert in the reactions.  The reactor was kept at 923 K and 

the temperature was controlled by a proportional-integral-derivative (PID) temperature controller 
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with a thermocouple held at the bottom of the catalyst bed (Fig. 4.2)  

 

 

Fig. 4.2. Membrane reactor operation apparatus (MFC: Mass Flow Controller, TC: Thermocouple, 

BPR: Back Pressure Regulator, GC: Gas Chromatograph) 

  The result of the steam methane reforming in the membrane reactor operation was compared to 

packed-bed reactor operation.  In the packed-bed reactor operation, the sweep nitrogen flow was 

stopped and both ends of the tube side of the membrane were closed.  Separate experiments 

confirmed that the H2 permeance was zero when the sweep gas was turned off.  The reaction was 

maintained for 30 minutes for stabilization.  The experimental results were compared to 
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calculations obtained by a 1-D model. 

 

4.3. Results and discussions 

4.3.1 Membrane Synthesis 

  The membranes used in this study were prepared on commercial mesoporous alumina supports of 

cylindrical geometry (1 cm OD).  Two intermediate γ-alumina layers were placed on the supports 

by dip coating of boehmite sols followed by drying and calcination.  The diameters of the boehmite 

sols were controlled by the time of hydrolysis and the nitric acid /alkoxide ratio in the solution.  The 

first γ-alumina layer was formed by a boehmite sol with 120 nm median diameter (Fig. 4.3a) and the 

second layer was formed by a boehmite sol with 30 nm median diameter (Fig. 4.3b).  In the 

preparation of the sol for the first layer, the hydrolysis time was 50 h and the acid/alkoxide ratio was 

0.08.  In the preparation of the sol for the second layer, the hydrolysis time was 13 h and the 

acid/alkoxide ratio was 0.05.  After placement of the second dip-coating layer the membrane was 

heated at 1.5 K/min rate to 923 K and kept at this temperature for 3 h to calcine the boehmite sol and 

form γ-alumina.   

 



 

67 

 

1 10 100 1000

0

5

10

15

 

F
re

q
u
e
n
c
y
 /
 %

Particle diameter / nm

T
o
ta

l 
u
n
d
e
rs

iz
e

 /
 %

0

25

50

75

100

a)

  

1 10 100 1000

0

5

10

15

F
re

q
u
e
n
c
y
 /
 %

Particle diameter / nm

0

25

50

75

100

b)

T
o
ta

l 
u
n
d
e
rs

iz
e
 /
 %

 

Fig. 4.3. Particle size distributions of the sols of a) 120 nm and b) 30 nm median diameter 

  Scanning electron microscopy (SEM) images of the porous support are shown in Fig. 4.  Several 

layers are seen in the support, with larger particles of α-alumina at the bottom and smaller particles 

of γ-alumina at the top (Fig. 4.4a).  These comprise parts of the support structure.  The 

intermediate layer is 4-5 μm thick and is composed of γ-alumina (Fig. 4.4b).  Separate layers are 

not clearly seen in the intermediate layer at this magnification.   
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Fig. 4.4. SEM images of the cross section of the support  

a) Low magnification showing overall structure (from bottom: large particles, small particles, 

intermediate layer)  b) High magnification showing intermediate layer 

 

  For the actual membrane used in this study, a silica-alumina composite layer was placed on the 

intermediate layer by chemical vapor deposition at 923 K.  Fig. 4.5 shows the permeance changes 

as a function of time for the silica-alumina composite membrane (Al/Si = 0.03).  The data were 

obtained by periodically interrupting the synthesis, switching to Ar gas, and making permeance 

measurements without changing the temperature. 
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Fig. 4.5  Permeance and selectivity changes during the CVD process at 923 K for a 

silica-alumina composite membrane 

 

  The initial permeances were 2.7×10
-5

 mol m
-2

 s
-1

 Pa
-1

 for hydrogen and 7.8×10
-6

 mol m
-2

 s
-1

 Pa
-1

 

for nitrogen, giving an initial H2/N2 selectivity of 3.5.  This is close to the Knudsen ratio √
𝑀N2

𝑀H2

=

√
28

2
= 3.7, and is consistent with the large size of the pores in the support.  As the CVD process 

was carried out, the permeances of both gas species started to decrease and showed a steep drop in 

the first 0.5 h, especially for nitrogen. After 1.3 h (80 min) of CVD, the permeances were 1.3×10
-7

 

mol m
-2

 s
-1

 Pa
-1

 for hydrogen and 1.4×10
-10

 mol m
-2

 s
-1

 Pa
-1

 for nitrogen, giving a H2/N2 selectivity of 

890. 
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  The SEM images of the silica-alumina composite membrane are shown in Fig. 4.6 at low 

magnification (Fig 4.6a), and high magnification (Fig 4.6b).  In Fig. 4.6a, a number of layers can be 

seen. At the bottom there is a coarse layer made of sintered α-alumina particles. This layer is 

covered by a 3 μm thick layer of small particles that constitutes the γ-alumina portion of the support 

which gives rise to the nominal 5 nm diameter pores. On top of them two more layers can be 

discerned which are due to the two γ-alumina layers derived from successive placement of the 

boehmite sols.  The CVD layer cannot be seen at lower magnification (Fig 4.6a), but with higher 

resolution (Fig 4.6b), a smooth dense layer of 30 nm thickness can be seen which is the 

silica-alumina layer. 

 

 

Fig. 4.6.  SEM images of the cross section of silica-alumina composite membrane 
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4.3.2 Discussion of Theoretical Permeation Mechanisms 

Before presenting the permeance properties of the CVD membranes it is worth to briefly review the 

mechanisms of permeance in porous and non-porous silica-based membranes, which are relevant to 

the present work.  When CVD is carried out with precursors having organic substituents with direct 

Si-C bonds, these groups can be retained in the silica to disrupt the structure and form pores [97], 

which contribute to the permeance.  When pores are present, gas transport takes place through 

several established processes, like the Knudsen and gas-translational mechanisms, that have a 

definite dependence on the pore size, kinetic diameter and molecular weight of the permeant gases 

[18].   However, when CVD is carried out with siloxane precursors with easily hydrolyzed Si-O-C 

alkoxide linkages, amorphous structures with a continuous network of Si-O-Si bonds form 

zeolite-like cages (solubility sites) that are randomly linked by siloxane windows, without 

continuous pores. The permeance of small gas species (He, H2, Ne) can still be very high, with 

transport occurring by jumps through the windows between the sites by solid-state diffusion. It 

should be clarified that the term solid-state diffusion is used here to indicate passage of gaseous 

species through a solid by a transport process driven by concentration differences. Such transport 

includes, for example, methane permeation through carbon nanotubes [98] and carbon dioxide 

through polymeric membranes [99], and does not require chemical bonding between the permeating 

species and the solid. Thus, He and Ne, do not form chemical links with the silica matrix, but still 
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undergo solid-state diffusion by random collisions with each other and the surfaces. 

For the case in which pores are present, the transport mechanism depends on the width of 

the pores.  When the width is smaller than the mean free path of the gas molecules but wide 

enough to be free from the potential field of the pore wall, the transport occurs by the Knudsen 

mechanism [100,101] and is given by the following equation (Eqn. 4.3).   

    

𝑃̅ =
𝜀𝑑p

𝜏𝐿
(

8

9𝜋𝑀𝑅𝑇
)

1
2

                 (Eqn. 4.3) 

In this equation 𝑃̅[mol m
-2

s
-1

Pa
-1

] is the permeance, ε is the porosity (~ 0.5), τ [-] is the 

tortuosity (~ 10), L [m] is the thickness of the membrane, M [kg mol
-1

] is the molecular weight, R 

[8.314 m
3
Pa mol

-1
 K

-1
] is the gas constant, and T [K] is the absolute temperature.  To obtain the 

SI units of the permeance use was made of the definition Pa = kg m
-1

 s
-2

 and the identity Pa m s
2
 

kg
-1

 (=1) as shown below.  

  

(
1

𝑀𝑅𝑇
)

0.5

= {(
𝑚𝑜𝑙

𝑘𝑔
) ∙ (

𝑚𝑜𝑙 𝐾

𝑚3 𝑃𝑎
) ∙ (

1

𝐾
) ∙ (

𝑘𝑔

𝑃𝑎 𝑚 𝑠2
)}

0.5

= 𝑚𝑜𝑙 𝑚−2 𝑠−2 𝑃𝑎−1 
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When the width of the pores is smaller, so that the molecules interact with the potential field 

of the surface of the pores, encountering an additional resistance, the permeance is described by 

the empirical gas-translation model [102].  This equation is obtained by adding an activation 

energy term and an pre-exponential factor qg [dimensionless] to the Knudsen diffusion model 

(Eqn. 4.4)
 
 

RT

E
g

e
MRTL

qd
P














21

p 8




     (Eqn. 4.4) 

In this equation the symbols are the same as in the previous equation, with ΔE being an 

activation barrier.  When continuous pores are not present, such as in silica membranes obtained 

from components with easily hydrolysable bonds (e.g Si-O-C in tetraethylorthosilicate), the 

movement of molecules occurs by solid-state diffusion. A model involving jumps of molecules 

between solubility sites [103,104] explains the behavior of small gas molecules in such materials 

by Eqn. 4.5.  Hydrogen permselective membranes have solubility sites which have slightly 

larger size than hydrogen molecules and these solubility sites work as sieves which separate 

hydrogen from larger molecules [105]. 

 𝑃̅ =
𝑑2ℎ2

6𝐿
(

1

2𝜋𝑘𝑚𝑇
)

3 2⁄

(
𝜎ℎ2

8𝜋2𝐼𝑘𝑇
)

𝛼

×
𝑁s

𝑁A

1

(𝑒ℎ𝜈∗ 2𝑘𝑇⁄ −𝑒−ℎ𝜈∗ 2𝑘𝑇⁄ )
2 𝑒−

∆𝐸

𝑅𝑇      (Eqn. 4.5) 
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4.3.3 Permeance Mechanisms through the Membranes 

In order to ascertain the contribution of the topmost silica-alumina layer to the total 

permeance, the properties of the support were measured separately. The permeances through this 

component for different gases at various temperatures is shown in Fig. 4.7.  The permeances 

were very high, of the order of 10
-5

 mol m
-2

s
-1

Pa
-1

, and the permeance of each gas showed a linear 

dependence on the inverse square root of temperature.  In addition, the slope of each line also 

showed a linear dependence on the inverse square root of the molecular weight of each gas 

species.  These results give unequivocal evidence that the permeances through the intermediate 

layer are due to Knudsen diffusion (Eqn. 4.3)[18]. 
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Fig. 4.7 a) Thermal dependency of the permeance of various gas species through the intermediate 

layer plotted versus inverse square root of temperature  b) The slope of each approximation lines 

in a) versus inverse square root of molecular weight 

 

The above results described the permeances through the support.  Fig. 4.8 shows the 
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permeance of seven gases between 423 and 923 K through the membrane consisting of the 

silica-alumina CVD layer (Al/Si = 0.03) deposited on the support.  The permeances of the 

smaller gas species (He, Ne, H2) are substantially higher than those of the larger gas molecules 

(CO2, N2, CH4, SF6).  The silica-alumina composite membrane showed similar behavior as pure 

silica membranes [18] and silica-zirconia membranes [13].  The permeance generally dropped 

with the size of the permeating species (Fig. 4.8), but He, H2 and Ne deviated markedly from this 

trend.  The order in permeances of the smaller gases; He > H2 > Ne did not follow either size or 

weight.  The resistance of the support was small and the observed permeance can be attributed to 

the topmost silica alumina composite layer.  For He, H2 and Ne, the results were fitted with the 

solid-state diffusion model (Eqn. 4.5) and for CH4, N2, CO2 and SF6, the results were fitted by the 

gas translation model (Eqn. 4.4).  The fitting curves for each model were obtained by the 

Lavenberg-Marquardt algorithm in Polymath and are drawn in Fig. 4.9 as dotted lines.  The 

experimental results show excellent agreement for these models as shown by the regression 

coefficients (R
2
). 
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 Fig. 4.8. Relationship between permeance and kinetic diameter in the silica-alumina composite 

membrane (Al/Si=0.03) at 923 K. 
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Fig. 4.9 Temperature dependency of permeances of various gas species through silica-alumina 

composite membranes 

 

For the smaller gas molecules, He, H2, and Ne, the curves connecting the points in Fig. 4.9 

were obtained by the solubility site model (Eqn. 4.5).   The calculated curves agree with the data 

very well, reproducing the details of the curvature for all three gases over the entire temperature 

range.  The calculated parameters are shown in Table 4.1. 
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Table 4.1. Calculated parameters for the fitting by solid state diffusion  

Species* He (0.26 nm)  Ne (0.28 nm)  H2 (0.29 nm) 

Ns [m
-3

] 2.18×10
26

 1.97×10
26

 6.82×10
25

 

ν* [s
-1

] 3.46×10
12

 3.19×10
12

 4.50×10
12

 

ΔE [J mol
-1

] 9990 12900 13900 

R
2
 0.999 0.998 0.996 

*Kinetic diameter of species are indicated in parenthesis. 

The solubility site model can explain the distinctive order of permeance among hydrogen, helium 

and neon (Ne < H2 < He) which did not follow molecular size (He < Ne < H2) nor weight (H2 < He < 

Ne).  The number of solubility sites (Ns) that accept each gas species decreased with increasing 

species size.  This is reasonable since on average there will be less solubility sites that can 

accommodate the larger species.  The order of magnitude of the site density of 10
26

 m
-3

 is 

physically realistic, as the inverse cube root of the order of nm, which corresponds to a reasonable 

average distance between sites.   The activation energy (ΔE) also increased with species size.  

This is also reasonable, as the larger species will encounter a greater barrier in passing through the 

windows between the solubility sites.  The activation energies are relatively small, but are 
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physically realistic since they are larger than those reported for passage of He [106,107], Ne 

[108,109], and H2 [110,111] through vitreous glasses and quartz, which are denser forms of silica.  

The vibrational frequency in jumping between sorption sites (ν*) was inversely proportional to 

molecular weight, being largest for the lightest species, H2, and smallest for the heaviest species, Ne.  

This is also physically realistic since heavier molecules naturally have a lower vibrational frequency, 

as seen for example for the vibrational frequency, ν, of a harmonic oscillator, 𝜈 =
1

2𝜋
√

𝑘

𝑀
, which is 

inversely proportional to the square root of the mass, M.  Thus, the observed order of permeance for 

the smaller gas species (Ne < H2 < He) can be explained as a result of the contributions of factors 

depending on the size and weight of the species as given by the solubility site model (Eqn. 4.5). 

According to Barrer et al., the structure of silica is made up of 5-, 6-, 7-, and 8- membered rings 

made of Si-O linkages [112], and these form the solubility sites.  The size of the average solubility 

sites is close to 0.3 nm and so readily accommodate He (kinetic diameter 0.26 nm), Ne (0.28 nm), 

and H2 (0.29 nm) while species like CO2 (kinetic diameter 0.33 nm), N2 (0.36 nm), CO (0.38 nm), 

CH4 (0.38 nm), and SF6 (0.55 nm) do not fit and are excluded [104].  This explains the low 

permeance of the larger gases through silica membranes. 

The permeances of the larger gases showed a negative dependence on temperature as was observed 

in the permeance through the intermediate layer.  To verify whether the permeance occurred 
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through the Knudsen mechanism, the permeance of each large molecule through the silica-alumina 

composite membrane was plotted versus the inverse square root of temperature (Fig. 4.10).  In 

contrast to Fig. 4.7a, the permeances did not show a linear relation extrapolating to zero at 0 K and 

this gave strong evidence that the transport of these molecules did not take place by Knudsen 

diffusion.  Further evidence for the lack of Knudsen diffusion is that the permeances do not 

extrapolate to the origin when plotted versus the inverse square root of the mass, as it should 

according to Eqn. 4.3. 
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Fig. 4.10 Permeation change of large molecules plotted versus square root inverse of absolute 

temperature: The curves show fits to the gas translation model (Eqn.4.4) 

The permeances of the larger gas species, CH4, N2, CO2, and SF6, were fit to the gas 
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translation model (Eqn. 4.4) and the obtained fitting parameters are shown in Table 4.2.    The 

equation is shown in abridged form in Eqn. 4.6, with a constant C =
𝜀𝑑𝑝𝑞𝑔

𝜏𝐿
 [dimensionless].   

 

𝑃̅ = 𝐶 (
8

𝜋𝑀𝑅𝑇
)

1 2⁄

𝑒−
∆𝐸

𝑅𝑇    (Eqn. 4.6) 

 

Table 4.2. Calculated parameters for the gas translation model 

 CH4 N2 CO2 SF6 

Kinetic diameter 

[nm] 
0.38 0.36 0.33 0.55 

Mass [au] 16 28 44 146 

C [dimensionless] 5.25×10
-9

 5.34×10
-9

 5.13×10
-9

 4.87×10
-9

 

ΔE [J mol
-1

] -288 -367 -965 -1300 

R
2 
(individual A’s) 0.996 0.996 0.996 0.999 

R
2
 (𝐶̅ = 5.15x10

-9
) 0.980 0.978 0.996 0.997 
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The regression coefficients for the individually fitted C constants are also listed in Table 4.2, and 

they show values close to 1.000 indicating very good fits.  The calculated C constants were similar 

among the four species, and did not show a dependence on species size or weight (Table 4.2). 

Because of the similarity of the C values another fit was made taking the average value of 𝐶̅ = 

5.15x10
-9

, and fitted curves using this value are shown in Fig. 4.10.  Good fits were obtained and 

the calculated R
2
 values with this average value are also close to unity, although they are somewhat 

less than the individually fitted C values, as might be expected.     Taking the permeance to be 

controlled by defects in the CVD layer, the value of C can be estimated using the measured thickness 

(L = 30 nm) and order-of-magnitude values for the unknown parameters (ε＝0.5, dp = 5 nm, qg = 

6x10
-7

, τ＝10 [113]) as follows: 

 

C =
𝜀𝑑𝑝𝑞𝑔

𝜏𝐿
=  

(0.50)(5 𝑛𝑚)(6𝑥10−7)

(10)(30 𝑛𝑚)
= 5 × 10−9  

This is close to the average experimental value of 𝐶̅ = 5.15x10
-9

.  Previously reported pure silica 

membranes prepared by CVD [18] and sol-gel methods [114] gave similar values of C as well as 

negative activation energies.  Thus, the permeance of the larger species CH4, N2, CO2, and SF6 

follows the gas translational model, which can be viewed as a combination of Knudsen diffusion 
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and surface diffusion. 

The reason the apparent activation energies are small in magnitude and negative is because ΔEj = hj 

+ uj, where hi is the depth of the well and uj is the hopping energy [115].  The adsorption process is 

exothermic and hence hj is negative, but uj is positive.  In essence, while the species are in the 

potential of the surface their motion is akin to surface diffusion.   

 

 

 

Figure 4.11.  Schematic of Gas Translational Model.  The heat of adsorption hj is negative while 

the the hopping energy uj is positive, so that ΔEj = hj – uj is a negative quantity. 
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4.3.4 Hydrothermal Stability 

a) 

 

 

 

 

 

b) 

  

 

 

 

 

Fig. 4.12 a) H2 permeance change and b) H2/N2 selectivity change under hydrothermal environment 
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Fig. 4.12 shows the changes in the permeance of hydrogen versus time at hydrothermal 

conditions for the silica and silica-alumina composite membranes.  The silica membrane (Al/Si = 

0) shows considerable variability in hydrogen selectivity, while the silica-alumina composite 

membranes reach stable values with selectivity higher than 100.  The silica membrane lost more 

than 60% of its initial hydrogen permeance, while the silica-alumina membranes lost a smaller 

proportion of their hydrogen permeance.  Compared to hydrogen, the permeance of nitrogen seems 

to be much less effected by hydrothermal treatment, and therefore the selectivity drop curve looks 

similar to the permeance drop curve.  This indicates that large pore defects through which the 

nitrogen passes are not affected much by steam.  Overall, the silica-alumina composite membrane 

showed higher hydrothermal stability than the silica membrane. 

In membrane reactor operation, hydrogen permeance contributes more to the reaction rate compared 

to hydrogen selectivity [116] as long as the selectivity is acceptable.  The silica-alumina composite 

membrane with 0.12 Al/Si ratio was deemed to be optimal for usage in membrane reactors operated 

under hydrothermal conditions because of its high hydrogen permeance and sufficient H2/N2 

selectivity. 

 



 

86 

 

4.3.5. Membrane Reactor 

The membrane reactor was operated for the steam methane reforming with the silica-alumina 

composite membranes (Al/Si = 0.12).  After 120 min of CVD, the hydrogen permeance was 

4.9×10
-7

 mol m
-2

 s
-1

 Pa
-1

, the nitrogen permeance was 9.7×10
-10

 mol m
-2

 s
-1

 Pa
-1

 and the H2/N2 

selectivity was 500.  The reactants methane and steam diluted by nitrogen were fed to the catalyst 

bed placed in the outer shell side of the membrane.  The reaction was operated at 923 K and a total 

pressure of 0.40 MPa.  The flow rate of methane was fixed at 3.5 μmol s
-1

 (5.0 cm
3 
(NTP) min

-1
) 

and the total flow rate was fixed at 35 μmol s
-1

 (50 cm
3 

(NTP) min
-1

). The sweep flow of nitrogen in 

the tube side was 69 μmol s
-1

 (100 cm
3 
(NTP) min

-1
).  The results of steam methane reforming in 

the membrane reactor and the packed bed reactor are shown in Fig.4.13.  The retentate H2 flow in 

Fig. 4.13 indicates the hydrogen molar flow in the shell side of the membrane, while the total H2 

flow means the total hydrogen molar flow on both sides of the membrane.  Thus the difference 

between the retentate H2 flow and the total H2 flow is the permeate flow of hydrogen.  The 

membrane reactor showed higher methane conversion and hydrogen production compared to the 

packed bed reactor. The hydrothermal stability of the membrane was monitored during the reactor 

experiments by measuring the hydrogen partial pressure. The experiments lasted 60 h, and the 

permeance dropped slightly in the beginning, and then stabilized. 
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Fig. 4.13. The CH4 conversion and H2 production rate in steam methane reforming at 923 K and 

0.40 MPa with WHSV of 3000 Ncm
3
 gcat

-1
 h

-1
 . red: membrane reactor, blue: packed bed reactor 

 

The results here for the hydrogen permeance are similar to those reported earlier by Hacarlioglu et al. 

[117], but the conditions were different.  The rate and conversion enhancements are moderate 

compared to those obtained with a PdRu membrane [64], probably because the latter had higher 

permeance (0.0027 mol m
-2

s
-1

Pa
-0.5

) and was operated at a higher pressure.  Nevertheless, the 

membrane is shown to be adequate for hydrogen production. 
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4.4. Conclusions 

Hydrothermally stable silica-alumina composite membranes were successfully synthesized 

on supports with γ-alumina intermediate layers using a chemical vapor deposition method with 

aluminum tri-sec-butoxide and tetraethylorthosilicate.  The silica-alumina composite 

membranes showed higher hydrothermal stability compared to a silica membrane after 100 h of 

hydrothermal treatment under 16 mol% H2O at 923 K.  After 60 h of hydrothermal treatment, the 

silica-alumina composite membranes were stable under high temperature and humid conditions. 

The permeances of several gas species through the silica-alumina membrane (Al/Si = 0.03) 

at various temperatures were measured and the results was well explained by a solid-state 

diffusion mechanism for small gas species (H2, He, Ne) and by an activated gas translation 

mechanism for large species (CH4, CO2, N2, SF6). 

The silica-alumina hydrothermally stable membrane (Al/Si = 0.12) was applied to a membrane 

reactor for steam methane reforming.  Comparing the membrane reactor operation with packed 

bed mode, the membranes were effective in extracting hydrogen selectively from the reaction 

zone and gave enhanced hydrogen yield and methane conversion.    
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Chapter 5. Overcoming pressure drop losses in membrane 

reactors by semi-batch operation  

N. Kageyama, P. Hacarlioglu, A. Takagaki, R. Kikuchi, S.T. Oyama, Separation and Purification 

Technology, 185, 175-185 (2017) 

The feasibility of harnessing the increase in moles in certain equilibrium-limited reactions to 

alleviate the pressure driving force requirement for permeation through membranes is demonstrated.  

The studies are conducted in a packed-bed membrane reactor operated as a semi-batch membrane 

reactor (SBMR) to capture the pressure generating potential of the reaction. The actual system 

investigated is the steam methane reforming carried out at various temperatures (873 K and 923 K) 

and pressures (0.5- 1.5 MPa) with a Ni/MgAl2O4 catalyst.  A silica-alumina membrane with a 

hydrogen permeance of 2.2×10
-7

 mol m
-2

 s
-1

 Pa
-1

 at 923 K prepared by chemical vapor deposition 

was used in the membrane reactor.  The hydrogen productivities obtained in the SBMR were 

compared with the productivities obtained in a membrane reactor operated at the same conditions.  

At low pressures (0.5, 1.0 MPa) the hydrogen productivities of the SBMR were comparable values 

to those obtained with the continuous membrane reactor, but at high pressure (1.5 MPa) the SBMR 

showed superior performance.  One-dimensional modeling studies gave good agreement between 

simulated and experimental results obtained from both reactor types.  Based on these calculations, 
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further estimations on hydrogen productivities were made at high pressures.  These results 

indicated that the SBMR improved the hydrogen production when the steam methane reforming was 

conducted above 1.5 MPa.  The SBMR described here could be utilized in a system where multiple 

units would be arranged to undertake parallel filling and discharge operations, much akin to the 

arrangement used in a pressure swing adsorption system.   

5.1 Introduction 

 

Catalytic membrane reactors have attracted much attention because of their ability to 

simultaneously carry out reaction and mass transfer into and out of the reaction zone and they have 

been discussed in numerous books [118,119,120,121,122], reviews [123,124,73], and journal 

articles [125,126,127,128].  When mass transfer occurs into the reaction zone the membrane 

reactor is said to operate as a distributor [128] or contactor [125] and when it occurs out of the 

reaction zone it is said to operate as a separator [129].  The distributor mode of operation is usually 

applied in cases where mixing of the reactants is in some way critical, for example when mixing an 

oxidant and a reductant such as in the partial oxidation of methane to syngas [130,131].  An earlier 

study of the epoxidation of propylene [132] showed that it was possible to safely operate in the 

explosive regime.  The contactor mode of operation is applied when it is important to ensure that all 

of a reactant stream enters into contact with the reaction zone, for example, when treating a pollutant 
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flow [133].  The separator mode of operation is utilized when a membrane exists that can 

selectively remove or separate a product of an equilibrium limited reaction.  According to the 

Le-Chatelier-Brown’s law this shifts the equilibrium to the product side and enhances yields.  A 

common application is in the production of hydrogen from dehydrogenation [134, 135], steam 

methane reforming [136, 137, 138, 139, 140] or dry reforming of methane [141].  In many 

reactors with separator membranes, inert sweep gas is used in the permeate side to attain a sufficient 

partial pressure difference [136, 137]. The sweep gas can be steam for easy separation by 

condensation [142, 143], although the use of pressure can be employed to avoid  the use of any 

sweep gas [144].   

A drawback of membranes is that they require a partial pressure gradient to drive the passage of a 

species and there is a substantial cost in producing this gradient.  Although not generally 

appreciated, compression is one of the most expensive unit operations [145, 146] because of the 

high energy required to increase the pressure of a gas, as given by the equation  

    Wc=
1

η
RTF [

γ

γ-1
] [(

Ph

Pl
)

γ

γ-1 -1]    (Eq. 5.1) 

where  is the efficiency, R is the gas constant, T is the temperature, F is the molar flow,  is the ratio 

of heat capacities at constant pressure and volume (= Cp/Cv) and Ph and Pl are high and low pressures.  

For example for methane γ = 1.3 [147], so γ/( γ-1) = 4.3, a large factor and exponent.   

The objective of this study is to explore means of alleviating the requirement of the pressure 
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gradient in membrane reactors for a certain class of chemical reactions.  Attention will be focused 

on the case of the separator mode of operation.  In the case of the distributor or contactor modes, 

reaction consumes reactants decreasing their partial pressure and naturally increases the driving 

force for mass transfer.  The class of reactions that will be considered in the separator mode will be 

that in which there is a net increase in the number of moles.  This is a common situation, as 

exemplified for technologically important hydrogen-producing reactions (Table 5.1). 
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Table 5.1 Mole increase seen in hydrogen producing reactions 

 

Type Reaction 

Increase in 

moles 

Dehydrogenation C2H6  C2H4 + H2 2 

Aromatization 6CH4  C6H6 + 9H2 5/3 

Steam reforming CH4 + H2O  CO + 3H2 2 

Dry reforming CH4 + CO2  2CO + 2H2 2 

Ethanol reforming C2H5OH + 3H2O  2 CO2 + 6H2 2 

 

The increase in moles offers the potential of utilizing the reaction itself to overcome pressure drop 

losses through the membrane.  This can be accomplished by throttling the flow through the reactor 

so that the pressure losses due to the removal of a species by permeation are partly offset by the 

increase in moles due to the reaction.  In all studies reported so far that we are aware of the reactants 

and products have been allowed to freely exit the reactor, with the increase in moles simply resulting 

in an increase in flow rate out of the reactor.   

In this study the throttling process, where the flow is restricted, is applied at the limit of zero flow 

for demonstration of the concept.  In this case the membrane reactor is operated as a semi-batch 
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membrane reactor (SBMR).  It is shown experimentally and theoretically that higher hydrogen 

productivities are obtained with a SBMR as compared to a continuous reactor.  The reaction 

considered is the methane steam reforming (MSR) reaction (1), which is accompanied by the 

water-gas shift (WGS) reaction (2). The methane reforming to CO2 reaction (3) is also considered 

for a full description of the kinetics, as will be explained later. 

 

CH4+ H2O ⇄CO+3H2              ΔH298
0 =206 kJ/mol                  (2) 

CO+ H2O ⇄CO2+H2                 ΔH298
0 =-41 kJ/mol                   (3) 

CH4+ 2H2O ⇄CO2+4H2          ΔH298
0 =165 kJ/mol                  (4)  

 

The reforming reactions are endothermic (1,3) and take place simultaneously with the exothermic 

water-gas shift (WGS) reaction (2).  Commercially, the methane steam reforming is performed in a 

multi-tube reactor with a nickel based catalyst at a pressure range of 0.8 to 3.5 MPa and a 

temperature range of 1073-1273 K [148].  A typical industrial process consists of three units, a 

steam methane reformer, a water-gas shift reactor to enhance CO conversion and a pressure swing 

adsorption (PSA) system or a cryogenic distillation system as a purification unit.  Under these 

conditions the conversion of methane obtained in an industrial plant is about 80% and is limited by 

the thermodynamic equilibrium.   
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The application of membranes in batch systems has been employed in biochemical applications in 

the liquid phase, especially using bacteria.  In most cases, the membrane was used to immobilize 

the bacteria in a stream of reactants.  However, in some studies use was made of the membrane as a 

separator [149].  Membrane applications in batch systems were also reported in liquid phase 

reactions utilizing the hydrophobicity or hydrophilicity of the material for enhancing desired 

hydroxylation [ 150 ] in pervaporation for dewatering applications [ 151 ] and pervaporation 

membrane reactors for chemical synthesis [152].  However, those studies focused on changes in the 

concentrations of reactants or products with pressure held constant.  In the present study, pressure 

is auto-generated by conducting a gas-phase reaction with an increase in moles in a reactor where 

the exit is throttled to gain pressure.  This is important because pressure is the significant driving 

force in gaseous membrane separations. 
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5.2 Experimental 

5.2.1. Preparation 

Ni/MgAl2O4 Catalyst 

A commercial Ni/MgAl2O4 catalyst (NG-610-6H) provided by Unicat Catalysts was used 

throughout the study.  The original catalyst was crushed and sieved to sizes of 0.1-0.3 mm.  The 

catalyst was reduced in flowing hydrogen at 923 K for 2 h before use. 

 

Characterization of Ni/MgAl2O4 catalysts 

The BET surface area was obtained from nitrogen adsorption measurements carried out in a 

volumetric adsorption unit (Micromeritics, ASAP 2010).  The catalyst sample was degassed at 393 

K in vacuum prior to the measurements.  The CO uptake of the catalyst was determined after 

reduction in 75 µmol s
-1

 (110 cm
3
 (NTP) min

-1
) of hydrogen at 823 K for 2 h in a flow system.  

Pulses of CO were injected into a He carrier stream at room temperature and the intensity of the CO 

signal (m/e = 28) was monitored with a mass spectrometer (Dycor/ Ametek Model MA100).  The 

injection of CO was continued until saturation of the sample surface was observed.   

 

Hydrogen selective silica-alumina membranes 

The ceramic membranes used in this study were prepared by chemical vapor deposition (CVD) of 
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a thin layer of silica-alumina on a porous alumina support at 923 K. The support was a commercial 

multilayered porous alumina support (Pall Corporation Part No. S700-0011) of tubular geometry 

(o.d. = 10 mm, i.d. = 7 mm) with a 5 nm inner pore size.  An 8.0 cm long section of this support was 

connected at both ends to solid alumina tubes by gas tight glass seals obtained by thermal treatment 

of a glass glaze (Duncan, IN, Part No. 1001) at 1153 K.  Then the membrane was dip-coated in a 

0.05 M dispersion of boehmite sol for 10 s and dried at room temperature for 24 h and calcined first 

at 973 K for 6 h and then at 923 K for 2 h.  The boehmite sol was prepared by hydrolysis and acid 

treatment of aluminum tri-sec-butoxide as described in detail in previous studies [153,154]. 

The CVD process was carried out by placing the tube concentrically in a tubular quartz reactor (o.d. 

= 14 mm) using Swagelok fittings equipped with Teflon ferrules and then installing the reactor 

vertically in a split tube furnace (Fig. 5.1).  Argon flow was introduced on both the shell side and 

the tube side of the reactor after which it was heated to 923 K with a ramp of 1 K/ min.  The 

hydrogen selective layer was obtained by the simultaneous deposition of tetraethylorthosilicate 

(TEOS, Aldrich, 98%) and aluminum-tri-sec-butoxide (ATSB, Aldrich, 97%) in the inner side of the 

membrane at 923 K.  The TEOS concentration was set to 1.94 ×10
-2

 mol m
-3

 by flowing argon gas 

through a bubbler which was kept at 298 K and the ATSB concentration was set to 5.82 ×10
-4

 mol 

m
-3

 in a similar manner except that the bubbler was kept at 363 K in an oil bath. All the carrier and 

dilute gas flows were adjusted by mass flow controllers (Brooks model 5850 E).  The permeance of 
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gases (H2, CH4, CO, CO2) were measured at regular intervals and the ideal selectivity of hydrogen 

over other gases was calculated from the ratio of the single-gas permeances.  The deposition 

process was continued until the hydrogen permeance through the membrane reached a value of 2.2 

×10
-7

 mol m
-2

 s
-1

 Pa
-1

 at 923 K.   

 

Fig.1. Schematic diagram of the CVD system for membrane synthesis 

MFC: Mass Flow Controller  
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5.2.2. Steam methane reforming in a batch membrane reactor 

The packed-bed catalytic membrane reactor consisted of a stainless steel outer shell, a quartz liner 

and the membrane tube assembled concentrically with O-rings and was specifically designed to 

withstand high pressures (Fig. 5.2).  The overall length of the 1.0 cm OD membrane tube was 43 

cm and it had a permeable section of length 8.0 cm in the center.  The reactant gases were fed in a 

down flow direction to the shell side of the reactor where the catalyst bed was placed with the 

pressure controlled by a back pressure regulator (BPR) at the exit of the shell side.  A quantity of 

4.0 g of the Ni/MgAl2O4 catalyst was mixed with 4.0 g of inert quartz chips of the same size to make 

up a catalyst bed of 8.0 cm length and 6.0 cm
3
 volume to match the length of the membrane zone.  

The catalyst bed was located in the annular section between the membrane and the quartz liner.  

The liner was used to minimize contact of the reactive flow with the stainless steel walls, which in 

previous studies was found to promote carbon formation [155].  There was no flow in the very thin 

outer region between the liner and the stainless steel walls, but the pressure in that region was 

equalized to the reactor pressure through an opening at the bottom of the liner to avoid stresses on 

the quartz material.  The permeated gases were swept away in up flow mode to gain the benefit of 

countercurrent flow.  A separate back pressure regulator was used to adjust the pressure in the tube 

side.  The catalyst bed consisted of catalyst pellets diluted with quartz chips of the same size and 

was held in place by quartz wall.  It occupied the volume just opposite the membrane section of the 
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inner tube. The whole assembly was installed in an electric furnace.  The reactor could also be used 

as a conventional packed-bed reactor by replacing the inner membrane tube with an impermeable 

quartz tube.  This maintained the annular geometry, and permitted direct comparison between the 

two reactors.  

 

Fig. 5.2. Schematic diagram of the methane steam reforming reactor system MFC: mass flow 

controller, BFM: bubble flow meter, MF: mass flow meter, BPR: back pressure regulator  

 

The steam methane reforming was carried out at two different temperatures (873, 923 K) and 

various pressures (0.5-1.5 MPa) with steam and methane in a 3 to 1 ratio.  The overall flow rate of 

the reactants was increased proportionally to the pressure to keep the residence time constant.  The 
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reactant flow rates are tabulated in Table 5.2.  To activate the catalyst, the temperature was raised to 

the catalyst reduction temperature (923 K) with a ramping rate of 0.016 K s
-1

 (1 K min
-1

) in an argon 

flow of 90 mol s
-1

 (135 cm
3
 (NTP) min

-1
) through the shell side of the reactor after which the flow 

was switched to hydrogen at the same flow rate for 2 h.  To carry out the reaction, the temperature 

and pressure were adjusted, and the flow of hydrogen was replaced with a flow of methane and 

steam.  Hydrogen was introduced to the tube side to have pure hydrogen flow.  Both of the streams 

passed through a condenser unit which was cooled by ice to remove water vapor before injection of 

samples into a carbosphere packed column (o.d.: 3.175 mm, L: 1.90010
3
 mm).  An online gas 

chromatograph (SRI 8610) equipped with a thermal conductivity detector was used to determine the 

compositions of the streams (H2, CH4, CO, CO2).  A bubble flow meter was used to determine the 

flow rates of the shell side and a mass flow meter to determine the hydrogen flow in the tube side of 

the reactor. 

The semi-batch, packed-bed catalytic membrane reactor configuration was obtained by using the 

same reactor set-up.  The reactant gases were fed to the shell side of the reactor where the catalyst 

was loaded and the pressure in the reactor was adjusted to a predetermined value by using a back 

pressure regulator at the exit of the shell side.  Another back pressure regulator was placed at the 

exit of the tube side of the reactor to adjust the pressure in the tube side.  The pressure was set to a 

value of 0.2 MPa in the tube side of the reactor.  After adjusting the pressure in both sides of the 
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reactor, the entrance and the exit of the shell side and the entrance of the tube side were closed 

simultaneously by using on-off valves placed at the entrance and the exit of both shell and tube sides.  

The hydrogen flow from the tube side of the membrane reactor was recorded by a mass flow meter 

and the pressure in the shell and tube sides monitored at the same time. 

 

Table 5.2. Inlet flow rates of reactants 

 

 

 

 

 

 

 

5.2.3. Numerical simulation of the semi-batch membrane reactor 

In this study the kinetics of the methane steam reforming and water-gas shift reactions determined 

by Xu and Froment [22] were utilized because they cover a wide range of conditions.   The kinetics 

were developed for the same catalyst composition, Ni/MgAl2O4, as used in this study.  The 

reactions considered are the three reactions listed in the introduction, the reforming reaction to form 

Pressure 

(MPa) 

Volumetric flow rate of 

CH4 (cm
3
 (NTP) min

-1
) 

Volumetric flow rate of H2O 

(cm
3
 (NTP) min

-1
) 

0.5 25 75 

1.0 50 150 

1.5 75 225 
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CO (Equation 5.1), the water-gas shift (WGS) reaction (Equation 5.2), and the reforming reaction to 

form CO2 (Equation 5.3). 

The rate expressions for the reactions of Equations 5.1-3 are given in Table 5.3.  In order to apply 

these equations, hydrogen should be present in the feed stream to make the initial rate of methane 

conversion finite.  Thus an initial value of 10
-5

 for PH2 /PCH4 was chosen in the present kinetic 

model.  The expressions for the reaction rates and the equilibrium constants at various temperatures 

(873 K, 923 K) used in these expressions are given in Table 3.  The reaction rate constants and the 

adsorption constants are also tabulated in Table 5.4 and 5. 
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Table 5.3. Reaction rate expressions and equilibrium constant of the reactions 

Reaction rates: 

𝑟1 =

𝑘1

𝑃𝐻2

2.5 [𝑃𝐶𝑂𝑃𝐻2𝑂 −
𝑃𝐻2

3 𝑃𝐶𝑂

𝐾𝑒𝑞1
]

𝐷𝐸𝑁2
           

𝑟2 =

𝑘2

𝑃𝐻2

[𝑃𝐶𝑂𝑃𝐻2𝑂 −
𝑃𝐻2

𝑃𝐶𝑂2

𝐾𝑒𝑞2
]

𝐷𝐸𝑁2
 

𝑟3 =

𝑘3

𝑃𝐻2

3.5 [𝑃𝐶𝐻4
𝑃𝐻2𝑂

2 −
𝑃𝐻2

4 𝑃𝐶𝑂2

𝐾𝑒𝑞3
]

𝐷𝐸𝑁2
      

𝐷𝐸𝑁 = 1 +  𝐾𝐶𝑂𝑃𝐶𝑂 +  𝐾𝐻2
𝑃𝐻2

+ 𝐾𝐶𝐻4
𝑃𝐶𝐻4

+ 𝐾𝐻2𝑂

𝑃𝐻2𝑂

𝑃𝐻2

     

 

Equilibrium constants: 

 

Temperature (K) Keq1 Keq2 Keq3 

873 0.498 2.53 1.26 

923 2.65 1.93 5.12 
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Table 5.4. Reaction rate constants 

 

Reaction rate constants: 

𝑘𝑖 =  𝐴𝑖 ∙ 𝑒𝑥𝑝 (
−𝐸𝑖

𝑅𝑇
)                                 𝑖 = 1, 2,3          

Reaction Ai  Ei (kJ mol
-1

) 

1 3.7010
14 

mol Pa
0.5

 gcat
-1

 s
-1

 240 

2 1.7210
5
 mol Pa

-1 
gcat

-1
 s

-1
 67.1 

3 8.9510
13

 mol Pa
0.5

 gcat
-1

 s
-1

 244 

 

 

Table 5.5. Adsorption constants 

Adsorption constants: 

𝐾𝑗 =  𝐵𝑗 ∙ 𝑒𝑥𝑝 (
−∆𝐻𝑗

𝑅𝑇
)                             𝑗 = 𝐶𝑂, 𝐻2, 𝐶𝐻4, 𝐻2𝑂      

 

 

Species Bj  Hj (kJ mol
-1

) 

CO 8.2310
-10

 Pa
-1

 -70.7 

H2 6.1210
-14

 Pa
-1

 -82.9 

CH4 6.6510
-9

 Pa
-1

 -38.3 

H2O 1.77 88.7 
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Steady-state conditions and plug flow were assumed on both the reaction and permeation sides.  

Negligible pressure drop along the axial direction and an isothermal reaction were also presumed in 

this model.  Fig. 3 shows the schematic reaction model used for the simulation of the continuous 

membrane reactor.   

 

 

Fig. 5.3. The reactor configuration (left) and schematic diagram of the membrane reactor 

operated in continuous (middle) and semi-batch (right) modes. 

 

5.2.4. Continuous flow reactor 

Molar flow rates of the species in the shell and tube sides are described as follows in a 

membrane reactor:  
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Shell side: 

dFj

dw
= ∑  𝛼i,j

i=1,2,3

Ri-Rjp                                                                      (Eqn. 5.5) 

 

Tube side: 

dFj

dw
=Rjp                                                                                               (Eqn. 5.6) 

 

where Rjp=𝑃𝑗̅

𝑑a

𝑑𝑤
(Pjf-Pjp)                                                                     (Eqn.5.7) 

 

 In these equations 5.5-7 the subscript i represents the reaction and the subscript j represents 

each chemical species. Fj is the molar flow rate of the species, w is the weight of the catalyst, αi,j is 

the stoichiometric ratio of j in the reaction of i, Ri is the reaction rate of reaction i, Rjp is the 

permeation rate of j, Pj  is the permeation rate of j, a is the membrane area, Pjf and Pjp are the 

partial pressure of the species in the feed and the permeate streams respectively.  These are 

one-dimensional equations that are integrated with respect to the weight of the catalyst, w, which 

serves as a proxy for the length of the reactor.   Their use assumes that there are no radial 

gradients in partial pressure, an assumption that holds because of the relatively low permeance of 

the membranes.  These one-dimensional equations were solved by using the ordinary differential 
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equation solver in the program Polymath [156] and the flow of the reactants and products were 

obtained.  The productivity in hydrogen formation was estimated by using equation 5.8 

Productivity (H2)=FH2
 τ                                                                 (Eqn. 5.8) 

In this equation, FH2 is the molar flow rate of hydrogen produced and  is the residence time (= 

V/) in the reactor, where V is the volume of the bed and  is the volumetric flow rate at the 

pressure and the temperature of the reactor.  

5.2.5. Semi-batch membrane reactor (SBMR) 

In the semi-batch operation, there is no flow but the experimental system is non-ideal as it 

has considerable dead volume consisting of the reactor volume not occupied by the bed and the 

ancillary volumes of piping and valves, and mass transfer between the volumes needs to be 

accounted for to simulate its operation. In this study, this extra volume (Vex [m
3
]) was considered 

and together with the volume of the catalyst bed (Vcat [m
3
]) gave the total system volume (Vtotal 

[m
3
]).  To make the calculation, it was assumed that the diffusion of each gas between the 

catalyst bed and the additional volume took place proportionally to its partial pressure difference 

and self-diffusion coefficient (Table 5.6). Then a proportion coefficient of k [mol m
-2 

Pa
-1

] 

including diffusion area and temperature dependence of diffusion was defined to describe the 

mass transfer.  (FD,j: molar flow of j [mol s
-1

], Dself,j: self-diffusion coefficient of j [m
2
 s

-1
], ΔPj: 
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partial pressure difference of j [Pa] between catalyst bed and the extra volume, exV: 

dimensionless extra volume [-]). 

𝐹𝐷,𝑗 = 𝑘𝐷self,j∆𝑃j     (Eqn. 5.9) 

This k was assumed to be constant among all the gas component and temperature range of 

873-923 K for the simplicity. 

Table 5.6. Self-diffusion coefficient (923 K, 0.4 MPa) [157] 

N2 0.127 

H2 0.611 

H2O 0.194 

CH4 0.163 

CO 0.127 

CO2 0.084 

 

The constant exV was defined as 

𝑒𝑥𝑉 =  
𝑉𝑒𝑥

𝑉𝑐𝑎𝑡
=

𝑉𝑡𝑜𝑡𝑎𝑙−𝑉𝑐𝑎𝑡

𝑉𝑐𝑎𝑡
    (Eqn. 5.10) 

 

The mole balance for each component can be described as follows; 

 

Shell side: 
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dNj,cat

dt
= ∑  𝛼i,j

i=1,2,3

Riw - Rjp - 𝐹𝐷𝑗 (Eqn 5.11) 

𝑑𝑁j,ex

𝑑𝑡
= 𝐹D,j (Eqn 5.12) 

 

Equations to relate moles and partial pressures are as follows: 

 

𝑑𝑃j,cat

𝑑𝑁j,cat
=

𝑅𝑇

𝑉cat
 (Eqn 5.13) 

𝑑𝑃j,ex

𝑑𝑁j,ex
=

𝑅𝑇

𝑉total − 𝑉cat
=

𝑉cat

𝑉total − 𝑉cat
∙

𝑅𝑇

𝑉cat
=

𝑅𝑇

𝑒𝑥𝑉 ∙ 𝑉cat

= 𝑒𝑥𝑉−1 ∙
𝑑𝑃j,cat

𝑑𝑁j,cat
 

(Eqn 5.14) 

 

 

Tube side: 

dNj

dt
=Rjp-Fj (Eqn 5.15) 

In these equations 5.10-15, Nj is the number of moles of the component j and Nj,cat is the number 

of moles of j in the catalyst bed, R is the gas constant, and T is the temperature of the reactor.  The 

mass transfer between the catalyst bed and the extra volume was assumed to be proportional to the 

partial pressure difference of each component.  The capacity of the extra volume was denoted exV.  

These one-dimensional equations were also solved by using the ordinary differential equation 

solver in the program Polymath.  The productivity in hydrogen formation in the semi-batch 

operation was obtained by integrating the hydrogen flow curves.   
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Productivity (H2) = ∫ 𝐹𝐻2
𝑑𝑡

∞

𝑡=0
     (Eqn. 5.16) 

 

The productivity of the continuous reactor was considered for a time period of one residence time.   

For comparison, the productivity of the semi-batch reactor is also taken for one residence time.   

 

 

5.3. Results and Discussion  

The main objective of this work was to investigate whether the productivity for hydrogen 

formation could be improved when a membrane reactor was operated in a semi-batch mode instead 

of a continuous mode.  The semi-batch operation would harness the increase in moles in the 

hydrogen formation reaction to overcome pressure drop losses through the membrane.   

The membrane used in this work consisted of a thin, dense silica-alumina layer deposited over a 

graded porous alumina support.  Extensive work has already been reported on the preparation [158] 

and use [159] of this membrane, and this will not be elaborated here.  The membrane was chosen 

because past work had shown that the addition of Al to the Si in the chemical vapor deposition 

synthesis resulted in membranes with enhanced hydrothermal stability.   From the synthesis 

procedure which used a concentration of tetraethylorthosilicate (TEOS) of 1.94 ×10
-2

 mol m
-3

 and a 
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concentration of aluminum tri-sec butoxide (ATSB) of 5.82 ×10
-4

 mol m
-3

 the nominal Si/Al ratio is 

calculated to be 33.  The actual value could not be determined by chemical analysis because the 

permselective silica-alumina layer was very thin (~200 nm) and the underlying course alumina 

support would give an interference.   

Past work [158] had shown that the permeance of the membrane stabilized after exposure to water 

vapor, and such a treatment was carried out here.  The permeance of the membrane was 2.2 ×10
-7

 

mol m
-2

 s
-1

 Pa
-1

 at 923 K and the selectivity of H2 over CH4, CO and CO2 were 710, 500 and 420, 

respectively.   The permeance dropped slightly to 1.6  10
-7

 mol m
-2

 s
-1 

Pa
-1

 at 873 K with the 

selectivity of H2 over CH4, CO and CO2 being 940, 700 and 590, respectively.    

The reactor configuration is given in Fig. 5.3.  From the difference between the shell i.d. (14 

mm) and the tube o.d. (10 mm) the catalyst bed thickness can be calculated (4 mm).  In an earlier 

study of diffusional effects [ 160 ] the minimum permeance needed in order not to be 

transport-limited was calculated to be 2.5 × 10
-7

 mol m
-2

 s
-1

 Pa
-1

 for a pressure drop of 0.1 MPa and 

a 10 mm o.d membrane tube as used here.  Since the permeance of the membranes used here are 2.2 

×10
-7

 mol m
-2

 s
-1

 Pa
-1

 at 923 K and 1.6  10
-7

 mol m
-2

 s
-1 

Pa
-1

 at 873 K with a pressure drop of 0.3 

MPa, the requirement is fulfilled. 

Fig. 4 presents the effects of pressure on the steam methane reforming in a semi-batch membrane 

reactor at 873 K and 923 K.  The hydrogen flow rates from the tube side of the SBMR at 0.5, 1.0 
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and 1.5 MPa are plotted at 873 K (Fig. 4a) and at 923 K (Fig. 4b) respectively.  When the reforming 

reaction was conducted at 0.5 MPa, the flow of hydrogen continued for almost 60 s.  In a separate 

experiment where the reaction pressure was increased to 1.0 MPa, the flow of hydrogen started at a 

higher rate of 23 µmol s
-1

 (873 K) and 34 µmol s
-1 

(923 K) and continued at a declining rate for 

150-200 s.  As the reaction pressure was increased to 1.5 MPa, the initial flow rate of hydrogen (37 

µmol s
-1

) was higher and lasted for 500-600 s.  The driving force for the permeation of hydrogen 

through the membrane was the difference in the partial pressures of hydrogen on opposite sides of 

the membrane.  Thus, the hydrogen flow from the SBMR lasted at each pressure as long as there 

was a driving force in the system.  As a result of this, the pressure in the shell side decreased 

throughout the process and the observed values are plotted in Fig. 5.5 at each temperature (873 K / 

Fig. 5.5a and 923 K / Fig. 5.5b).  As the reaction pressure was increased, the drop in pressure in the 

SBMR was much higher and lasted longer due to the higher amount of hydrogen in the system. 

When the reaction was conducted at 0.5 MPa, the reactor pressure was dropped to 0.4 MPa for both 

temperatures (873 K and 923 K) in the first 10-20 seconds and did not show any measurable further 

decrease.  When the reaction was conducted at 1.0 MPa, the reactor pressure kept decreasing and 

stabilized at a value of 0.9 MPa (873 K) or 0.7 MPa (923 K) in ~200 s.  When the reaction was 

conducted at a higher pressure of 1.5 MPa, the overall reactor pressure also kept decreasing to reach 

to a value of 1.0 MPa (873 K) or 0.9 MPa (923 K) in ~500 s before the partial pressure of hydrogen 
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in the shell side was equilibrated with the partial pressure of hydrogen in the tube side.  It is worth 

pointing out that at the higher temperature of 923 K, although a larger amount of methane reacted, 

the terminal pressure in the shell side was lower than that at 873 K because of the greater amount of 

hydrogen permeation.  
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Fig. 5.4 Hydrogen permeate flow of semi-batch membrane reactor at a) 873 K and b) 923 K 
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Fig. 5.5 Pressure change in shell side of semi-batch membrane reactor at a) 873 K and b) 923 K 

The model to describe the system uses mostly known physical attributes of the membrane, the 
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dimensions of the catalyst bed and reactor, and the kinetics of the reaction.  Three fitted parameters 

are k, a mass transfer coefficient, exV, the extraneous volume of the system, and SH2O, the membrane 

water-to-hydrogen selectivity parameter.   

To optimize the two constants, k and exV, calculations based on the reactor model were used.   

This was carried out in a trial-and-error manner, by inputting values of the parameters and 

calculating hydrogen permeate flow curves.  It was also necessary to obtain the selectivity 

parameter, and this was derived from the pressure drop curves.     

For conditions of 923 K and 1.5 MPa initial pressure, Fig. 5.6 shows the hydrogen permeate flow 

for a value of exV of 5.0 and variable values of k.  The curves with k = 10
-3

 and k = 10
-4

 are almost 

the same, so seemed to reach a limit.  A value of k = 10
-5

 was chosen for further calculations 

because the curve did not reach the limit line and was close to the experimental points.   
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Fig. 5.6. Effect of k on the H2 permeate flow in semi-batch operation at 923 K and 1.5 MPa initial 

pressure. 

 

A longer time simulation was carried out and the results are shown in Fig. 5.7.  In this figure, k 

was fixed at 10
-5

 and exV was varied.  When exV = 7.5, the curve showed an excellent fit to the 

experimental values.   
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Fig. 5.7.  The effect of exV in H2 permeation flow in 500 s simulation 

 

 

During semi-batch reactor operation, the total pressure in the shell side was measured.  The 

result of total pressure measurement at 923 K and 1.5 MPa initial pressure is shown in Fig. 5.8.  

Simulations with Polymath were also conducted and the results are also shown in Fig. 5.8.  The 

shapes of the curves for total pressure drop were similar to the experimental results, but the fits 

could not account for the drop in pressure except at exV = 0.  This is because  the membrane 

selectivity was assumed to be 100% for H2 and did not account for the passage of one other gas that 

was present in the system, namely H2O.  As will be presented below, consideration of the passage 

of steam, which occurs to a small degree, does not affect the conclusions so far because steam does 
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not affect the hydrogen permeance.  However, taking into account the passage of steam does 

explain the observed decrease in total pressure.  
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Fig. 5.8 Simulation results for pressure drop in the semi-batch membrane reactor 

 

For further improvement of the simulation model, especially the fitting of the total pressure on the 

shell side, the permeation of water vapor was considered.  The silica membrane used in this study 

has high selectivity for the other gases (CH4, CO, CO2).  According to reports in previous studies, 

in silica membranes the permeance of steam can be estimated to be 4-10% of H2 permeance [84, 

161].  The result of the simulation considering steam permeation is shown in Fig. 5.9.  The two 

variables k and exV were fixed at 10
-5

 and 7.5, respectively.  The ratio of steam permeance over 
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hydrogen permeance was varied from 0-20% and is referred to as SH2O/H2 in the figure.    Because 

of the permeation of steam, the total pressure showed a short, steep drop at the beginning but then its 

decrease became more moderate because of the increase in moles during reaction.  When SH2O/H2 = 

0.04, the calculated total pressure matched the experimental results quite closely. In the following 

Fig. 5.10, the hydrogen permeance curves were re-calculated (solid curves), but with the increase in 

steam permeation, the permeate flow of hydrogen was scarcely affected.  The calculations indicate 

that the previously obtained parameters (k = 10
-5

, exV = 7.5) need not be changed.  The figure also 

shows the permeate flow of steam (dashed curves) and these demonstrate substantial changes with 

selectivity, as expected.  Meanwhile, the total amount of hydrogen produced decreased because of 

the loss of the reactant in the catalytic shell side.  However, with consideration of the steam 

permeation (SH2O/H2 = 0.04), the total amount of hydrogen was calculated as 4.87×10
-3

 mol, which is 

quite close to the experimental value (Table 5.8).  It was not possible to measure the actual steam 

permeance because of analytical limitations, but the selectivity of SH2O/H2 = 0.04 agrees with past 

reported measurements [84, 161]. 
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Fig. 5.9. Total pressure drop calculations varying water vapor permeation at 923 K.  

SH2O/H2
: 
the ratio of steam permeance over hydrogen permeance (membrane selectivity for steam)   
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Fig. 5.10.  Calculated permeate flows of H2 and H2O 

 

Table 5.7 shows the productivities of hydrogen obtained for the SBMR and the continuous 

membrane reactor at 873 K and various pressures (0.5-3.0 MPa).  The third and fourth rows list the 

experimental and simulated hydrogen productivities obtained in the semi-batch reactor.  The 

one-dimensional model estimations matched the experimental values at a pressure range of 0.5-1.5 

MPa.  The fifth and sixth rows list the results of the continuous membrane reactor.  The hydrogen 

productivities in the continuous membrane reactor were smaller than in the SBMR, especially at 

higher pressure. 
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Table 5.7.  Experimental and simulated H2 productivities obtained from semi-batch and 

continuous membrane reactors at 873 K 

Temperature (K) 873 

Pressure (MPa) 0.50 1.0 1.5 2.0 2.5 3.0 

Semi-batch membrane 

reactor 

(exp.) (mol) 

5.57×10
-5

 9.81×10
-4

 4.43×10
-3

 - - - 

Semi-batch membrane 

reactor 

(sim.) (mol) 

6.47×10
-4

 1.73×10
-3

 3.40×10
-3

 5.46×10
-3

 7.49×10
-3

 9.62×10
-3

 

Continuous membrane 

reactor 

(exp.) (mol) 

3.04×10
-4

 3.52×10
-4

 6.93×10
-4

 - - - 

Continuous membrane 

reactor 

(sim.) (mol) 

2.18×10
-4

 3.69×10
-4

 4.96×10
-4

 6.11×10
-4

 7.16×10
-4

 8.14×10
-4

 

 

A similar comparison at 923 K is shown in Table 5.8.  Compared to Table 5.7, both of the 

experimental and calculated hydrogen productivity were larger at 923 K for all the conditions, as 

expected.  The calculated hydrogen productivities in the SBMR were much higher than the ones in 

the continuous membrane reactor when the reforming reaction was conducted at 1.0 MPa or higher. 

Both the experimental results and the numerical simulations indicate that the application of the 

semi-batch reactor is beneficial when the reaction takes place at high pressures.   
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Table 5.8.  Experimental and simulation H2 productivities obtained from semi-batch and 

membrane reactors at 923 K 

Temperature (K) 923 

Pressure (MPa) 0.50 1.0 1.5 2.0 2.5 3.0 

Semi-batch 

membrane reactor 

(exp.) (mol) 

1.34×10
-4

 1.17×10
-3

 4.90×10
-3

 - - - 

Semi-batch 

membrane reactor 

(sim.) (mol) 

9.65×10
-4

 2.90×10
-3

 4.87×10
-3

 7.26×10
-3

 9.76×10
-3

 1.23×10
-2

 

Membrane reactor 

(exp.) (mol) 
3.82×10

-4
 6.55×10

-4
 8.84×10

-4
 - - - 

Membrane reactor 

(sim.) (mol) 
2.99×10

-4
 5.31×10

-4
 7.31×10

-4
 9.13×10

-4
 1.08×10

-3
 1.24×10

-3
 

Ideal semi-batch 

membrane reactor 

(sim.) (mol.) 

3.12×10
-4

 6.56×10
-4

 1.02×10
-3

 1.40×10
-3

 1.78×10
-3

 2.17×10
-3

 

 

In the last row of Table 8, shows the simulation results of an ideal semi-batch operation.  In an 

ideal configuration, the catalyst bed and membrane would substantially extend lengthwise and 

would comprise almost the entire volume of the reactor and the exV would be zero.   It can be seen 

that the hydrogen productivities are the highest for this case, as expected because of full utilization 

of the membrane.  It is envisioned that in practice semi-batch membrane reactor systems would be 
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implemented with many units in an arrangement that would allow sequential filling and discharge, 

much like in a commercial pressure-swing adsorption system.    

5.4. Conclusion 

This study examines the feasibility of operating a membrane reactor for hydrogen production in a 

semi-batch mode in order to harness the increase in moles from the stoichiometry of the generating 

reaction so as to produce autogeneous pressure.  Although membrane reactors have been used 

extensively in the past to enhance yields in gas-phase reactions, particularly to overcome 

equilibrium limitations by carrying out simultaneous reaction and separation, this is the first time 

that the generation of pressure has been envisioned.  This is important because many hydrogen 

producing reactions, e.g. reforming, dehydrogenation, aromatization, result in an increase in moles, 

and pressure is a driving force for membrane separation.    

The steam methane reforming (CH4 + H2O  CO + 3H2), a reaction in which the number of 

moles doubles, was studied experimentally in a semi-batch membrane reactor and a membrane 

reactor at various temperatures (873 K, 923 K) and pressures (0.5-1.5 MPa).  A hydrothermally 

stable hydrogen selective silica-alumina membrane was used in the experiments.  Additionally, 

one-dimensional modeling studies of the semi-batch and the membrane reactor were carried out to 

calculate and compare hydrogen productivities. The laboratory scale experiments necessitated an 

extra volume outside the catalyst bed that accommodated the valving needed to isolate the reactor, 
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so the modeling considered diffusion from this extra volume.  In addition, it was found that 

consideration of the permeation of water vapor improved the simulation model, especially for the 

calculation of the total pressure. 

The hydrogen productivities obtained from both the continuous and the semi-batch membrane 

reactor increased with pressure.  The hydrogen productivity at 923 K from the continuous reactor 

was higher than that from the semi-batch reactor at low pressure, but reached similar values at 1.0 

MPa, and was greatly surpassed at 1.5 MPa.  Similar results were obtained at 873 K.  The 

simulation results showed that increasing pressure can enhance the hydrogen productivities of the 

semi-batch reactor above those obtained from the continuous membrane reactor.  This semi-batch 

mode of operation can conceivably be applied in a network of reactors undergoing successive filling, 

reaction, and discharge. 
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List of symbols 

Symbol Units Meaning Value 

Wc J compression energy  

 - efficiency  

R J mol
-1

 K
-1

 gas constant 8.31 

 - heat capacity ratio  

Ph Pa higher pressure  

Pl Pa lower pressure  

ΔH
o
298 kJ mol

-1
 standard enthalpy of formation  

ri mol kgcat
-1

 s
-1

 reaction rate for ith reaction  

ki  reaction constant for ith reaction  

Pi Pa partial pressure of i  

DEN - denominator  

Keqi  equilibrium constant for ith reaction  

Ai  pre-exponential factor for ki  

Ei kJ mol
-1

 activation energy for ith reaction  

Kj  adsorption constant of j  

Bj  pre-exponential factor for Kj  

ΔHj kJ mol
-1

 heat of adsorption of j  

Fj mol s
-1

 molar flow rate of j  

w kg weight of the catalyst  

αi,j - stoichiometric ratio of j in the ith reaction  

Ri mol kgcat
-1

 s
-1

 reaction rate of ith reaction  

Rjp mol kgcat
-1

 s
-1

 permeation rate of j  

𝑃𝑗̅  mol m
-2 

s
-1 

Pa
-1

 gas permeance of j  

a m
2
 membrane area 1.76 ×10

-3
 

Pjf Pa partial pressure of i in feed flow  

Pjp Pa partial pressure of i in permeate flow  

 s residence time in the reactor  

Vex m
3
 extra volume in SBMR operation  

Vcat m
3
 catalyst bed volume 6.03×10

-6
 

Vtotal m
3
 total system volume  

k mol m
-2 

Pa
-1

 mass transfer coefficient  
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FD,j mol s
-1

 molar flow of j  

Dself,j m
2
 s

-1
 self-diffusion coefficient of j  

ΔPj Pa partial pressure difference of j   

exV  dimensionless extra volume  

Nj,cat mol mole of j in catalyst bed  

Nj,ex mol mole of j in extra volume  
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Chapter 6. Overall Conclusion and Future Visions 

For the application of hydrogen-permselective membranes to steam methane reforming in a 

membrane reactor, first the kinetics of the reaction on a Ni/MgO-SiO2 catalyst were studied. 

Second, the synthesis and properties of silica-alumina membranes were also investigated.  The 

steam methane reforming was described by a simple kinetic model. The membrane showed 

excellent H2 permeance as high as 2x10
-7

 mol m
-2

s
-1

Pa
-1

 and H2/N2 selectivity of 500 with enough 

hydrothermal stability for use as the membrane reactor.  The membrane did improve the methane 

conversion by extracting produced hydrogen to the other side of reaction zone. 

As an advanced application, semi-batch operation of the silica-alumina membrane was studied. 

In semi-batch operation, the reactant gas flow of a membrane reactor was intentionally stopped 

then the reaction and permeation continued.  Its behavior was well-described by a mass transfer 

model by allowing diffusion of the reactant from the upstream and downstream sides. 

This thesis showed the possibility of using silica-alumina membranes as a part of a membrane 

reactor or a semi-batch reactor for hydrogen production process.  When a well-designed 

membrane with proper permselectivity and durability is obtained, it can be applied for membrane 

reactors with variety of reactions, conditions, and type of membranes. 

 However, there is still room for improvement.  Silica-based membrane have advantages over 

palladium-based membrane in raw material costs, however, besides the price of the material itself, 
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the time needed for the synthesis of the membrane is also significant.  From this standpoint, the 

silica-alumina membrane used in this thesis needs almost one week to prepare, therefore 

improvements for fast preparation would be needed for practical applications. 

The membrane reactor discussed in this thesis had a simple geometry, only one tubular 

membrane in one catalyst bed in one straight concentric tubular reactor.  Thanks to this simplicity, 

its behavior was able to be described by 1-D calculations.  However, for the optimization of the 

process cost in total, the volume of the catalyst bed, numbers of membranes and its coordination 

including reactor scale and feed flow is needed for considering the cost of each component.  In 

order to help this optimization, the kinetic analysis which explains how hydrogen producing 

reactions proceeds plays a very important role.  The analysis itself requires a certain cost, a 

model to use must be carefully selected based on the reliability and simplicity.  This thesis only 

focused on SMR and WGS, but this knowledge can be expanded to another reaction processes. 

Hopefully a novel hydrogen production process will be developed based on this research. 
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