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Abstract

Natural gas processing is one of the largest industrial gas separation applications
worldwide. Membrane technology is an emerging technology which is increasingly competing
with conventional separation processes. This thesis focuses on the development of hybrid
membranes for the separation of carbon dioxide from methane. Hybrid membranes are promising
materials since they combine the advantages of organic and inorganic materials. Two types of
hybrid materials were investigated; alkylamine silica membranes and mixed matrix membranes.
In the first type, amine groups were incorporated into silica matrix because of the well-known
affinity between amine functionalities and CO,. In the second type, silicoaluminophosphate
zeolite (SAPO-34) was dispersed in polyetherimide polymer because SAPO-34 is selective to
CO; permeation.

The first type of membrane was prepared by depositing an alkylamine silica selective
layer on top of a multilayered alumina support using chemical vapor deposition (CVD). First,
CVD parameters were optimized using (3-aminopropyltrimethoxysilane). It was found that the
best combination used an N/Si ratio of 20% and a reaction temperature of 673 K. The membrane
had a CO, permeance of 2.3x10” mol m?s'Pa™ and an ideal CO,/CH, selectivity of 40
measured at a temperature of 393 K and a partial pressure difference of 0.10 MPa. The
membrane pore size was determined by Tsuru’s method and was 0.40 nm. The surface
morphology and composition were also determined using SEM and XPS analyses, respectively.
The transport mechanism for CO, permeation was facilitated transport and for CH, passage was
gas-translation.

Primary and secondary amine functionalities were studied in order to understand the
relationship between the microstructure and the performance of the membrane. Hybrid
membranes  were  synthesized  using  3-aminopropyltrimethoxysilane  and  (3-
methylaminopropyl)trimethoxysilane as primary and secondary alkylamine-silica precursors,
respectively. An amine free membrane prepared using propyltrimethoxysilane as precusor was
used as reference membrane. The selective layer was also deposited by CVD using the optimum
conditions determined forehead. The amine-free membrane had a CO, permeance of 2.1x10®

mol m?s?*Pa?, a CO,/CH, selectivity of 4 and a pore size of 0.37 nm. The primary amine



membrane displayed a CO, permeance of 2.1x10® mol m?s™Pa™, an ideal CO,/CH, selectivity
of 70 with a pore size of 0.36 nm. The secondary amine achieved a CO, permeance of 1.3x10”’
mol m?s™Pa, an ideal CO,/CH, selectivity of 140 with a pore size of 0.43 nm. The pore sizes
were also estimated by Tsuru’s method. The transport mechanism of CO, throughout the amino-
silica hybrid membranes was surface diffusion. The secondary amino-silica hybrid membrane
was stable for 60 h under a relative humidity of 20%.

Mixed matrix membranes (MMMs) are hybrid materials prepared by dispersing inorganic
particles in a polymeric matrix and are attracting increasing attention for the separation of
CO,/CH,4 mixtures. The zeolite SAPO-34 and polyetherimide were selected as the inorganic filler
and the polymeric matrix for the synthesis of the supported MMMs. Two polymer solvents,
dichloroethane and N-methyl-2-pyrrolidone, were investigated for the preparation, and the
dichloroethane solvent resulted in a membrane with better CO,/CH,4 selectivity. Various
SAPO-34 amounts from 0 to 10 wt% were dispersed in the polymer precursor which was
dissolved in dichloroethane. The membrane with 5 wt% SAPO-34 content presented the highest
performance with a CO, permeance of 4x10™° mol m?s™Pa™and an ideal CO,/CH, selectivity of
60. Based on mixed gas permeances and time-lag measurements, the separation of CO, and CH,4
was found to be dominated by the difference in the gas solubilities. The SAPO-34 decreased CH4
transport by increasing its diffusion pathway. Particle agglomeration was observed at 10 wt%
zeolite loading in the polymeric matrix.

Finally, an economic optimization was performed in order to determine optimum points
within Robeson upper boundary which is a line linking the most permeable polymer membranes
at a particular selectivity. Four gas pairs: CO2/N,, O,/N,, CO,/CH,4, and N,/CH,4 were considered
in the study. The constraints used to limit the optimal points are based on the cost of the
membrane, the number of units required to achieve a specific separation, and the compression
requirements. The total costs include the fees for utilities and capital costs, and interest payments.
The model results are verified against other studies, while initial and targeted parameters are
subject to a sensitivity analysis. The optimum points obtained at an operating pressure of 1 MPa
were for CO,/N, a permeability of 3,200 barrers and a selectivity of 24, for O,/N, a permeability
of 550 barrers and a selectivity of 4, for CO,/CH, a permeability of 2,000 barrers and a
selectivity of 20, and for N,/CH,4 a permeability of 110 barrers and a selectivity of 2. Secondary

alkylamine silica membrane and mixed matrix membrane with 5 wt% SAPO-34 content were



evaluated using the proposed simulation. It was found that the alkylamine membrane resulted in

the lowest operating costs for the separation of CO, and CH, mixtures.
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1.1.  General background

In order to satisfy simultaneously the continuous increase of global energy demand [1]
and the necessity to live in a cleaner environment [2], a highly pure, an economical and an
environmentally friendly energy is needed. Natural gas is considered the cleanest primary energy
that fulfills all the above mentioned requirements since it emits 30% less of greenhouse gases
than conventional fossil fuel (oil, coal). Generally, over 70% of natural gas is formed by methane.
Methane has several applications in various fields such as steam heat production, power
generation, manufacturing, polyethylene synthesis. However, the crude gas contains also a
mixture of various impurities (Table 1). As it can be seen, natural gas contains hydrocarbons
such as ethane, propane, butane, and non-hydrocarbons such as carbon dioxide, nitrogen. The
composition depends on the gas well [3]. In order to meet the usage and shipment quality
standard specifications [4], most of the impurities must be removed. Carbon dioxide (CO,), in
particular, appears in high percentage in the composition of the raw gas (up to 70% of the total
raw gas volume) [5]. This acid gas reduces the heating value of natural gas, corrodes process
equipment, and freezes at a relatively high temperature. Therefore, it needs to be removed. There
are several CO, removal processes available. Absorption processes including chemical and
physical absorption, adsorption processes including thermal swing adsorption, pressure swing
adsorption and displacement desorption, cryogenic processes, and recently, membrane
technology. Generally, membranes can compete with conventional gas separation technologies
especially in small scale processing plants [6,7]. Khol et al. [8] stated that compared to
aforementioned separation processes membranes have “ low capital investment, ease of
operation, automatized process, good weight and space efficiency, minimal associated hardware,
no moving parts, ease of installation, flexibility, minimal utility requirements, low environmental

impact, reliability, ease of incorporation of new membrane developments”.



Table 1: Typical composition of natural gas [9]

Component Typical analysis (vol%b) Range (vol%o)
Methane 94.9 87.0-96.0
Ethane 25 1.8-5.1
Propane 0.2 0.1-15
Isobutene 0.03 0.01-0.3
n-Butane 0.03 0.01-0.3
Isopentane 0.01 Traceto 0.14

n-Pentane 0.01 Trace to 0.14

Hexane 0.01 Trace to 0.06
Nitrogen 1.6 1.3-5.6
Carbon dioxide 0.7 0.1-1.0
Oxygen 0.02 0.01-0.1

Hydrogen Trace Trace to 0.02

1.2.  Membranes for natural gas purification

Membrane technology is steadily gaining an important role in gas separation technology
[10]. Membranes are selective barriers capable of allowing specific substances to pass through
while retaining other components. Membrane material design (MMD) and membrane system
engineering (MSE) are two defined areas in the field of membrane science and technology [11].
Membrane material design is used to select membranes for a particular application taking into
account criteria such as stability, robustness of the material at operating conditions, productivity
and separation efficiency [12]. However, membrane system engineering uses other parameters
such as capital cost, operational simplicity, space and weight efficiency, ease of scalability and
low power consumption when designing membrane technologies.

The most important properties of membranes for determining their performance are
permeance and selectivity [13]. Permeance is an intrinsic property of the material that describes
the gas flux transported for a specific pressure difference and membrane thickness. Permeances

are calculated by using Eq. (1):



b= TaF, Eqg. (1)

where P, is the permeance of species i [mol m%s*Pa '], F; is the molar flow rate of the gas i
[mol s, A iis the surface area of the membrane [m?] and AP; is the partial pressure difference of
a gas i between the inner and the outer side of the membrane tube [Pa].

Whereas, the selectivity reflects the efficiency of a membrane to separate one gas from another.
The selectivity is designated as “ideal selectivity” or “permselectivity”, when the permeance
measurements involve pure single gases. In this case, the selectivity is the ratio of pure gas
permeance of two species i and j. The permeance measurements are carried out at the same
experimental conditions such as same temperature and partial pressure difference [14,15]. The

ideal selectivity is written as follow:
af ;== Eqg. (2)

where a; ; is the selectivity of a specie i over j [-], P; and P; are the permeances of species i and j,
respectively [mol m s *PaY].

However, the selectivity is denoted as “separation factor” or “separation selectivity”, when
mixed or binary gases are used for permeance measurements,. The separation selectivity can be

written as the ratio of mole fractions of gases [14,16] as written in EqQ. (3).

Yiy
ai/, — ( /y.J)Permeate Eq (3)
]

where y; and y; are the mole fractions of species i and j at the permeate side and x; and x; are the
mole fractions in the feed side.

The permeance can also be expressed by gas permeation unit (GPU), where 1 GPU = 1x10®
cm®(STP) cm™?s cmHg™ = 3.35x10™*° mol m?s™*Pa™.

Often membranes exhibit a trade-off relationship between permeability and selectivity. The
permeability is the gas permeance normalized to the membrane thickness. For instance, high

selectivities lead to high gas flux resistance resulting in low permeabilities. Robeson [17,18]



summarized the behavior of different polymeric membranes toward various pair gases leading to
the concept of the empirical upper bound. The upper bound is a locus of points, usually a line,
where the optimum selectivity and permeability are obtained. The Robeson diagram often plots
the gas permeability as a function of gas pair selectivity. The gas permeability in the Robeson
diagram is often expressed in barrer, where 1 barrer = 3.3x10™*° kmol m m™s?*Pa™. larikov and
Oyama [19] compared the performance of several types of membranes used for CO,/CH,4
separation as shown in Fig. 1. The shaded area in this figure indicates the most desirable region
for membrane performance, with a permeance above 1x107 mol m?s™Pa™ and an ideal CO,/CH,
selectivity over 40. This region represents membranes with a superior performance compared to
commercially available systems [19]. From Fig. 1, various membranes for CO,/CH, separation
can be distinguished and can be classified into three main categories; polymeric, inorganic and
hybrid membranes.

1000
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Fig. 1: Carbon dioxide/ Methane ideal selectivity plotted against carbon dioxide permeance (in

barrers) for different membrane systems with a membrane thickness of 1 pm [19].

1.2.1. Organic membranes
Organic membranes are generally composed of polymers. They are widely used in gas
separation due to the low cost, the simplicity of processing, and the ease to scale up [19,20].

They are classified based on their ability to operate either above (rubbery polymers) or below
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(glassy polymers) their glass transition temperature. Polymeric membranes are generally formed
by a thin non-porous selective layer supported on a thicker porous layer [19]. They separate gas
by solution-diffusion mechanism (see section 1.4.4. Solution-diffusion).

Among polymeric membranes, membranes that operate by facilitated transport have been
found to exhibit good performance for CO, separation [21,22,23,24]. These membranes consist
of a carrier agent which is incorporated into the membrane material to react reversibly and
selectively with the targeted gas, while the unreacted gases permeate by a solution-diffusion
mechanism. For the separation of CO,, polyallylamine, 2-aminoisobutyric acid potassium salt
[21], chitosan [22] and DL-2,3-diaminopropionic acid hydrochloride [23] have been employed as
carrier agents. Facilitated transport membranes can have either immobilized carriers in which the
carrier agent is fixed to a support matrix by chemical bonding, or can have mobile carriers in
which the carrier agent can move through the membrane. Yegani et al. [23] prepared a polyvinyl
alcohol-polyacrylic acid copolymer membrane containing a mobile carrier and achieved a CO,
permeance of 1.10x10” mol m?s?Pa™ and a CO,/N, selectivity of 432 at 433 K under humid
conditions. Kai et al. [25] synthesized a polyamidoamine dendrimer composite membrane and
obtained a CO, permeance of 8.0x10”° mol m?s™Pa® and CO./N, selectivity of 150 at 313 K
with durability exceeding 1000 hours.

However, polymeric membranes suffer from the ease of plasticization in contact with
highly pressurized CO, [26]. As a result, processes for CO, separation using organic membranes
were usually performed at relatively low temperatures [27].

1.2.2. Inorganic membranes

Inorganic membranes are useful for CO, separation under high temperature and pressure
when organic based membranes are not functional [28,29]. They are mainly zeolite membranes
[2630,31,32,33,34], silicate based membranes [35,36], and silica membranes [37,38,39].

Zeolite membranes are promising membranes. Zeolies are crystalline aluminosilicates
with well-defined repeating pore structure [19]. They separate gas molecules by molecular sieve
effects and favor the adsorption of CO, over CH, on most zeolites (see section 1.4.2. Surface
diffusion or molecular sieving). Several zeolites are effective for CO,/CH, separation since
they have pore size similar to CH, but larger than CO,. Silicoaluminophosphate (SAPO-34), T-
type zeolite and deca-dodecasil 3R (DDR) are zeolites that have 0.38, 0.41, and 0.36 nm pore



diameter, respectively. Li et al. [31] synthesized SAPO-34 membrane in situ by crystallization
onto porous stainless steel support, and obtained a CO, permeance of 5x10”" mol m?s*Pa™ and a
CO,/CHy, selectivity higher than 200 at 295 K for a feed pressure of 138 kPa and a 50/50 feed.
Cui et al. [26] synthesized T-type zeolite membrane and obtained a CO, permeance of 2x10°
mol m?s™Pa™ and a CO,/CHj, selectivity of 266 at 343 K in single gas experiment. Tomita et al.
[33] prepared DDR membranes and obtained a CO, permeance of 7x10® mol m?s*Pa™ and a
CO,/CHy, selectivity of 220 at 301 kPa for a pressure drop of 0.5 MPa. However, even though
high performance was obtained, zeolite membranes suffer from formation of defects when

produced at bigger scale due to their crystalline structures [40,41].

1.2.3. Hybrid membranes
Mixing both organic and inorganic materials is away to improve membrane performance.
Hybrid membranes consist then in either incorporating inorganic materials into organic matrix or

adding organic groups into inorganic matrix.

1.2.3.1. Mixed matrix membranes

Mixed matrix membranes (MMMs) are hybrid materials prepared by dispersing inorganic
materials into continuous polymeric matrix. The MMMs associate the merits of both polymers
such as low cost, high flexibility and easy processing and inorganic particles such as high
permeability and high selectivity [42]. Inorganic fillers include various materials such as zeolites
[43], carbon molecular sieves [44,45,46], activated carbons [47], mesoporous materials [48],
non-porous silica [49], organic metallic framework [50], graphite [51]. They are classified into
porous and non-porous fillers. Porous materials separate gases by molecular sieving, whereas,
non-porous materials increase the permeated diffusion path of gas molecules within the
polymeric matrix increasing, hence, the selectivity of small molecules compared to larger one
[52]. Porous materials, especially zeolites, showed the best gas selectivity. Zhang et al. [53]
reported the use of Matrimid® and mesoporous ZSM-5 nanoparticles. The separation of H,/CHy,4
improved from 83.3 to 169. Hosseini et al. [54] developed a MMM by mixing Matrimid® with
MgO nanoparticles. The membrane was post-treated by immersed in silver solution. The best
performance was obtained at 20 wt% MgO loading after 10 days of silver treatment. The

CO,/CHy, selectivity increased by 50%. Sadeghi et al. [55] incorporated silica nanoparticles into



polybenzimidazole matrix. The silica nanoparticles increased the solubility but decreased the

diffusivity of gases. The permeabilities of condensable gases such as CO, and CH,4 were higher

whereas the permeability of non-condensable N, gas was lower.

Despite improvements obtained by adding inorganic fillers, these composite membranes
still suffer in some cases from material incompatibility leading to the formation of voids or
defects between the polymer chains and the inorganic filler resulting in higher gas diffusion [56].
Three main methods were investigated in order to improve polymer/sieve interaction [28,57]:

e Preparation of hybrid materials with van der Waals forces or hydrogen bounds interactions
[58],

e Addition of small amount of polymer solution to nanoparticle suspension before mixing with
the whole polymer precursor. This procedure defined as “priming” tends to minimize the
stress at the polymer/nanoparticle interface [59].

e Reaction of silanes simultaneously with hydroxyl groups, amine groups and/or other
functional groups from the zeolite and/or the polymer [60,61,62,63,64,65,66].

1.2.3.2. Composite carbon membranes

Carbon membranes are obtained after the pyrolysis of polymeric membranes. Several
steps are involved in the preparation of carbon membranes [67]. Parameters selected in each step
are essential to determine the characteristics of the resultant membrane. For instance, when
selecting the polymer precursor, many factors should be taken into account such as aromatic
carbon content, glass transition temperature, chemical stability and mechanical properties [68,69].
They determine the physico-chemical properties and the pore size of the resultant membrane.
Polyimides [70], polyetherimides [71] and phenolic resins [72] satisfy those criteria and are
usually chosen.

The gas permeability of the existing pure carbon membranes does not satisfy commercial
requirements due to the disordered pore structure of the carbon matrix. In fact, Zhang et al. [73]
and Huang et al. [74] stated that carbon membranes are brittle and demonstrated that the
microstructure of the carbon matrix consists of disordered inter-connective nano-channels
formed by the inter-granular holes (supermicropores) packed by the carbon microcrystals and the
space (ultramicropores) existed between the carbon sheets. Therefore, high diffusion resistance
of the gas molecules permeating through the membrane is generated. Supported carbon



membranes can overcome this deficiency by reducing the thickness of carbon layer to a range of
less than 1 um [75,76,77]. However, the disordered inter-connective nano-channels remain in the
pure carbon matrix. They would still extend the gas permeance through the membrane. Recently,
embedding inorganic particles into carbon membranes, particularly crystalline molecular sieve
particles such as zeolites or ordered silica, has emerged as an efficient strategy for enhancing the
transport properties. The gas separation permeability and selectivity of the new mixed matrix
carbon membranes improved compared to pure carbon membranes or polymeric ones. This
enhancement in membrane performance is related to the molecular dimension of the inorganic
fillers. They open a special shaped and sized void that allows a specific gas to permeate faster
[78]. Li et al. [78] prepared new mesoporous composite membrane by inserting ZSM-15, SBA-
15 and MCM-48 particles into polyamic acid matrix and then carbonized the obtained membrane.
They achieved a high CO, permability going from 1210, 1618 and 2485 barrers, respectively,
with a high selectivity of 136, 170 and 146 correspondingly. Li et al [79] incorporated SAPO-34
crystals into a phenolic resin precursor. The membrane showed a CO, permeability of 3763
barrers for a selectivity of 87. Yin et al. [80] fabricated a Zeolite L/Carbon membrane using the
polyfurfurylalcohol as polymer precursor and attained a permeability of carbon dioxide of 683
barrers with selectivity of 35.7. Lie et al. [81] added metal oxides and metal nitrate into carbon
membranes. The modification increased micropore volume of the carbon matrix and promoted
electronic interactions with CO, which can utilize the surface diffusion mechanism for enhanced

CO; transport. The highest CO, permeance was 180 barrers with a CO,/CHj, selectivity of 130.

1.2.3.3. Silica modified membranes

Surface modification of silica matrix can dramatically change the chemical and the
physical properties of materials. This technology is utilized in diverse fields including catalysis,
semiconductors, and optics. Surface functionalization has been carried out in membrane
technology to enhance CO, transport using phenyl and amine groups. Smaihi et al. [82]
synthesized inorganic-organic hybrid membranes using phenyl groups by means of a sol-gel
method reaching a CO, permeance of 2.3x10° mol m?s™Pa™ with a CO,/N; selectivity of 15 at
298 K. Okui et al. [83] used membranes with several organic functionalities such as methyl,

propyl, 3-chloropropyl, (3, 3, 3-trifluoropropyl), octadecyl and phenyl groups. The membrane



having phenyl groups was the most efficient, giving a CO, permeance of 1.6x10® mol m?s*pPa™
and a CO,/CHy, selectivity of 6 at 298 K.

Amino group functionalized membrane materials are particularly effective for CO,
separation and are believed to work by forming carbamates in a reversible manner
[84,85,86,87,88]. During the separation, intermediate species are formed by the adsorption of
CO; on the surface near the pore entrance. These species react with adjacent amine groups,
resulting in the formation of carbamates. The gas diffuses into the pores using concentration
difference (pressure difference) as the driving force. Consequently, the gas is transported by
repetitive adsorption and desorption and the selectivity of CO, can be increased along with its
permeance in contrast to other gases such as N,, H, and CH,4 [89,90,91]. Sakamoto et al. [92]
prepared amine-modified mesoporous silica membranes on porous alumina supports by sol-gel
and spin-coating methods and reported a low CO, permeance of 1.0x10”° mol m?s™Pa™ but a
high CO,/N; selectivity of 800 at 373 K using a 20/80 CO,/N, gas mixture. Xoremitakis et al.
[93] fabricated aminosilicate microporous membranes via a sol-gel process, resulting in a CO;
permeance of 2.8x10® mol m?s*Pa'and a CO,/N; selectivity of 70 at 295 K for a ternary No-
CO2-H,0 gas stream of variable composition (1-20 vol.% COj-balance N, 0-40% relatively
humidity). Ostwal et al. [89] modified a VVycor support tube using 3-aminopropyltriethoxysilane
and obtained a CO, permeance 2.6x10™° mol m?s™*Pa™* with a CO./N, separation factor of 10 at
393 K using mixed gases. Hyun et al. [94] modified y-Al,O3; /TiO, composite membranes by
phenyltriethoxysilane and obtained a CO, permeance of 3.4x10® mol m?s™Pa™ and CO,/N;
selectivity of 1.7 at 363 K. Kang et al. [95] synthesized y-Al,O3; composite membranes with a
microporous silica layer using acidic silica solution to separate CO, and N,. The membrane had a
CO, permeance of 3.4x10” mol m?s™*Pa™ and a CO,/N, selectivity of 2.1. Chen et al. [96] made
a hybrid membrane by adjusting a polymer silica hybrid matrix with a low molecular weight
poly(ethylene glycol) dimethyl ether. In single gas measurements, the membrane containing 50
wt% additive showed CO, gas permeability of 1600 barrers and CO,/H, selectivity and 13 at 308
K. Chua et al. [97] mixed polyetheramine with polyhedral oligomeric silsesquioxane to
selectively separate CO, from N,. The mechanical strength of the obtained membrane was
improved and the CO, permeance reached 380 barrers with a CO,/N, selectivity of 39 at 308 K.
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1.3.  Chemical vapor deposition

Amine-modified silica can be deposited either by sol-gel or chemical vapor deposition
(CVD) methods. Sol-gel method leads to the formation of a porous layer when sol species is
converted to gel state. This transition is achieved after a drying-calcining step at an appropriate
temperature [98]. Paradis et al. [99] used a sol-gel procedure to prepare amino-silica hybrid
membranes. Primary, mixed primary and secondary alkyl amino silicate and imidazole
precursors were investigated. They reported a CO,/N, selectivity of 4.9 at 423 K using a primary
alkyl amine precursor (3-aminopropyltriethoxysilane). Xomeritakis et al. [100] synthesized
membranes using 3-aminopropyl triethoxysilane as sol-gel precursor and obtained a CO,
permeance of 2.58x10® mol m?s?Pa™ and CO./N, selectivity of 70 at 295 K. However,
Gopalakrishnan et al. [101] stated that gas selectivity of membrane produced by the CVD
method is much higher than that of membranes prepared by the sol-gel method. Li [102] stated
that CVD is a reproducible method giving a defect free thin layer compared to the sol-gel method.

Chemical vapor deposition is “a process where gas phase molecules are decomposed in
some manner to leave behind solid materials” [103]. In CVD, the reactants in the gas phase are
simultaneously introduced into a preheated reaction chamber on the same or opposite sides of a
substrate and reacted to form a permeable and selective solid layer [104,105,106,107]. The CVD
has been successfully applied for the deposition of metal oxide or silica layers on the surface of
porous and non-porous substrates [108,109,110,111,112]. Only few works report the deposition
of amino-silica selective layers using the CVD method for the CO,/CH, separation. Han et al.
[113] deposited 3-aminopropylmethyldiethoxysilane by CVD on a ceramic support and obtained
a CO, permeance of 3.7x10°® mol m?s*Pa™ and CO,/N, selectivity of 20 at 923 K.

1.4.  Transport mechanism

Gas transport through a membrane depends on both membrane material and gas molecule
chemical and physical properties. In porous membrane materials, various mechanisms may occur
such as Knudsen diffusion, surface diffusion, gas-translational diffusion mechanisms [114].
However, in non-porous materials such as polymers, solution-diffusion is the main transport

mechanism.
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1.4.1 Knudsen diffusion
The Knudsen diffusion takes place when pore diameter is smaller than mean free path of
the gas molecules. Gas molecules are transported while bumping on the pore wall (Fig. 2). The

Knudsen permeance is presented by Eq. (4).

B = ﬂ(L)l/ 2 Eq. (4)

Tl \9TMRT

where ¢ is the porosity of the membrane, t the tortuosity of the membrane, M the gas molecular
weight [g mol™], R the gas constant, dp the pore diameter [nm], | the membrane thickness [m]

and T the temperature [K].

~ g -

Fig. 2: Knudsen diffusion mechanism [114].

1.4.2 Surface diffusion or molecular sieving

Gas molecules are transported by surface diffusion at low temperatures when the
interaction between the pore wall and gas molecules becomes strong compared to their Kinetic
energy. This mechanism becomes important with relatively small pores because of the relatively
high proportion of surface area compared to pores volume (Fig. 3). In the surface diffusion
mechanism, gas molecules adsorb onto the surface of the membrane at the pore entrance, diffuse

through the membrane, and desorb at the pore exit. The mechanism can be expressed as follow:

S KoD AH,—AE
Psp = £ ? : exp( SD) Eq. (5)
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where p is the gas density [kg m™], K, the adsorption equilibrium constant, D, the diffusion
coefficient [m? s™'], AH, the enthalpy of adsorption [J mol™] and AE the energy barrier for gas
molecule to move to other adsorption sites [J mol™], | the membrane thickness [m] and T the

temperature [K].

Fig. 3: Surface diffusion mechanism [114].

1.4.3 Gas-translational mechanism
The gas-translational mechanism occurs with condensable gas molecules in small pores.
The diffusing gas molecules cannot totally escape the surface potential because of the small

distance separating the pore walls (Fig. 4). The mechanism can be written as follow:

Por =22 (o) " oxp (-22) "0

where ¢ represents the porosity, d, the diameter of pores [m], z the tortuosity, L the membrane
thickness [m], a, the probability of the velocity in the right direction [m s, , and 4E the energy

barrier to be overcome [J mol™], M the gas molecule molecular weight [g mol™] and T the

permeation temperature [K].
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Fig. 4: Gas-translational mechanism [114]

1.4.4 Solution-diffusion

The solution-diffusion mechanism occurs in dense non-porous membranes such as
polymeric membranes. Gases pass through dense membranes by sorption into the membrane
surface, diffusion through the membrane and desorption at another site (Fig. 5). Therefore,
permeance is the product of diffusivity (D) and solubility (S) of gases in the membrane
normalized by membrane thickness as shown in Eq. (7). Solubility coefficient is a
thermodynamic parameter. It evaluates the amount of the penetrant gas sorbed by the membrane
under equilibrium conditions. It is related with the condensability of the gas species and the
interaction between the gas species and the membrane material. It depends on operating
conditions (temperature, pressure, and composition). On the other hand, diffusion coefficient is a
kinetic parameter which indicates how fast a penetrant gas is transported through the membrane.
It depends on the gas species properties (size, shape, and polarity) and nature of the membrane

(physical and chemical structure) [14].

P =— Eq. (7)
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Fig. 5: Solution-diffusion mechanism [115].

1.45 Time-lag method

Solubility and diffusivity can be evaluated experimentally using the time-lag method
[116]. The time-lag reflects the time that the gas takes to diffuse through a membrane and is
inversely proportional to the gas diffusion coefficient. Experimentally, the time-lag can be
estimated by first, purging both sides of the membrane using an inert gas, then, injecting a
precise volume of the investigated gas to the surface of the membrane, after that, measuring the
evolution of the permeated gas by the means of a thermal conductivity detector. The time delays
resulting from the experimental set up are calibrated. It is the time the investigated gas will take
to go from the tank to the surface of the membrane and from the permeation side to a detector.
The expression for the permeance across a cylindrical body in a transient state is written as
shown in Eq. (8) [117, 118]:

1¢—12+(r¢+1¢)In :—C
= ZEL00Ders < L (°)> Eq. (8)

VTR D0r ()
where Q represents the total gas permeated [mol], t the time [s], ¢ the porosity, L the length of the
cylinder [m], Def the effective diffusion coefficient [m?s™], r, the internal radius [m] and r. the
external radius [m].

The diffusion path is defined by the product of the outer radius (r;) and the tortuosity (z ) of the
membrane.

The concentration of dissolved gas,Cy, is given by Henry’s law (Eq. (9)).
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Co = SP Eq. (9)

where S is the solubility of the gas in the liquid [mol m>pa™].
The time-lag is measured when the concentration will reach a steady state. It can be estimated

from the intercept on the time axis (Eq. (10)), while, the flux in the steady state flux is given by
the slope of the asymptote, m., (Eq. (11)).

r%—r%+(r5+r%)ln(;—;)

tlag = 4Deff1n(;—g) Eq (10)
My = w Eq. (11)
ln(a)

From Eq. (10) and Eq. (11) the effective diffusion coefficient D¢ and solubility S can be
re calculated (Fig. 6).

w

(18]
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Q

)

[30]
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= 67

lag Time

Fig. 6: Calculation of the effective diffusion coefficient and solubility using time-lag method

1.5. Robeson upper boundary

The Robeson upper boundary is an empirical correlation that relates the best permeability

and selectivity values for polymer membranes, and serves as a goal for development of new
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materials. However, the relationship has just been accepted as such, and it has been assumed that
all points on the line are equally acceptable.

Extensive research has been carried out in the economical optimization of membrane
processes. For example, Low et al. [119] investigated the performance of different polymeric
membranes for the separation of CO, from flue gas based on the variation of the operational
parameters such as the feed-to-permeate pressure ratio, the relative humidity, the temperature
and the operational modes such as vacuum on the permeate side and/or compression on the feed,
single or two-stage configurations. The study showed that for all cases higher CO, permeance
led to lower required membrane area and higher CO,/N; selectivity resulted in lower energy
requirements for the separation. Ramasubramanian et al. [120] reported the effect of operating
conditions and membrane price to the overall cost for separating CO, from post-combustion flue
gases. A membrane with a CO, permeance of 9.9x10” mol m?s™*Pa™ and a CO,/N; selectivity of
140 operating at close to atmospheric pressure and using an air-sweep process can achieve a CO,
recovery of 90% and a purity of 95% at a cost <$24t™ CO,. Hinchliffe and Porter [121] used
permeability and selectivity as parameters to economically optimize the separation of hydrogen
and carbon monoxide through two commercially available membranes and compared the results
with cryogenic flash distillation. The evaluation showed that membrane gas separation requires
the optimization of the extent of separation. The minimum cost was found to be at a purity
between 95 and 96% over a range of recovery between 85 and 97%. At the optimum separation
conditions, the cost of separation was less than 60% that of cryogenic separation. Qi and Henson
[122] considered the case of CO,/CH, separation in spiral-wound permeators for natural gas
treatment and oil recovery applications. The effects of the operating conditions, membrane
properties, and economic parameters were investigated, and two different membrane
configurations were considered for treating natural gas. A three-stage system with residue
recycle was found to yield lower costs than a two-stage system with permeate recycle. Singh
[123] optimized the cost of hydrogen extraction from multi-component mixtures in a membrane
unit and investigated the influence of the membrane area, operating conditions and feed
composition. The simulation assumed that the permeability of each component was the same as
that of the pure species and was independent of pressure, as well as steady-state, plug flow, no
concentration gradients, and uniformity of the membrane thickness. It was found that increases

in the surface area of the membrane increased not only the degree of separation but also the
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process cost. Several approaches to economic analysis of membranes have been described. For
instance, Vareltzis et al. [124] reported the optimization of zeolite membranes by simulating the
nonlinearity of the generalized Maxwell-Stefan distribution. Prasad et al. [125] stated that
operating pressure is a key point in a membrane process. Increasing operating pressure can
decrease the membrane area and increase product recovery. The objective of the simulation was
to maximize purity and recovery while satisfying the constraints of the membrane. Mopharthi et
al. [126] analyzed the economical viability of silica and palladium composite membrane reactors
as dehydrogenation reactors. The analysis compared these reactors with conventional reactors
and separators. Lim et al. [127] analyzed the general permeance requirement for a given diameter
of membrane tube based on an empirical finding of sizes of chemical reactors. It was found that a

permeance of 107 mol m?s™Pa™ was needed for commercial operation.

1.6. Research objectives and thesis overview

This work develops two types of hybrid membrane materials in an attempt to improve the
separation of CO, from CH,. First, organic groups (amine functional group) were incorporated
into an inorganic matrix (silica). Then, an inorganic material (SAPO-34) was dispersed into an
organic matrix (polyetherimide). Finally, optimum points within the Robeson upper boundary for
various gas pairs were determined based on the cost of the membrane, the number of membrane
units required to achieve a specific separation, and the compression requirements. .

The thesis is divided into 7 Chapters. Chapter 1 gives an explanation about basic
concepts, and introduces the background knowledge for this research. Chapter 2 deals with the
synthesis of amine-modified silica membranes in order to improve the CO,/CH, separation. The
work determines the chemical vapor deposition optimal conditions to synthesize hybrid silica
membrane using 3-amino-propyltriethoxysilane and characterizes the obtained membranes.
Chapter 3 investigates two sorts of alkyl-amines and tries to understand the relationship
between the micro-structure and the performance of the obtained hybrid membranes. Chapter 4
studies the effect of the incorporation of different amount of CO, selective zeolite (SAPO-34)
into thermo-stable polymeric matrix (polyetherimide) and attempts to improve zeolite dispersion
into the polymeric matrix. Chapter 5 gives an approach to determine optimal points within the

Robeson upper boundary for four gas pairs: CO,/N,, O./N,, CO,/CH4, and No/CH,4. Finally,
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Chapter 6 provides conclusions of this work, and includes recommendations for future work on

this topic.
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Chapter 2: Development of Amino-Silica Hybrid
Membranes for CO,/CH, Separation Using 3-
Aminopropyltriethoxysilane
This Chapter is a modified version of a paper published in the Journal of Membrane Science:
S. Suzuki, S. Belhaj Messaoud, A. Takagaki, T. Sugawara, R. Kikuchi, S.T. Oyama,

Development of inorganic-organic hybrid membranes for carbon dioxide/methane separation, J.
Membr. Sci. 471 (2014) 402—411.
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Overview

In this chapter inorganic-organic hybrid membranes were prepared employing
tetraethylorthosilicate and 3-aminopropyltriethoxysilane as silica and amino-silica precursors.
They were deposited on the surface of a porous alumina support at high temperature using
oxygen as a co-reagent. The selective layer was coated using chemical vapor deposition at
atmospheric pressure. The objective was to enhance the permeance of CO, by placing amine
groups on the surface of the membrane. The amino-silica ratio (R) was varied from 0 to 100% in
order to find an optimum composition for the separation of the CO, from CH4. The best
membrane was found to have a ratio R of 20% with a CO, permeance of 2.3x10”" mol m?s*Pa™
and an ideal CO,/CHjy selectivity of 40 at 393 K and 0.10 MPa of partial pressure difference. The
transport mechanism for CO, permeation was surface diffusion and for CH, passage was gas-
translation. The pore size of the membrane was evaluated by Tsuru’s method revealing a pore
size of 0.44 nm. The results are significant because the permeance level is above that necessary
for commercial use, the selectivity is adequate to produce a pipeline quality natural gas (purity >

2.4%), and the permeating gas is CO, which allows retention of methane at high pressure.

2.1  Experimental
2.1.1 Materials

Porous alumina tubes were obtained from the Pall Corporation and were employed as
supports. The tubes had an outside diameter of 10 mm and a thickness of 1 mm. The support had
a multilayered structure, with the outermost layer having an average pore size of size 5 nm.
Glass joints were made from glass powder bought from the Nippon Electric Glass Co., Ltd and
were used to attach the membrane support to dense alumina tubes. The glass joints required
heating to 1273 K for 10 min using heating and cooling rates of 5 K min™. Aluminum
isopropoxide (AIP, Sigma Aldrich, > 98.0%), acetic acid (CH;COOH, Wako, 60.0 ~ 61.0%) and
nitric acid (HNO3, Wako, 95.0%) were purchased from Tokyo Chemical Industry and poly(vinyl
alcohol) (PVA, Wako, 99.7 mole% hydrolyzed, M. W. ~ 78,000) was procured from Poly
sciences Inc. They were used for the preparation of boehmite sols. Tetraethyl orthosilicate
(TEQS, TCI, > 96.0%) and 3-Aminopropyltriethoxysilane (APTES, Sigma Aldrich, > 98.0%)

were supplied from Tokyo Chemical Industry and were used as silica and amino-silica
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precursors, respectively. Pure Ar, He, O,, CH4, CO,, N2 and H, gases with a purity of 99.9%

were acquired from Tokyo Koatsu Yamazaki Co., Ltd.

2.1.2 Membrane synthesis
2.1.2.1 Intermediate layers preparation

Two intermediate y—Al,O3 layers were placed on the support through a sol-gel process by
sequential dip-coating and calcination of a series of boehmite (AIOOH) sols of two different
particle sizes to produce a uniform and defect free membrane surface. The sol-gel procedure was
similar to that described previously by the group of Oyama [1, 2]. The sizes of the sol particles
were tuned by precisely adjusting the synthesis parameters including the type and concentration
of the acid. First, 0.13 mol of AIP was added to distilled water at 365 K and was stirred for 24 or
96 hours. Subsequently, CH;COOH or HNO3 was added to the solution to obtain small or large
particle sizes, respectively. The ratios of H'/alkoxide were adjusted to 0.10 and 1.50,
respectively, and the solutions were refluxed at 365 K for 24 h. The prepared sols were then
cooled to room temperature. Two boehmite sols with mean particle sizes of 40 and 100 nm were
obtained. Dilute dipping solutions were prepared by mixing the boehmite sols with a PVA
solution and distilled water to obtain a 0.15 M concentration of the sol and a 0.35 wt%
concentration of the PVA. The alumina support was wrapped with Teflon tape and then dipped
into the solution for 10 s. The alumina particles were deposited inside the tube, dried in air for 24
h and calcined by heating to 923 K for 3 h. The heating and the cooling rate was 1 K min™. The
dipping-calcining cycle was repeated two times using large (100 nm) and small (40 nm) sol

particle sizes.

2.1.2.2 Selective layer preparation
After the placement of the y—Al,O3 intermediate layers on the support, a thin amino-silica

film was deposited by CVD [3]. The streams of the reactants TEOS, APTES, and oxygen were
introduced on the inner side of the tubular membrane, with the liquid silicates supplied with
bubblers. The experimental set up is shown in Fig. 7. Argon was used as carrier in the inner side
of the membrane and as balance gas in the outside, and its flow rate was adjusted to be the same
to equalize the pressure on both sides. The delivery rate of the silicate and the amino-silicate

precursors were altered by controlling their respective bubbler temperatures. The lines from the
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bubbler exit to the reactor entrance were kept at 408 K with ribbon heaters to prevent
condensation of the reactants. After heating the furnace to 673 K at a heating rate of 1 K min™,
the carrier was introduced through two bubblers, then, premixed with O, at the entrance of the
membranes. The total molar flow rate of the silica precursor was constant for all experiments and

the CVD was carried out at atmospheric pressure. The CVD conditions are summarized Table 2 .

Ribbon heater Pressure

gauge

Heater I -

TEOS

bubbler
Furnace

Porous alumina support

o® OD

Heater e
Organo-silane

precursor bubbler

Reactant Carrier Balance

Vent
agent gas gas

Fig. 7: Topmost layer deposition experimental set up.

Table 2: Chemical Vapor Deposition conditions with varying ratios of APTES and TEOS

CVD parameter Amount
Total silica precursor 4.3 pmol/s
Reaction agent 8.0 umol/s
Membrane inside 56 pumol/s
Balance gas (Ar) 56 pmol/s
APTES/(APTES+TEOS) 0 ~100%
CVD temperature 673 K

2.2 Characterization techniques
The particle size of the prepared boehmite sols was measured by a dynamic light

scattering analyzer (Horiba Model LB-550). The gas permeance measurements were conducted
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at 393 K before and after CVD by introducing a single gas to the inner side of the membrane.
The flow rate of the permeating gases were measured using a flow meter (Agilent Technologies,
AD1000). For permeances under 10 mol m2s™*Pa, the composition of the permeate stream was
determined by a gas chromatograph (GC, Shimadzu, TCD, GC-8A) equipped with a thermal
conductivity detector. The morphology of the membranes was obtained using a field emission
scanning electron microscope (FE-SEM, Hitachi S-900). Samples were prepared by
mechanically breaking the membranes into small pieces after cooling with liquid nitrogen.
Samples were coated with a layer of Pt-Pd by ion sputtering (E-1030, Hitachi) with a current of
15 mA for 15 s before the observation of the cross section and the surface of the membranes. The
presence of amine groups in the surface region was determined by X-ray photoelectron
spectroscopy (XPS, PHI5000 VersaProbe, ULVAC Phi). Spectra were acquired using a
monochromatic Al Ka source operated at 23.5 kV under charge neutralization using an Ar ion
gun. Samples for XPS measurements were obtained in the same manner as for the SEM

measurements.

2.3 Permeation measurements

The permeances of various gases (CH4, CO,, N, and Hy) were measured separately, and
were repeated at least three times. The permeance and the ideal selectivity were calculated using
Eq. (1) and Eq. (2) explained in Chapter 1.

2.4 Results and discussion

2.2.1 Permeation properties

APTES
APTES+TEOS

Permeances of CO, and CH,4 and CO,/CH, selectivity are displayed as a function of this ratio in

Membranes were prepared with different ratios R of from 0 to 100%.

Fig. 8. The conditions were a temperature of 393 K and 0.10 MPa of partial pressure difference.
For the membrane with only TEOS (R= 0%), the permeances of the gases decreased rapidly with
increasing deposition time of the silica layer to 1.5 h, while the selectivity remained unchanged.
For the membranes with mixed APTES and TEOS (R from 1 to 40%), the behavior was similar,
with the permeances of CO, and CH, both decreasing with CVD deposition time, but with that of
CH, decreasing more. It is likely that the formation of the amino-silica layer resulted in reduced

pore sizes, decreasing both permeances, but in the case of CO,, amine groups in close proximity
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enhanced permeation and the ideal selectivity increased. The reason for low separation
performance is the formation of a dense silica network and small pores. The highest selectivity
was obtained at R= 20%. For each membrane having R between 1 and 40%, the highest
selectivity was obtained after 1.5 h of CVD. Further deposition decreased the permeances of the
gases and the selectivity since the pores were blocked by the deposition of the amino-silicate. For
the membrane formed with only APTES (R= 100%), the permeances of the gases remained high
but the CO,/CH, selectivity was low. The membrane with (R= 100%) showed lower CO,/CH4
selectivity than the membranes with lower R. This result is attributed to the formation of a loose
structure that allows both CO, and CH,4 to permeate easily. The membrane with an R= 20%
displayed the best performance achieving a CO, permeance of 2.3x10” mol m?s*Pa™ and an
ideal CO,/CHj, selectivity of 40. It is surmised that appropriate pore sizes for the separation of
CO, were formed in the membrane. It has been shown that a permeance level of 107 mol m™s’

'pa? is required for commercial applications [4], so the results are significant.
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Fig. 8: Separation performance of the prepared membranes as a function of the ratio R at 393 K

and 0.10 MPa. (a) R=0%; (b) R=1%; (c) R=5%; (d) R=10%; (e) R=20%; (f) R=40% and (g)

R=100%.

The reproducibility of the synthesis of the membrane with R=20% was also verified. Fig.
9 plots the permeance of the CO, and CH, as a function of the CVD time. The membrane had a

CO, permeance of 1.4 mol m?s*Pa™ and an ideal selectivity of 43. However, the CVD time
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increased from 1.5 to 5 h. This was because the topmost intermediate layer had bigger particle

size (50 nm). Therefore, a longer time was needed to cover the whole surface.

The stability of the membrane with R=20% was verified in the course of the mechanism

studies to be discussed in a subsequent section. The membrane was stable for the duration of the

measurements of 20 h. Similar organosilicate membranes have been shown to be thermally stable

under hydrothermal conditions [5].
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Fig. 9: New synthesized membrane with R=20% at 393 K and 0.10 MPa.

2.2.2 Pore size calculation

In order to obtain insight on the pore structure of the R=20% membrane, the permeances

of various molecules with different kinetic diameter were measured at 393 K. The molecules
used were CO,, CHg, N, and H, (Table 3) [6].
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Table 3: Molecular size of used gases

Gas molecule Kinetic diameter (nm)
H, 0.289
CO, 0.330
N, 0.364
CH, 0.387

The permeation properties of the above molecules after 1.5, 2.5 and 4 h of CVD using
APTES and TEOS mixtures (R=0, 20, 100%) are shown in Fig. 10, with the CVD times shown

by the blue, green and black lines, respectively.
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For the membrane with only TEOS (R= 0%), the permeances of the molecules larger than
CO; are not different, but H, shows relatively high permeance. As discussed in a number of
previous studies [1,3], membrane (R= 0%) does not have continuous pores but has a network of
solubility sites with permeation occurring by jumps from site to site.

For the membrane with only APTES (R= 100%), the differences in gas permeance of
various gases are very small compared with those of membranes (R= 0%) or (R= 20%). This
shows that large pore sizes are formed that are not suitable for the separation of CO,. Overall the
results suggest that the control of the ratio of APTES and TEOS is important to fabricate
membranes with an appropriate pore size for the separation of CO,.

The membrane with 20% APTES (R= 20%), appear to operate by a molecular sieving
mechanism. The pore size of the microporous membrane was estimated using Tsuru’s method, in
which a normalized Knudsen permeance (NKP) is calculated for gases with different kinetic
diameter such as CO,, CH4, N, and H; [7]. This method is derived from a gas translation model.
This normalized permeance is plotted versus the molecular size and is fitted using equation Eg.
(12) where f represents the ratio of the permeance of the i-th component (P;) to that predicted
from a reference component (He) based on the Knudsen diffusion mechanism. Herein, He is

employed as a reference component because it has the smallest molecular size (0.260 nm).

1-%i ’
pe Ao, o (12

dHe )
1_
( dp

where d; is the kinetic diameter of a gas i [nm], dy is the kinetic diameter of helium and dj is the
estimated membrane pore size [nm].

Both the plots and fits results for the membrane (R= 20%) after 1.5 h CVD employing the
permeances measured at 523 K are presented in Fig. 11. The result yields to a mean pore size of
0.44 nm. Previously, the characteristic distance for the membrane derived from TEOS was
determined to be 0.34 nm prepared through a sol-gel method [7] and a CVD process [1]. Hence,
the mean pore size is about 0.1 nm larger than that for the membranes using APTES and TEOS
and this small difference in pore size significantly affects the gas permeance properties and CO,
separation performance. According to Wang et al. [8] and Thornton et al. [9], the optimum pore
size for the separation for CO, was found to be 0.40 nm because CO, and CH,4 permeate through
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membranes by different mechanisms, a surface diffusion mechanism for CO, and an activated

diffusion mechanism for CH4. Membranes prepared in this work have essentially this optimal

value.

Normalized Knudsen-based

1.0 " o Experiemental datal
" Fitted line
g \
o °
§0_5_ \\ dp=0.44 nm
£ \
o \ /
o o
\
N
0.0 S -
0.2 0.4

Kinetic diameter/ nm

Fig. 11: Determination of pore size of the membrane (R = 20%) after 1.5 h CVD at 523K using

normalized Knudsen-based permeance as a function of molecular size.

2.2.3 Transport mechanism of CO; and CH4

In order to investigate the transport mechanism of the membrane (R = 20%), the

temperature dependency of the permeances of several gases, especially CO, and CH,; were

measured. The temperature was varied from 363 K to 523 K and the results are shown in Fig.

12(a). In the case of CO,, the permeance went through a maximum with temperature as shown in

Fig. 12 (b). Because CO, is a condensable gas, it interacts with the membrane wall and likely

moves by a surface diffusion mechanism. In the case of CH,4, the permeance is constant with

temperature as shown in Fig. 12 (c). Although CHy, is also condensable, it is more volatile than

COg, so can desorb easily. This makes it a candidate for the gas-translational mechanism, also

called activated Knudsen diffusion which occurs when a species can escape the surface potential

to some extent but is restrained by the pore walls.
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In surface diffusion gas molecules adsorb on the membrane surface, diffuse into the
membrane pore and desorb at the pore exit. The adsorption process can be described by the
Langmuir adsorption model in membranes as follows:

K
9 = qis = 1+2,, Eq. (13)

where @ is the fractional occupancy of adsorption sites, g the amount of adsorbed gas molecules
per unit mass of adsorbent [mol kg™], g, the saturation amount of adsorbed molecules [mol kg™],

p the pressure [Pa], and K an adsorption equilibrium constant [Pa™']. This constant can be
described by a Van’t Hoff expression as shown in Eq. (14).

38




K = K, exp (—ﬁga) Eqg. (14)

where AH,, is the enthalpy of adsorption [J mol™]. Using Eq. (13) and Eq. (14), the concentration

of the diffusing gas in the membrane is presented as in Eq. (15).

exp(_AHa/RT)

1+Kop exp(_AH“/RT)

c = pq = pqsKop Eq. (15)

where p is the density of the gas molecules [kg m™]. Since it is assumed that surface diffusion
takes place by molecules which jump from one site to another, a diffusion coefficient is
introduced as shown in Eq. (16):

_ €42 AHgp _ AHgp
Dgp = ;A vV exp (— — ) = D, exp (— o ) Eq. (16)
where ¢ represents the porosity, z the tortuosity, A the distance between the adsorption sites [m],
Jv the velocity in the right direction [m s™] given by the probability, g, , v the jump frequency of
the molecule between adsorption sites [s™'] and AEg, the energy barrier to be overcome by

diffusion [J mol™]. Using Fick’s model, the molar flux, N5, [mol m?s™] can be written as:

dc

Ngp = —Dgp =
SD SD dz

AHsD) exp( "%/ )

c
=Dsp—=Aex (— —
D p RT 1+K’exp( AH“/RT

)P Eq. (17)

where A = 202450 504 k7 = K p
L

Therefore, the permeance for surface diffusion can be as written as:

- AH eXp(_AHa/ )
Psp = Aexp (- =22) . Eq. (18)

RT 1+K’exp(_AHa/RT)
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The left side of this expression has a surface diffusion term which increases with temperature.
The right side has the adsorption dependency, which decreases with temperature. Thus, a
maximum is obtained which fits the observed behavior shown in Fig. 12 (b).

In gas-translation mechanism contributions of both surface diffusion and gas-translation

are present. By introducing a probability o for diffusion through a micropore to the Knudsen

diffusion model, the following equation is obtained in Eq. (19).

@ _ sdpa( 8 )1/2 Eq. (19)

TL TTMRT

Moreover, the probability « consists of a pre-exponential, a, and a diffusion barrier as shown in
Eq. (20);

o = ag exp (— 2—5) Eq. (20)

Hence, using Eq. (19) and Eq. (20), the permeance in the gas-translational model is presented in
Eq. (21).

_ 1 AE
P;r=A 77 eXp (— E) Eq. (21)
1
where A = Edpg (L) 2
TL TTMR

It can be seen from Eq. (21) that there is a partial cancellation of temperature
contributions. The inverse square root of temperature decreases with temperature, but the
exponential increases with temperature and this may result in the constant temperature profile
observed in Fig. 12 (c). Fitting of Eq. (18) to the experimentally acquired permeance for CO,
and Eq. (21) to the data for CH,4 give the results shown in Table 4. The table also includes the

regression coefficients of the fitting parameters for CO, and CHa.
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Table 4: Parameters of the transport models for CO, and CH4

Model parameters )
G Model Regression
as ode
A AEsp AH, K’ coefficient
-1 -1
(kJ mol™) | (kJ mol™)
CO, | Surface diffusion | 1.58x10” 6.84 -26.3 6.21x10™ 0.876
CH, | Gas-translation 1x10° 1.60 - - 0.975

2.2.4 Microscopic structure

The surface and the cross section of the synthesized membranes are shown in Fig. 13.
The surface structure shows that the intermediate layers helped to form a defect free topmost
layer (Fig. 13(b), Fig. 13(c) and Fig. 13(d)). The globular structure seen in the surface of the
membranes with a silica layer (R= 0, 20 and 100%) indicates that during the synthesis steps
intermediate species adsorbed on the solid surface are decomposed to silica [10]. In the
membrane with only APTES (R= 100%), defects seen on the surface contributed to the low
separation performance. However, there were no defects on the surfaces of membranes with R=
0 and 20%. The cross-sectional images of the membrane with no APTES (R= 0%) and with R=
20% show the formation of silica layers (Fig. 13(f), (g)). The thickness of the silica layer in the
R= 20% membrane was about 23 nm (Fig. 13(g)) but in the membrane with only APTES (Fig.
13(h)), the topmost layer was very thin.
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Fig. 13: SEM images of the (a)-(d) top surface and (e)-(h) cross-section. (a) and (e) are for the
membrane before CVD, (b) and (f) are for the membrane (R= 0%), (c) and (g) are for the
membrane (R=20%), (d) and (h) are for the membrane (R= 100%).
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2.2.5 Membrane composition

The presence of amine groups on the surface of the membranes was confirmed by XPS
analysis. Fig. 14 (a) shows the Nis spectra of the membranes with different APTES ratios (R
from 5 to 100%). In the membrane with R= 1%, nitrogen was not detected. However, the
nitrogen peak area increased as the concentration of amino-functionalized precursor increased.
The Nys spectra of the 20% APTES membrane is divided into two features (Fig. 14 (b)) which
can be assigned to -NH, and -NH3" [11,12,13]. The detection of -NH5" indicates that carbamates
may be formed which explains the interaction of CO, molecules with amine groups.

(@

R=100 %

R=20 %

R=10 %

Intensity/ a.u.

405 403 401 399 397 395
Binding energy/ eV
Fig. 14: (a) N1s spectra for membrane with APTES 5% to 40% and (b) assigned N1s spectral of
membrane with APTES 20%.

The N/Si ratio was obtained using 1.77 and 0.86 as relative sensitivity factors for nitrogen
and silica, respectively, applied to the peak areas calculated from the spectra shown in Fig. 15.
The calculations revealed that the N/Si ratios increased with the concentration of amino-
functionalized precursor. These values were significantly lower compared to the expected N/Si

ratios. These results may have been can be caused by the removal of some of the aminopropyl
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groups during the CVD. The low ratio also indicates that there is no need to use a higher amine

concentration in these microporous hybrid membranes.

0.05

0.04-
%0.03-

0.01-
0 20 40 60 80 100
R/ %

Fig. 15: The relationship between APTES ratio and N/Si ratio for hybrid membranes.

2.5  Conclusions

Inorganic-organic hybrid membranes were prepared by placing silica and amino-silica
species on the surface of alumina supports by chemical vapor deposition at 673 K using
tetraethylorthosilicate (TEOS), 3-aminopropyltriethoxysilane (APTES) as precursors and oxygen
as co-reagent. The amino-silica ratio R was varied from R= 0 to 100%. The presence of nitrogen
on the surface of the membrane was confirmed by XPS analysis, Nitrogen exists on the surface
in two states, -NH, and -NH5", and both contribute to the interactions with CO,. The highest
separation performance was obtained for the membrane having an R= 20% with a CO,
permeance of 2.3x107 mol m?s™Pa® and a CO,/CH, ideal selectivity 40 at 393 K. The mean
pore size of the hybrid membrane was calculated by Tsuru’s method and was estimated to be
0.44 nm. The transport mechanisms for CO, was surface diffusion and for CH, was gas-
translation.

The obtained permeance was beyond the 10”7 mol m?s™Pa™ level considered necessary for
commercial application. The selectivity of 40 is reasonable for obtaining a pipeline quality gas (<
2.4% impurity). The permeated gas was CO, and the retained gas was CH,4, which is highly
desirable in practice because it allows for retention of methane at high pressure, and saves
substantially on downstream compression costs. Note that CO; is substantially heavier than CHy,

so that CO, would normally permeate slower.
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Chapter 3. Comparison between Different Alkyl Amino-
Silica Hybrid Membranes
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Overview

Hybrid membranes are promising materials for the purification of natural gas from
carbon dioxide. The present chapter investigates the effect of the incorporation of primary and
secondary amine functional groups on the performance of an organic-inorganic hybrid silica
membrane for CO,/CH, separation. Hybrid membranes were synthesized by chemical vapor
deposition using 3-aminopropyltrimethoxysilane and (3-methylaminopropyl)trimethoxysilane as
primary and secondary alkylamine-silica precursors, respectively. The amino functionalized
membranes were compared to an amine-free membrane prepared using propyltrimethoxysilane
as precursor. The amine-free membrane had a CO, permeance of 2.1x10® mol m?s*Pa?, a
CO,/CHy, selectivity of 4 and a pore size of 0.37 nm. The primary amine membrane displayed a
CO, permeance of 2.1x10® mol m?s*Pa™, a CO./CH, selectivity of 70 with a pore size of 0.36
nm. The secondary amine achieved a CO;, permeance of 1.3x10” mol m?s?*Pa™, a CO,/CH,
selectivity of 140 with a pore size of 0.43 nm. The pore sizes were estimated by Tsuru’s method.
The transport mechanism of CO, throughout the amino-silica hybrid membranes was surface
diffusion. The secondary amino-silica hybrid membrane was stable for 60 h under a relative
humidity of 20%.

3.1 Experimental

3.1.1 Materials
Porous alumina tubes (length: 3 cm, outside diameter: 10 mm, thickness: 1 mm, pore size: 5
nm) obtained from the Pall Corporation were used as membrane supports and were. The
membrane support was connected to dense alumina using same procedure described in the

previous Chapter 2. Same materials were used to synthesize the boehmite sols.

The silica precursor was tetraethylorthosilicate (TEOS, TCI, > 96.0%, CAS number 78-
10-4). The alkylamine compound, propyltrimethoxysilane (PTMS, Sigma Aldrich, 97%, CAS
number 1067-25-0) was used an as amine-free silica precursor. The primary alkylamine
compound, (3-aminopropyltrimethoxysilane (APTMS, Sigma Aldrich, > 98.0%, CAS number
13822-56-5) and the secondary amine compound, (3-methylaminopropyl) trimethoxysilane
(MAPTMS, Sigma Aldrich, 97%, CAS number 3069-25-8) were selected as amino-silica

precursors. All silanes were supplied from Tokyo Chemical Industry. Pure Ar, He, H; O, CO,,
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Ny, CH4 and SFg gases with a purity of 99.9% were acquired from Tokyo Koatsu Yamazaki Co.,
Ltd.

3.1.2 Membrane synthesis
The synthesis consisted of depositing, first, two intermediate y-alumina layers using sol-gel
method, then, the topmost selective layer using CVD. Details of the deposition methods were
described in Chapter 2. Large and small particle size boehmite sols with 80 and 40 nm
diameters, respectively, were used. The membrane support was attached to gas delivery lines and
heated with a furnace to 673 K using a heating rate of 1 K min™ (Fig. 7). The flow to the inner
side of the support was switched from inert gas to a stream of silica precursor (TEOS), organo-
silica precursor (PTMS or APTMS or MAPTMS), and co-reagent (O,). Argon gas carried the
silica and organo-silica reactants from bubblers to the membrane support through heated lines.
Argon was also used to balance the pressure on the outer side of the membrane support. The total
molar flow rate of the silica precursor was constant for all experiments and the CVD was carried
out at atmospheric pressure. The concentration of the precursors was controlled by fixing the
temperature of the bubblers and the flow rate of the carrier gas (Table 5). The silica precursor
(TEOS) was mixed with all organo-silica precursors in order to adjust the inorganic content of
the obtained membranes. The amine to silica ratio was chosen to be 20% based on the results
presented in the previous chapter and on prior works by Paradis et al. [1]. The CVD was
performed until an adequate selectivity was obtained and a CO, permeance in the range of 107

mol m?s*Pa was attained.
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Table 5: Chemical vapor deposition conditions of the three synthesized organo-silica membranes

CVD parameter Amount
Molar flow rate of the silica precursor (TEOS) (umol s™*) 13
Molar flow rate of the co-reagent (O,) (umol s™) 13
Molar flow rate of the organo-silane precursor (PTMS or APTMS or MAPTMS)
(umol s™) %0
Molar flow rate of the balance gas (Ar) (umol s™) 56
FOTQ“""_Sll“"e/ (FOrgano—silane + FTEOS) 6y 20
CVD temperature (K) 673
Bubbler temperature of TEOS (K) 349
Bubbler temperature of PTMS (K) 272
Bubbler temperature of APTMS (K) 341
Bubbler temperature of MAPTMS (K) 317

* Flows in pmol s™ can be converted to normal cm® min™ by multiplying by 1.5

** F is the molar flow rate (umol s™)

Throughout this chapter, the membranes are named according to the organo-silica

precursor type (Fig. 16). The membranes in which the precursor has no amine (PTMS), a

primary amine (APTMS) and a secondary amine (MAPTMS) functionality are named M-0, M-I,

and M-II, respectively.
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Fig. 16: Chemical structure of (a) silica, (b) amine-free silica, (¢) primary amino-silica and (d)

secondary amino-silica precursors.

3.1.3  Characterization techniques

The synthesized membranes were characterized in the same way as in Chapter 2.

3.1.4  Permeation measurements

The permeances of various gases (He, H,, CO,, N,, CH; and SFg) were measured
separately (Table 6). The permeance measurements were conducted after fixing the furnace
temperature at 393 K and the pressure difference between the inner and the outer side of
membrane at 0.10 MPa. The permeance measurements were carried out before and after CVD
and were repeated at least three times. The permeance and the selectivity were calculated using
Eqg. (1) and Eq. (2) explained in Chapter 1.
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Table 6: Molecular weight and kinetic diameter of the permeated gases [2].

Gas molecule Molecular weight (g mol™) Kinetic diameter (nm)
He 4 0.265
H2 2 0.289
CO, 44 0.330
N, 28 0.364
CH4 16 0.387
SFg 146 0.502

3.1.5 Stability test

The conventional process to purify natural gas starts generally by condensation and
dehydration steps before the removal of CO, [3]. Nevertheless, the gas stream may contain some
water vapor before reaching the acid gas removal step. In this work, a steam tolerance test was
carried out at 393 K for 60 h. The hydrothermal stability of the best synthesized hybrid
membrane was evaluated at 393 K for 60 h in a flow system with a bubbler. Argon gas was used
to carry distilled water from the bubbler to the membrane heated at 393 K. The relative humidity
(RH) inside the membrane calculated using Eq. (22) was set to 20%.

Water partial pressure

RH(%) =

Eq. (22)

Water saturation vapor pressure at the same temperature

The water saturation vapor pressure at 393 K was 198.5 kPa [4].The water partial pressure inside
the membrane was 39.7 kPa and was calculated from the inlet gas composition. Both water
bubbler and the membrane were at atmospheric pressure. The water bubbler temperature was
adjusted to 334 K and the Ar molar flow rate was set at 13 pmol s™. Argon gas was also used as
balance gas in the outer side of the membrane. The test was stopped periodically and the
permeances of CO, and CH,4 were measured. Before every measurement, the membrane was

dried at 503 K for 0.5 h in dry Ar flow using a heating and a cooling rate of 1 K min™.
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3.2 Results and discussion
3.2.1 Boehmite sol analysis

Dynamic light scattering was used to measure the particle size distribution of the
synthesized boehmite sols. The particle size distributions of the obtained boehmite sol precursors
show maxima at 80 and 40 nm for the large and the small sols (Fig. 17). The same sols were
used to dip-coat the three investigated membranes M-0, M-I and M-II. The sols were stored at
room temperature under 200 rpm stirring for over two months. The storage did not generate any
apparent change of the particle size.
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Fig. 17: Particle size distribution of large and small size boehmite sols.

3.2.2  Single gas permeation properties

Two types of membrane with primary and secondary amine functionality were prepared
(M-1 and M-I1). A reference membrane in which the precursor has a similar chemical structure
but no amine functionality was also synthesized (M-0) (Fig. 16). The permeances of the different
single gases as a function of CVD time through the M-0, M-I and M-Il membranes were
measured at 393 K and 0.10 MPa (Fig. 18 (a, b and c)).

Before CVD, the order of permeance of the gases followed the inverse square root of
their molecular weight (Table 6), H, > He > CH4 > N, > CO, > SFg which obeyed the Knudsen
diffusion mechanism. The ideal pair gas selectivities also had values that confirmed this
mechanism such as 0.6 for CO,/CH, or 2.8 for H,/CH,4. For all membranes, the permeance of all
gases dropped as the CVD progressed, indicating that a silica layer was being continuously

formed. The drop was steeper for the larger gas species indicating a reduction in membrane pore
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size. This caused the selectivity for small gas species compared to bigger gas molecules to grow.
The best performance for the different precursor was achieved at different CVD times. At the
optimum CVD time, the SFs molecule was not detected by flow meter measurements indicating
a permeance < 1x10™° mol m?s™Pa™. It can be concluded that the pores in the pretreated alumina
support were being covered gradually, reaching a size lower than 0.5 nm. At the end of the CVD,
the order of gas permeance, for the M-I and M-11 membranes, changed and followed the order of
the kinetic diameter of the molecules, He = H, > CO;, > N, > CH,4 > SF¢ (Table 6), showing that
the few remaining pores were in the size range of molecular sieves.

The detailed CO, and CH, permeances and ideal selectivity data for the M-0, M-I and M-
Il membranes are presented in Fig. 18 (d, e, and f). For the M-0 membrane, a sudden drop can
be seen after 1 h of CVD. The CO,/CH, pair gas selectivity did not show an important
improvement. The optimum performance was obtained after 1.25 h of CVD with a CO;
permeance of 2.1x10® mol m?sPa? and CO,/CH, selectivity of 4 (Fig. 18 (d)). For the M-I
membrane, the permeance dropped smoothly and a large gap can be seen separating small and
big molecules. The highest performance was obtained after 2.75 h CVD with a CO, permeance
of 2.3x10® mol m?s™*Pa™and a CO,/CHj, selectivity of 55 (Fig. 18 (e)). For the M-11 membrane,
a noticeable gap was obtained. However, it was larger than that of the M-I membrane, improving
the CO,/CH, selectivity. The highest performance was obtained after 1.5 h CVD with a CO,
permeance of 1.8x107 mol m?™Pa’and a CO,/CH, selectivity of 84 (Fig. 18 (f)). The
permeance and CO,/CHj, ideal selectivity showed a significant improvement. The optimum CVD
time probably has little meaning here, just indicating the ease of precursor decomposition. The
M-Il membrane seems to carry out facilitated transport of CO, through the membrane better than

the M-I and M-0 membranes which have the lowest separation factor (Table 7).
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Fig. 18: Performance of M-0, M-I and M-Il membranes as a function of CVVD time measured at

393 K and 0.10 MPa. (a, b, c) represent the permeance of various gases and (d, e, f) show a

detailed comparison of CO, and CH, gases of the M-0, M-I and M-I membranes.
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Table 7: Single gas permeances at the end of the CVD at 393 K and 0.10 MPa pressure

difference
Single gas permeance (mol m?s*Pa™) CO,/CH,4
Membrane ideal
He H, CO; N> CH, o
selectivity
M-0 47x 107 | 25x107 | 21x10° | 3.9x10° | 5.8x10° 4
M-I 4.1x10” 3.0x10” 2.3x10° 1.1x10° | 4.2x10™° 55
M-11 5.5x10” 5.8x107 1.8x107 6.2x10” 2.2x10” 84
3.2.3  Pore size calculation

The pore sizes of the three synthesized membranes were calculated in order to have better

understanding of the membrane morphology. In the first step, the permeance of He, H,, CO,, N,
and CH,4 were measured at 393 K and 0.10 MPa of pressure difference. The performance of the
obtained membranes at the optimum CVD time (1.25 h, 2.75 h and 1.5 h for M-0, M-I and M-II,

respectively) is plotted in Fig. 19. The permeance of the gases roughly follows the order of

kinetic diameter indicating a molecular sieving mechanism. However, there are some deviations.

For example, for M-11 membrane, the permeance of H; is higher than that of He, suggesting that
H, can permeate by a site-hopping mechanism [5,6]. Also for the M-0 membrane, the permeance

of CHy is higher than that of N, suggesting a surface diffusion pathway for CHs.
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Fig. 19: Gas permeance change of various molecules with different kinetic diameter at 393 K

and 0.10 MPa through M-0, M-I and M-IL
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In the second step, the pore size of the synthesized hybrid membranes was estimated
using Tsuru’s method [7]. This method is derived from the gas translation model. First, the gas
permeances of various gases with different kinetic diameters (He, H,, N, and CHj4) were
measured. The permeance of CO, was not included since this gas has strong affinity with pore
walls. Then, the experimentally obtained permeances were converted to normalized Knudsen
permeances using equation Eq. (23). The obtained results are plotted as a function of molecular
size displayed in Table 6. Finally, Eq. (12) introduced in Chapter 2 was used to fit the
experimental data, using dj as fitting parameter.

P,
Mpe
Phe M;

f= Eq. (23)

where f represents the ratio of the permeance of the i-th component (P) to that predicted from a
reference component (He) based on the Knudsen diffusion mechanism, d; is the kinetic diameter
of a gas i [nm], dwe is the kinetic diameter of helium and dj, is the estimated membrane pore size

[nm]. Py, /MH‘?/ . is the permeance of the i-th component predicted from the He permeance
l

under the Knudsen diffusion mechanism. My and M; are the molecular weight of helium and gas
i, respectively [g mol™].

The experimental and the fitted results for the M-0, M-I and M-11 membranes after 1.25 h,
2.75 hand 1.5 h of CVD, respectively, are presented in Fig. 20. The permeances were measured
at 503 K in order to minimize the interaction with the pore walls. The pore sizes are calculated to
be 0.37, 0.36, 0.43 nm for M-0, M-I and M-Il membranes, respectively. The difference in pore
sizes is due to the difference in CVD time and precursor type. The obtained pores were larger
than the 0.34 nm value reported by Hyun et al. [8] who used CVD to deposit only TEOS on the
surface of y-alumina membranes. The M-0 and M-I had approximate similar pore sizes, however,
the presence of amine groups improved the CO,/CH, separation. Even though M-I1 had pores
larger than the CH,4 diameter (Table 6), the CO,/CHy ratio was increased indicating that amine
addition facilitated the CO, transport through the membrane. In this case, the secondary amine
seems to favor CO, permeation better than the primary amine. As will be explained, this has to

do with the basicity of the amine.
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Fig. 20: Pore size estimation using Tsuru’s method for (a) M-0, (b) M-I and (c) M-Il membranes.
The experimental permeances were measured at 503 K and 0.10 MPa and at the best CVD point.

2. . .
R” 1s the regression coefficient.

Yoshioka et al. [9] concluded that the NKP-plot method resulted in a rough estimation of
the average pore size especially in the case of ceramic membranes having high affinity for CO,.
The authors corrected the normal fykp function by considering the activation energy and

adsorption energy of each analyzed gas as written in Eq. (24).

1-4i ’
_ EP,He—EP,i) - ( /dp) Eq.(24)

(1—dHe/dp)3
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where fonke 1S the modified NKP function, Ep is the apparent activation diffusion behavior of
gases, it is the summation of the attractive potential energy and the activation energy for the
permeation of the considered gas (i is a gas species, He is the standard component in this case
helium) [J mol™].

According to the authors, the value of E, can be easily evaluated using Eq. (25).

5 ko,i Epi
Pegr = JéT exp (— %) Eq. (25)

where P, is the Knudsen permeance of gas molecules that are concentrated by the attractive
nature of the potential field of the pore wall, k,; is a permeation constant for the i gas species
[-].

The values of the adjusting parameters, k,; and Ep, are obtained using Eq. (25) to fit the
temperature dependency of each gas permeance to a curve (Appendix 1).

The new pore size is estimated using Eq (24) and following similar steps as for in normal
NKP model. Table 8 compares the results obtained using the NKP model (used previously in
this section) and the modified NKP model. Since the permeance of CO, was not considered to
estimate the pore size in NKP method presented in this section, pore sizes were similar to that of
MNKP model.

Table 8: Pore size estimation using NKP and mNKP method

Pore size [nm]

NKP method without
Membrane o MNKP method
considering CO, permeance

M-0 0.37 0.38
M-I 0.36 0.37
M-11 0.43 0.43

3.24  Microscopic structure

The SEM images were collected in order to have insight on the morphology of the
selective layer. The surface of the synthesized membranes is shown in Fig. 21. The surfaces
present a globular structure compared to the surface of the alumina intermediate layer before
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conducting the CVD. It is likely that the decomposition of the silicate precursors deposits a thin
film of silica which smoothens out the contours of the alumina particles that form the support
[10]. The surfaces become smoother and more rounded after the CVD treatment. Morooka et al.
[11] investigated the thermal decomposition of TEOS and suggested that TEOS molecules are
adsorbed during the thermal treatment on the alumina surface and then decomposed to silica
particles having globular shape. The average diameter of the globules was estimated as follow;
first several circular features on the surface of the synthesized membranes were selected
randomly, then the corresponding diameters were calculated. The average globule diameter were
29, 25 and 19 nm for M-0, M-I and M-Il membranes, respectively.

& F . N id i YH. ¢ : . o
Fig. 21 : The top surface of (a) alumina intermediate layer before conducting CVD and (b) M-0,
(c) M-I, and (d) M-Il membranes at the optimum CVD time.

3.25 Membrane composition

The surface composition of the synthesized hybrid membranes was analyzed by XPS.
The molar fractions are presented in Table 9. As expected, an Ny signal was detected only on
the surfaces of the M-I and M-Il membranes. The M-Il membrane had the highest carbon
fraction possibly indicating that the terminate methyl group remained on the silane structure. The
percentage of silica and oxygen were different because the CVD time was not the same for all
membranes.

The Nis spectra of M-1 and M-11 membranes are shown in Fig. 22. Two features can be
observed in the spectra and can be assigned to free amine groups at a binding energy of 399 eV
and protonated amine groups at a binding energy of 401 eV [12, 13, 14]. The presence of the
protonated amine species indicated that carbamates intermediates were formed as a result of the

interaction between CO, and the amine functionality for the M-I as well as M-Il membranes.
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Fernandes et al. [15] investigated the stability of several primary and secondary amine carbamate

compounds and concluded that the formation of carbamates was not affected by the steric

hindrance of the two -CH,- groups bonded to nitrogen in the case of the secondary amine.

The ratio of N/Si of M-I and M-Il were 0.033 and 0.029, respectively. The CVD was
performed at relatively high temperature and in the presence of oxygen which might accelerate
the decomposition of amine groups by pyrolysis or combustion. In the previous chapter, it has

been demonstrated that there was a relationship between the obtained N/Si ratio at the end of

CVD and the feed N/Si ratio. The calculation revealed that the N/Si ratios increased with the

concentration of amino-functionalized precursor. These values were significantly lower

compared to the expected N/Si ratios. However, the low ratio demonstrated that there is no need

to increase to a higher amine concentration in these types of microporous hybrid membranes.

Table 9: Surface atomic composition of the synthesized hybrid membranes determined by XPS

Atomic
composition Nis Cis Siap Al Oy
(%)
M-0 0.0 16 29 5.2 50
M-I 0.6 8.4 18 35 69
M-Il 0.8 26 28 6.7 38

400]NTs
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2 360 M-|

(2]

S 340
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Fig. 22: The Ny, spectra of M-I and M-Il membranes at the optimum CVD time.
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3.2.6 Transport mechanism of CO, and CH, through membrane

The temperature dependence between 303-503 K of the permeance of various pure gases
through the synthesized hybrid membranes was measured in order to determine the transport
mechanism, focusing on CO, and CH, (Fig. 23). As before, the order of permeance generally
followed the order of kinetic diameters. In the case of He, H,, N, and CHj,4, the permeances
increased with temperature, indicating an activated diffusion transport mechanism through the
membranes (Fig. 23 (a, b and c)). The diffusion activation energies of those gases can be
estimated according to Eq. (21) (Chapter 2).

However, in the case of CO,, the permeance passed through a maximum in the case of
the M-I and M-Il membranes. Hiyoshi et al. [16,17,18] demonstrated that CO, is completely
desorbed from modified mesoporous silica SBA-15 after heating at 423 K. Therefore, it is likely
that CO, permeated through these amine-modified silica membranes by repeated adsorption and
desorption on the amino groups. Possible adsorption/desorption reactions for primary amines
(Eq. 26) and secondary amines (Eq. 27) involve carbamate intermediates. Table 10 lists the

correspondent values.

2R —NH, + CO, > R — NHCOO™ + R — NHZ} Eq. (26)
CO, + 2R,NH & R,NH} + R,NCO; Eq. (27)

These reactions account for the facilitated transport. The detailed CO, and CH,4 permeances and
selectivity for the M-0, M-I and M-I membranes are presented in Fig. 23 (d, e and f).

The M-0 and M-I membranes show permeances for CO, of the order of 10 mol m?s™*Pa’
! whereas the M-11 membrane shows a permeance of the order of 107 mol m?s*Pa™. The M-0
membrane shows little selectivity for CO, over CH;. The M-I membrane shows a maximum
selectivity of 70 at 363 K, while the M-1I membrane shows a maximum selectivity of 140 at 343
K. The results are significant. A recent review of CO,/CH, separation membranes concludes that
permeances above the 10® mol m?s*Pa™ range and selectivities above 40 are in the range of
commercial utilization [19].

The order of performance M-Il > M-1 > M-0 follows the order of base strength of the
amine 2° > 1° > 0° and reflects the ease of formation of the carbamate intermediate (Eq. 26 and

Eq. 27). Thus the order can be assigned to the balance between the adsorption, desorption, and
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the surface diffusion of the CO, molecule. In the previous chapter, it was demonstrated that CO,
permeated by a surface diffusion mechanism in amino-silica hybrid membranes using (3-
aminopropyl) triethoxysilane as precursor. Titus [20] stated that in general terms, primary and
secondary amines (sterically hindered or not) tend to react directly with CO,, forming
carbamates. The selectivity of the membranes shows no maximum for membrane M-0, a shallow
maximum for membrane M-I, and a sharp maximum for membrane M-II. This supports the
occurrence of the facilitated transport mechanism, in which adsorption, surface transport, and
desorption take place depending on the presence of an amine group and its base strength. As
temperature is raised adsorption and surface motion are enhanced due to the overcoming of
activation barriers. However, once the temperature reaches higher values desorption occurs,
decreasing the transport rate.
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Fig. 23 : Temperature dependency of various gas permeances of (a) M-0, (b) M-I and (c¢) M-II

membranes after 1.25 h, 2.75 h and 1.5 h CVD, respectively, measured at a pressure difference of

10 MPa. Detailed comparison of CO, and CH4 gases of (e) M-0, (f) M-I and (g) M-Il membranes

at the same measurement conditions.

Table 10: Diffusion energies for He, H,, N, and CH,4 through M-0, M-I and M-Il membranes

Membrane M-0 M-I M-I
Gas AEsp (kJ mol™)
He 8.03 7.45 7.78
H. 9.05 8.74 8.67
N, 0.93 6.70 9.63
CH, 0.54 3.91 9.38

The performance of the membranes is shown in a Robeson-type diagram (Fig. 24) where

the CO, permeability is plotted as a function of CO,/CH, selectivity. The permeability is the
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product of the membrane permeance and the membrane thickness [21]. The thicknesses were

estimated to be 30 nm for all synthesized membranes [Error! Bookmark not defined.,19,22].
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CO, permeability/ Barrer
Fig. 24: Performance of the synthesized hybrid membranes in Robeson diagram for CO,/CHy
separation measured at 350 K and 0.1 MPa. The M-0, M-I and M-II stand for the free-amine, the

primary amino and the secondary amino-silica membranes, respectively.

3.2.7  Mixed gas permeation properties

The CO,/CH, separation factor of the M-0 and M-Il membranes as a function of the
permeation temperature (303-453 K) and the pressure difference (0.05-0.25 MPa) for a feed
composition of CO,:CH,= 50:50 mol% are shown in Fig. 25. A detailed data comparing the
CO,/CH, ideal selectivities and CO,/CH, separation factors as a function of the permeation
temperature (303-453 K) and the pressure difference (0.05-0.25 MPa) for a various feed
composition (CO,:CH4= 10:90; 50:50, and 80:20 mol%) for the M-Il and M-0 membranes are
shown in Appendix 1 and 2, respectively.

Concerning the M-Il membrane (Fig. 25 b and Appendix 2), for a given pressure
difference, as the temperature increased, the CO,/CH, separation factor increased and passed
through a maximum and then decreased. The obtained results support the previous conclusions in
the previous section; as the temperatures increased the binding energy of CO, to the amine
groups as well as its diffusivity increased. However, once the temperature reaches higher values
desorption occurs, decreasing the transport rate. For a given temperature, the CO,/CH,
separation factor increased as the partial pressure of CO; is reduced. It is due to the fact that at
higher CO, pressures the amine groups were saturated with the adsorbed CO, and thus they
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hindered the movement of the gas phase. However, at low partial pressures, CO, have greater
numbers of available sites to hop through, therefore, higher CO,/CH, separation factors were
obtained. Ostwal et al. [ 23] prepared amine modified silica membrane using 3-
aminopropyltriethoxysilane to separate CO, and N,. The authors observed an increase of the
selectivity of the amine modified membranes from 2 in the case of single gas measurements to
10 in the case of mixed gas measurements (5% CO, and 95% N;). They attributed the
enhancement of the CO,/N, separation factor in mixed gas measurements to the fact that N, was
blocked by the adsorbed CO, due to the increased contribution of surface flow of CO..
Concerning the M-0 membrane (Fig. 25 b and Appendix 3), for a given pressure
difference, as the temperature increased, the CO,/CH, separation factor increased. No maximum
was observed. The gas transport mechanism is activated by the temperature increase. The pair

gas seems not to have great affinity with the pores walls.
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Fig. 25: The CO,/CH4 separation factor as a function of temperature and pressure difference for

the (a) M-0 and (b) M-Il membranes at a feed composition of CO,:CH= 50:50 mol%.

3.2.8  Stability test
The effect of water vapor exposure on the CO, and CH4 permeances through the M-II

membrane is shown in Fig. 26. The overall permeance was stable for a 60 h exposure to a 20%
relative humidity. The M-Il membrane remained relatively stable compared to the M-0 and M-I
membranes which lost their performances from the first minutes of exposure. It seems that the
secondary amine functionality stabilized the silica membrane and avoided immediate membrane

degradation. The results obtained with the M-1I membrane can be explained based on previous
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findings. Sayari et al. [24] exposed amine modified sorbent to a relative humidity between 0.4 to
74% at a temperature between 303 to 423 K and atmospheric pressure. They concluded that the
amount of adsorbed CO; is enhanced by the presence of water in the stream gas. They pointed
out that water can stabilize the amines surface groups upon CO, adsorption/desorption cycles.
Mebane et al. [25] performed a parametric study on mesoporous silica supported amine sorbents.
They demonstrated that silica-supported amines have limited capacity for the uptake of CO, in
truly anhydrous conditions. The authors stated that water helped to form stable reactive
intermediates. However, in Fig. 26 an increase in selectivity was followed by a decrease as a
function of time. It may be due to the length of the alkyl-amine chain as explained by Miyamoto
et al. [26]. The authors fabricated amine-loaded mesoporous silica membranes for CO,
separation using 3-trimethoxysilylpropyldiethylenetriamine (TA). The membrane showed high
selectivity even under wet conditions. The authors suggested that both the long molecular length
of TA and the affinity between the amine groups and polar molecules (water and CO,) enhanced
CO; separation. Therefore, in the case of the M-11 membrane, the presence of water increased the
amount of adsorbed CO,, especially during the first hours of humidity exposure. However, the
membrane degraded slowly as the exposure time increased. The XPS measurements of two
repeated M-11 membranes analyzed before and after steam exposure showed that the N/Si ratio

did not change. Therefore, the water vapor did not destabilize the amine functionality.
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Fig. 26: Performance of M-II under 20% relative humidity measured at 393 K and 0.10 MPa.
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3.3 Conclusions

Hybrid silica membranes were prepared using a chemical vapor deposition (CVD)
method in order to enhance the separation of CO, from natural gas. Two alkylamine silane
precursors  having primary  (3-aminopropyltrimethoxysilane) and secondary  ((3-
methylaminopropyl) trimethoxysilane) amine groups were selected to synthesize the selective
layer because of the well-known affinity between CO, and.amine functionalities. The obtained
membranes were compared to an amine free membrane in order to understand the relationship
between the microstructure and the performance of the alkylamine silica membranes. The
highest separation performance was obtained at different CVD times for each membrane. The
performance followed the order of base strength of the amine; secondary > primary > no amine.
The highest performance was obtained with the secondary amine with a CO;, permeance of
1.3x107 mol m?s™Pa™ and a CO,/CH, ideal selectivity 140 measured at a temperature of 343 K
and a pressure difference of 0.10 MPa. These values are of commercial significance, and indicate
that the membranes are promising for practical applications. The mean pore size of the
synthesized hybrid membranes were calculated by Tsuru’s method and was estimated to be 0.37,
0.36, 0.43 nm for free, primary and secondary amino-silica membranes, respectively. Even
though, the membrane with secondary amine group had the biggest pore size, the CO,/CH,4
separation was the best. The transport of CO, through the amine modified silica layer was
enhanced by the formation of carbamate intermediates which was verified by XPS analysis.
Temperature dependence measurements indicated that CO, was transported by repeated
adsorption/ diffusion/ desorption cycles. The membrane with secondary amine functionality was
stable under 20% relative humidity during 60 h.

The obtained performance of the supported alkylamine membrane was in the shaded area
presented in the introduction chapter which defined the desired area for commercial application.
The selectivity was over 100 for secondary alkylamine membrane which is largely applicable to
achieve a pipeline specification. The membrane was robust and stable at operating condition

which makes them a potential candidate for industrial application.
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Chapter 4. Mixed Matrix Membranes for CO,/CH,

Separation

This Chapter is a modified version of a paper submitted in the Separation and Purification
Technology:
S. Belhaj Messaoud, A. Takagaki, T. Sugawara, R. Kikuchi, S. T. Oyama, mixed matrix

membranes using SAPO-34/polyetherimide for carbon dioxide/methane separation.
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Overview

This chapter investigates the effect of adding inorganic particles into organic matrix on the
performance of mixed matrix membranes (MMMs) for CO,/CH,4 separation. Mixed matrix
membranes (MMMs) are hybrid materials prepared by dispersing inorganic particles in a
polymeric matrix and are attracting increasing attention for the separation of CO,/CH, mixture.
The SAPO-34 zeolite (Fig. 27 a) and polyetherimide (Fig. 27 b) were selected as the inorganic
filler and the polymeric matrix for the synthesis of the supported MMMs. Two polymer solvents,
dichloroethane and N-methyl-2-pyrrolidone, were investigated for the preparation, and the.
dichloroethane solvent resulted in a membrane with better CO,/CH, selectivity. Various SAPO-
34 amounts from 0 to 10 wt% were dispersed in the polymer precursor which was dissolved in
dichloroethane. The membrane with 5 wt% SAPO-34 content presented the highest performance
with a CO, permeance of 4x10™® mol m?s™*Pa™and a CO,/CH, ideal selectivity of 60. Based on
mixed gas permeances and time-lag measurements, the separation of CO, and CH, was found to
be dominated by the difference in the gas solubilities. The SAPO-34 decreased CH, transport by
increasing its diffusion pathway. Particle agglomeration was observed at 10 wt% zeolite loading

in the polymeric matrix.
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Fig. 27: (a) Polyetherimide (PEI) and (b) SAPO-34 chemical structure.

4.1 Experimental procedure
4.1.1 Materials

Porous alumina supports having an average pore size of 5 nm were obtained from the Pall
Corporation. The supports were cut into 3 cm length and connected to dense alumina using glass
joints as explained in previous Chapters 2 and 3. The glass was bought from the Nippon Electric
Glass Co., Ltd. Ludox AS-40 colloidal silica (40 wt% suspension in water, Sigma Aldrich),
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aluminum isopropoxide (Al(O-iPr)z, > 99.99%, Sigma Aldrich), and phosphoric acid (H3PO4, 85
wt% in aqueous, Sigma Aldrich) were used as silica, alumina, and phosphoric oxide sources,
respectively, to synthesize the SAPO-34 crystals. Tetraethylammonium hydroxide (TEAOH, 35
wt% in H,0O, Sigma Aldrich) was used as a structure directing agent in the crystal synthesis.
Polyetherimide (PEI, MW30,000, Polysciences Inc.) was used as the polymeric precursor (Fig.
27 a). Dichloroethane (DCE, anhydrous, > 99.8%, Sigma Aldrich), and N-methyl-2-pyrrolidone
(NMP, anhydrous 99.5%, Sigma Aldrich) were used to investigate the effect of the polymer
solvent on the resultant supported hybrid membranes. Pure Ar, H,, CO,, N2, and CH, gases with

a purity of 99.9% were acquired from Tokyo Koatsu Yamazaki Co., Ltd.

4.1.2 Membrane synthesis
4.1.2.1 SAPO-34 synthesis

The silicoaluminophosphate particles (SAPO-34) were prepared using a hydrothermal
technique [1]. First, colloidal silica was mixed with TEAOH and hydrolyzed for 16 h at room
temperature. Then, Al(O-iPr); was vigorously stirred for 15 min in deionized water and H3PO,
was added drop wise to form an alumina gel. The mixture was stirred for 5 h. Then, the alumina
gel was mixed with colloidal silica and stirred at room temperature for 3 days. The molar
composition of the resultant synthesis solution was 1.0 Al;03:1.0 P,05:0.3 SiO,:1.2 TEAOH: 60
H,0. Crystal formation and growth was promoted by heating the solution to 473 K for 24 h'in a
Teflon-lined, stainless steel autoclave. The solid product was recovered by repeated
centrifugation at 2700 rpm for 10 min and washing with deionized water. The precipitate was
dried overnight at 393 K and then calcined at 823 K for 8 h. The heating and the cooling rates of

the calcination were 1 K min™.

4.1.2.2 Membrane preparation

In a first investigation, two sets of polymeric precursors were prepared by dissolving PEI
in either NMP or DCE solvent at room temperature with a PEl/solvent ratio of 6 wt%. After the
dissolution of the polymer grains, mixed matrix membranes were prepared by dispersing
mechanically 0, 5, and 10 wt% of the calcined and well-ground SAPO-34 in the polymer

solution.
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In a second investigation, only the DCE solvent was considered. The polymer to solvent
ratio was also 6 wt%. After the dissolution of polymer grains, 0, 5, and 10 wt% of SAPO-34
were added to this precursor.

In both investigations, after the inorganic particles were dispersed, an ultrasonic
treatment (AS ONE, US Cleaner AC 100V, 50/60Hz, 150W) for 30 min was conducted in order
to release air bubbles and enhance SAPO-34 dispersion. The resultant mixture was used for the
dip-coating (2 min) of the inner surface of an alumina support. The support was dried at room
temperature overnight (Fig. 28).

MFC
PEI + Solvent  gapn_34 %
E 7 © ¥\ 0
A -

e
e

Add
Stir  sapo.34/pE)  Degas the  Dip-coat Dry Vent Permeance
240, RT 570w solution  for 2 min 24 h test
’ ’ (o]

Fig. 28: Experimental procedure for the preparation of MMMs.

4.1.3 Characterization techniques

The crystalline state of SAPO-34 was determined by X-ray diffraction (XRD) (Rigaku,
RINT 2400 instrument) operated at voltage 40 kV and current 100 mA. The specific surface area
of SAPO-34 was evaluated by the BET method using nitrogen adsorption (Micromeritics,
ASAP2000). The morphology of the obtained crystals, and MMMs were observed using a field
emission scanning electron microscope (FE-SEM, Hitachi S-900). Membrane samples were
prepared by mechanically breaking the membranes into small pieces. All samples were coated
with a layer of Pt-Pd by ion sputtering (E-1030, Hitachi) with a current of 15 mA for 15 s. The
permeance of all gases were determined by a gas chromatograph (GC, Shimadzu, TCD, GC-8A)
equipped with a thermal conductivity detector. Argon was used as carrier gas (Fig. 29 (a)). The
solubility and the diffusivity of CO, and CH,4 through MMMs were determined by time-lag
method using the experimental set up in Fig. 29 (b).
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Fig. 29: (a) Permeation measurement set up, (b) Experimental set up for time-lag measurements.

4.2  Results and discussions
4.2.1 SAPO-34 characterization

Fig. 30 (a) shows the XRD pattern of the prepared SAPO-34 and Fig. 30 (b) shows SEM
image of the sample. The XRD pattern shows the characteristic peaks of pure SAPO-34
molecular sieves. The strong intensities indicate that the as-synthesized zeolite has high
crystallinity. The SEM image shows thin plate or sheet like morphology with crystals of average
length of 750 nm and thickness of 75 nm. Similar observations were reported by Tian et al. [2].
There are many shapes of SAPO-34 which depend on the synthesis parameters such as molar
composition and the structure of the directing agent [3, 4].

The BET surface area and the micropores volume (Table 11) increased after the calcination
indicating the success of the synthesis and formation of porous SAPO-34. The surface area was
larger than the ones reported by previous studies such as 487 [5], 447 [6], 498 [7], 660 [8], 700
[9] m? g™,

74



12000 L
10000 - 18{ g
, 1 = S
= 8000 4
©
> <
@ 6000 ( =
E 000 ]
= 4000 |‘ \ § o5
| Ss| 8 --58 %&
] L2 9 [losa~ |~
20004 J| g:}‘ % r‘llu‘LF'Tr'l S r,lf\
Vo by ) |
f (i ALY Y N
OW"'M,JUWVWW SN A
10 20 30
20/ Degree
(@

(b)

Fig. 30: (a) XRD patterns and (b) SEM image of the as-synthesized SAPO-34 crystals.

Table 11: Surface area and micropore volume of SAPO-34 before and after calcination.

BET surface area Micropore volume
Sample y 4 .
(m°g™) (cm>g™)
Before calcination 28 No pore
After calcination 709 0.254

4.2.2 Solvent for polymeric

precursor

Two solvents were tested to dissolve the polymer precursor; N-methyl-2-pyrrolidone

(NMP) and dichloroethane (DCE). The N-methyl-2-pyrrolidone is a conventional solvent used in

polyimide membranes. The dichloroethane dissolves PEI, and has higher vapor pressure and

lower boiling point than the former solvent. The physical properties of DCE and NMP are

displayed in (Table 12).
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Table 12: Physical properties of DCE and NMP [10]

Density Viscosity Boiling point Vapor pressure
Solvent
(@mL?) | (10°Pas) (°C) (Pa)
N-methyl-2-pyrrolidone 1.02 1.70 202 40
Dichloroethane 1.25 0.84 83 11.6x10°

Two sets of mixed matrix solutions were prepared using NMP and DCE as solvent
precursor with a PEI/solvent weight ratio of 6 wt% and SAPO-34/PEI concentrations of 0, 5 and
10 wt%. The performances of the obtained membranes as a function of SAPO-34 amount are
shown in Fig. 31. It was observed that the neat polymeric membranes (SAPO-34/PEI = 0 wt%)
in both sets were not selective for the separation of the pair gas. The difference in permeance
through the neat membranes can be attributed to the solvent type [11]. Shao et al. [12] stated that
solvents have various chemical and physical properties that induce different interactions with
polymer chains. Therefore, the resultant polymeric membranes may have solvent-dependent
morphologies and separation performances. The incorporation of SAPO-34 in the polymeric
matrix affected differently the performance of the obtained membranes. In the case of the first set
using NMP (Fig. 31 a), the permeance of CO, increased with the amount of SAPO-34, while the
permeance of CH, remained stable. However, in the case of the second set using DCE (Fig. 31
b), the opposite behavior was observed, the permeance of CH, decreased compared to the
permeance through the neat polymeric membrane, while the permeance of CO, remained stable.
It seems that SAPO-34 in membranes using NMP behaved as a porous additive since the CO,
permeance increased. However, it acted as a non-porous barrier when using DCE since no
noticeable changes were observed in the CO;, permeance. Membranes with 5 wt% SAPO-34
showed the highest performance with a CO, permeance of 2x10™° mol m?sPatand a CO,/CH,
ideal selectivity of 12 in the case of membranes with NMP and a CO, permeance of 4x10™° mol
m?s'Pa’ and a CO,/CH, ideal selectivity of 60 in the case of membranes with DCE. Earlier
Chung et al. [13] stated that several variables can influence MMMs performances such as the
combination of polymer/inorganic filler, the particle size, the particle sedimentation and
agglomeration, and the polymer/inorganic filler interface morphologies. It can be concluded that
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the precursor solvent plays an important role in defining the physical properties of the resultant
polymeric matrix and the nature of the interaction between the polymer and the inorganic filler.
Membranes with 10 wt% SAPO-34 showed a decline of the ideal selectivity clearly
observed in the set using DCE. It can be concluded that defects were created at 10 wt% additions
allowing an increase of both CO, and CH, permeances and a decrease of CO,/CHy, selectivity.
Similar observations were reported by Duval et al. [14] and Huang et al. [15] who found that

higher zeolite content increased permeances and decreased selectivities.
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Fig. 31: Comparison between the effect of (a) NMP and (b) DCE solvents on the performance of
the synthesized membranes measured at 303 K and 0.10 MPa.

The X-ray diffraction spectra of the synthesized membranes using DCE and NMP are
presented in Fig. 32. The spectra showed the structural changes in MMM s as the solvent changes
and as the amount of SAPO-34 increases. Generally, when a polymer contains large crystalline
region, the XRD spectra shows sharp peaks with high intensity, while broader peaks and low
intensity show amorphous region [16]. Pure PEI dissolved in both PEI and NMP showed one
broad peak at 20 = 17° indicating that both solvent did not change the crystallinity of the polymer
[17]. The obtained PEI matrix was amorphous. Pure SAPO-34 presented sharp peaks (Fig. 30 a)
with a highest peak intensity at 20 = 10°. The MMM s synthesized using NMP and DCE showed
two features; one sharp peak attributed to the zeolite SAPO-34 at 10° and one broad peak
attributed to the polymer. The intensity of the sharp peak increased with increasing the amount of
SAPO-34. In the case of membranes using NMP as solvent, the addition of 5 wt% SAPO-34

made the broad peak slightly sharper and changed a little its position to lower angles. Therefore,
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the structure of the PEI was slightly disrupted by the incorporation of SAPO-34 which can
explain the obtained enhancement of CO, permeance. However, in the case of membranes using
DCE as solvent, the broad peak did not change. It can be surmised that the separation of CO, was
affected by the structural state of PEI.

(SAPO-34/PEIl)

S (s 10Wt%
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Fig. 32: XRD spectra of MMMs synthesized using NMP and DCE with various amount of

SAPO-34.

It should be noted that membranes using NMP as precursor solvent needed six cycles of
dip-coating and drying to achieve an appropriate separation performance, while membranes
using DCE needed only one cycle for the separation. The thickness of membranes prepared using
NMP was not uniform (Fig. 31). This can be attributed to the physical properties of the used
solvents (Table 12). ). As explained by Ahmad et al. [16] a long evaporation time of a membrane
solvent may induce the sedimentation of the inorganic filler and consequently the formation of a
membrane with non-homogeneous morphology. However, a low boiling point solvent requires
less evaporation time and the sedimentation of the inorganic fillers may not have time to occur.
According to these observations and permeation measurements, dichloroethane was selected as
the MMM s solvent for further experiments because it required only one dip-coating/drying cycle

and resulted in reasonable gas permeances and better CO,/CHy, ideal selectivity.
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Fig. 33: (a) Drying process of the supported MMM s and (b) cross section image of membrane 5

wt% using NMP as polymeric solvent.

4.2.3 Single gas measurements

The permeance of various gases through the MMMs synthesized with the DCE solvent as
a function of the kinetic diameter measured at 303 K and 0.10 MPa are shown in Fig. 34. From
this section on, the membranes are named according to the SAPO-34 amount in the PEI/DCE
precursor. Membranes with 0, 5, and 10 wt% SAPO-34/PEI are denoted MMM-0, MMM-5, and
MMM-10, respectively. The permeance of the pure gases followed roughly the order of the
kinetic diameter indicating a molecular sieving effect (H, > CO, > N, > CH,4). However, there
were some deviations. In the case of MMM-0 and MMM-10 membranes, the permeance of CH,4
was higher than that of N, suggesting a shorter diffusion pathway for CH4 which can be
attributed to defects within the matrix. The addition of SAPO-34 affected mainly the permeances
of bigger molecules such as N, and CH,4. The ideal selectivity of smaller gases towards bigger
ones improved, especially in the case of the MMM-5 membrane. The permeances of large gas
molecules were higher in the case of MMM-10 membrane than that of the MMM-5 membrane.
This can be explained by SAPO-34 agglomeration when present in high amount in the matrix.
When SAPO-34 particles were agglomerated N, or CH,4 had fewer barriers to overcome (Fig. 35
¢). The MMM-10 looked like MMM-0 to some extent especially because the permeances of H,
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and CO, were similar (Fig. 34 and Fig. 35 a and c). However, it seems that in the case of the

MMM-5 membrane, particles were homogeneously dispersed resulting in longer pathways for N,
and CH, (Fig. 35 b).
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Fig. 34: Permeance of various pure gas molecules through MMM-0, MMM-5 and MMM-10
measured at 303 K and 0.10 MPa.
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Fig. 35: Representation of the permeation pathway of N, and CHy in the synthesized membranes.
The performance of the obtained MMMs are presented in a Robeson type diagram and

compared to recent work on MMMs (Fig. 36). The MMM-5 membrane presented a noticeable

improvement compared to MMM-0. The MMM-5 is potentially attractive when compared with

recently reported MMMs.
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Fig. 36: Performance of the synthesized membranes presented in Robeson diagram compared

with recent MMM s data for the CO,/CHy4 separation [18,19,20,21,22,23,24,25].

4.2.4 Mixed gas measurements

The permeation behavior of a gas mixture is generally different from those of the single
gases [26]. Mixed gas selectivity was evaluated at a CO,:CH,; molar ratio of 50:50 and was
compared with single gas results (Fig. 37). The single gas measurements were performed at 0.05
MPa in order to maintain the partial pressure of gases equal to that corresponding to a 50:50
mixture. Both measurements were carried out at 303 K. In the case of the neat polymeric
membrane MMM-0, the CO,/CHj, selectivity of the gas mixture was similar to that for ideal
selectivity suggesting no competitive solubility or diffusion of the gases in this type of
membrane. However, differences were observed when SAPO-34 particles were incorporated

indicating a change in the permeation behavior.
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The effect of temperature and the pressure difference on the separation performance of
the equimolar mixture CO,/CH,4 were investigated. First, the temperatures were varied from 303
to 393 K under a pressure difference of 0.10 MPa, and the results are summarized in Fig. 38. The
CO,/CH, ideal selectivity was also shown for comparison. The performance of the synthesized
membranes showed a similar trend compared to the ideal gas selectivity. In the case of the
MMM-0 membrane, the ideal selectivity was almost similar to the separation factor in the mixed
gas system. The permeances of both gases were similar indicating the absence of any
competition between CO, and CH, in order to cross the neat polymeric membrane (Fig. 38 a).
However, in the case of the MMM-5 and MMM-10 membranes, higher separation factors were
observed with the mixtures. The reason can be attributed to competitive permeance or a
hindrance effect between the gas pairs in the membrane. The permeance of CO; hardly changed,
while the permeance of CH, increased from 303 to 393 K for the MMM-5 and MMM-10
membranes. It can be said that the solubility of CH4 was significantly hindered by that of CO,,
leading to higher selectivity in the mixed gas system (Fig. 38 b and c).

Second, the effect of the pressure difference on the separation performance was
investigated in the range between 0.05 and 0.20 MPa under a permeation temperature of 303 K
(Fig. 39). The CO, permeance changed slightly (Fig. 39 b and c). However, the CH, permeance
decreased with the increase of pressure difference reflecting high concentration dependence. This
dependency did not occur in MMM-0 (Fig. 39 a).
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Fig. 38: Permeances and separation factors of the equimolar CO,:CH4 mixture as a function of

permeation temperature under a pressure difference of 0.10 MPa for (a) MMM-0, (b) MMM-5,
and (¢c) MMM-10 membranes.
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membranes.

4.2.5 Calculation of gas diffusivity and solubility

As explained in Chapter 1, gas molecules permeate through polymeric membranes by
the solution-diffusion mechanism. The mechanism is mainly controlled by the diffusivity and the
solubility of the permeated gases in the polymeric matrix and by the thickness of the membrane
(Eq. (6)). Time-lag measurement is an experimental method that determines gas solubility and
diffusivity. It was performed in order to understand the effect of the addition of SAPO-34 to gas
diffusivities and solubilities in the MMMs. The experiments were carried out at 303 K and 0.10
MPa. Solubility and diffusivity can be written as in Eq. (10) and Eq. (11), respectively. At time
zero, a precise amount of CO, or CH,4 was injected into the membrane at the feed side. The
amount of gas permeated through the membrane gradually increased until reaching a steady state.

The total amount of permeated gas as a function of time is shown in Fig. 40 a. The response of
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CO, and CH,4 were similar for the case of MMM-0 membrane. The addition of SAPO-34

affected mostly the CH,4 response. The cumulative quantities of the permeated gas as a function

of time are shown in Fig. 40 b. The x-intercept determined the time-lag (Eq. (10)), while the

slope of the line determined the flux at the steady state (Eq. (11)). The MMM-5 membrane had

the smallest slope for both gases. The obtained results are displayed in Table 13. The addition of
SAPO-34 affected clearly the time-lag of CH,.
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Fig. 40: (a) Response curves for the time-lag measurements, and (b) time-lag curves of CO, and

CH4 measured at 303 K and 0.10 MPa for the MMM-0, MMM-5, and MMM-10 membranes.

Table 13: Slopes, y-intercepts and time-lag of 0, 5, 10, 15 and 20 wt% SAPO-34/PEI MMMs of

the cumulative quantity of permeated gases.

Gas CO,
Membrane MMM-0 MMM-5 MMM-10
Slope (x10®) (mol s™) 5 ) 5
y-intercept (x10™7) (s) 10 5 11
Time lag (s) 20 29 21
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Gas CH,
Membrane MMM-0 MMM-5 MMM-10
] -1
Slope (x107) (mol s™) 60 0.7 5
: 3
y-intercept (x10™) (s) 0.9 D 5
Time lag (s) 15 29 10

The solubilities and the diffusivities of CO; and CH, through the synthesized MMMs are
shown in Fig. 41 a and b, respectively. The zeolite affected mainly gas solubility, while the
diffusivity was stable. Therefore, SAPO-34/PEI membranes separated CO, and CH,; by
differences in solubility and both gases competed for the solubility sites as was concluded for the
mixed gas experiments. At the temperature of permeance and time lag measurement, 303 K, the
diffusivity does not change with SAPO-34 content, but the solubility of CH, goes down. This
could be because the SAPO-34 crystallites occupy the matrix volume that would otherwise
contribute to solubility. The CO; solubility goes down a little, indicating that CO, can enter the
zeolite. The diffusivity is not changed because the temperature is too low and there is little
transport through the SAPO-34. Indeed, when temperature is increased the permeance of both
gases increases.

A comparison between the single gas permeance experimentally obtained and calculated
using the time-lag method is shown in Fig. 42. Even though the permeances obtained from the
two methods were slightly different, they were consistent and confirmed the accuracy of the
experimental procedure. The differences might be related to the experimental errors and the

assumption of membrane thickness.
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Fig. 42: Comparison between measured permeance and calculated permeance using time-lag

method as a function of SAPO-34 loading assuming a membrane thickness of 1 um.

4.2.6 Microscopic structure

The surfaces of the obtained MMMs are shown in Fig. 43. The MMM-0 and MMM-5
membranes had defect free surfaces. However, the MMM-10 membrane presented particle
agglomeration. Evidently, the agitation and the ultrasonic treatment were not enough to disperse
the zeolite in the matrix. The absence of trend in the permeance measurements, especially for the
high SAPO-34 content membrane, can then be explained by the presence of agglomeration and
holes within the selective layer. The agglomeration is due to the incompatibility (difference of
affinity) between the SAPO-34 surface and the polymer chains. Chung et al. [13] stated that

precipitation of zeolites may occur during MMM preparation because of the very different
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physical properties and difference in density between zeolite and polymers. Bastani et al. [27]
attributed the particle agglomeration in MMM especially at high zeolite loading to the

sedimentation or surface pattern (migration to the surface). Therefore, the probability of voids

formation was increased. The thickness of the MMM-5 membrane was 1 um.

Fig. 43: The top surface of the synthesized MMMs; (a) 0, (b) 5, (¢) 10, (d) 15, (e) and (f) 20 wt%
SAPO-34/ PEL and (g) the cross section of 5 wt% membrane.

4.3  Conclusions

Mixed matrix membranes were synthesized by dispersing zeolite SAPO-34 in
polyetherimide polymer. Dichloromethane was selected to dissolve the polymer rather than N-
methyl-2-pyrrolidone; a conventional solvent used for the polyetherimide membranes since the
former solvent resulted in a homogeneous selective layer and gave high CO,/CH, selectivity.
Various SAPO-34 amounts from 0 to 10 wt% were dispersed in the polymer precursor dissolved
into dichloroethane. A membrane with 5 wt% SAPO-34 loading presented the highest
performance with a CO, permeance of 4.41x10™° mol m?s™Pa™* with a CO,/CH, selectivity of 60.
The separation occurred based on the difference in gas solubility. The SAPO-34 decreased CH,4
permeance by increasing its diffusion pathway. Higher loading caused the agglomeration of the
zeolite particles.
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Chapter 5: Robeson Upper Boundary Optimization for
CO,/CH, Separation

This Chapter is a modified version of a paper submitted in the chemical engineering research and
design: B. Castro-Dominguez, P. Leelachaikul, S. Belhaj Messaoud, A. Takagaki, T. Sugawara,
R. Kikuchi, S. T. Oyama, The Optimal Point within the Robeson Upper Boundary.
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Overview

The Robeson correlation is an empirical plot that shows a tradeoff between selectivity
and permeability of gases whose upper boundary is often used to evaluate the performance of a
membrane system. This chapter shows that it is possible to define an optimum
permeability/selectivity point on this boundary based on economic optimization. Examples are
presented for the separation of four gas pairs: CO,/N;, O./N,, CO,/CH,4, and N,/CH4. The
constraints used to limit the optimal point are based on the cost of the membrane, the number of
units required to achieve a specific separation, and the compression requirements. The total costs
include the fees for utilities and capital costs, and interest payments. The model results are
verified against other studies, while initial and targeted parameters are subject to a sensitivity
analysis. The optimum points obtained at an operating pressure of 1 MPa were for CO2/N, a
permeability of 3,200 barrers and a selectivity of 24, for O,/N; a permeability of 550 barrers and
a selectivity of 4, for CO,/CH,4 a permeability of 2,000 barrers and a selectivity of 20, and for
N2/CH,4a permeability of 110 barrers and a selectivity of 2.

51  Simulation Parameters

This work involves a mathematical analysis of membranes in a serial cascade, which is
the most direct arrangement for implementing a separation. As shown in Fig. 44, the permeate
stream is sent through a series of n membrane units and n centrifugal compressors to achieve a
given purity. Generally in practice, recompression of the permeate stream is often not
implemented to avoid complexity. However, the present model presents recompression for each
stage in order to make an analysis at the same pressure, and also to consider identical staged
units, in order not to make assumptions about process operations. The simulation accounts for
recovery, production target, purity of species and the permeation properties of the membranes.
The following assumptions were made for the development of the mathematical model to
optimize the membrane separation process:
e Negligible pressure drop and composition change within a membrane unit (perfect mixing).
e Constant unit recovery (r) for all stages.
e Invariant permeability and selectivity of the gases in all stages.

e Constant pressure difference (AP) between the feed and permeate in each stage.
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e Unaltered operating temperature of 298 K.
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Fig. 44 : Membrane process configuration.

For simplicity the present simulation does not make assumptions of co-current or
counter-current flow and takes the concentration difference to be constant. This perfect mixing
assumption might not be the case in actual units since the permeation of gases makes the gas
partial pressure difference vary along the membrane length. A comparison of partial pressure
difference among ideal, co-current and counter-current cases will be presented and discussed in
section 5.4.1.

The simulation was performed with MATLAB 7.0.4 and was designed to calculate the
capital and operating costs that polymeric membranes have at specific permeabilities and
selectivities within the Robeson’s upper limit. Several parameters including product purity,
recovery, operating pressure, membrane selectivity and membrane thickness were investigated to
find an optimum cost required for the separation of CO,/N,, O,/N,, CO,/CH, and N,/CH, gas
streams. The gas pairs are listed in the order of their permeances, so the first species is the
permeating species and the second is the retained species. In the separation of CO,/N, the
targeted product was in the permeate stream while in the other three (O,/N;, CO,/CH, and
N,/CH,) the desired product was in the retentate. In this chapter species “A” represents the gas
that permeates faster and exits with the permeate, while “B” represents the species that

permeates slower and remains in the retentate. A reasonable thickness of the selective layer of all
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membranes was assumed to be 1 um [1,2,3] to convert to barrers, which is used in the Robeson

plot.

Case I: Main product (A) in permeate
The selectivity (a), purity of A (Pur,) and number of membrane units (n) for stages (in

superscripts) are mathematically related as shown in Eqgs. (28)-(30).

@ = Pa o Fa/Adry _ FP R Eq. (28)
pY FO/a;0PP FOFED |
@ ©
F F
A _ on_A
£00 = a Q) Eq. (29)
B B
FY
Pur, = =" Eq. (30
A7 ™ q. (30)

where PA@ is the permeance of gas A at stage i (mol m2s?*Pa™), Plg(i) is the permeance of gas B at
stage i (mol m?s?*Pa™), FA@ is the molar flow rate of gas A in the permeate stream at stage i (mol

sh), FB(i) is the molar flow rate of gas B in the permeate stream at stage i (mol s™), 4; is the
membrane area required for stage i (m?), and Pura is the purity of gas A. Substituting Eq. (29)
into Eq. (30) yields the number of units required to reach a specific product purity as shown in
Eq. (31).

_ log(PurA-Fg))/(l—PurA)-F;o))
n= log (@) Eq. (31)

The trade-off relationship between permeability (P) and selectivity is based on the
Robeson’s upper limit in polymeric membranes [18] as represented in Eq. (32). In this equation

the constants k and m are shown in Table 14.

P = kaq™ Eq. (32)
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Table 14 : Parameters k and m for Robeson’s upper bound curve [18]

Gas pair k (barrers) m
CO2/N; 31,000,000 -2.89
0O2/N; 1,400,000 -5.67
CO,/CH,4 5,370,000 -2.64
N2/CH4 2,600 -4.51

The recovery of species A (r4) for each unit is defined in Eq. (33), while the overall

recovery (Rec,) is shown in Eq. (34). Their relationship was obtained as shown in Eq. (35).

FY
Ta =T Eq. (33)
A
F§V
RBCA = @ Eq. (34)
ry = Recy" Eq. (35)

Furthermore, the molar flow rate of gas A at stage i (FA@) and the permeance of gas B at

stage i (FB(i)) were computed as in Egs. (36)-(37).

FO = rip Eq. (36)
. OB
FO = F0 @E Eq. (37)

The area of the membrane required in each unit i is expressed by Eq. (38). The power

required for each compressor (PWR(i) kW) was computed according to Eq. (39) [4].

Comp’

FP #SV+rD)

A(l) = £ -
Py apFiY

Eq. (38)

PWR,,, = (8.277 .27 (“211) ()| (22) 7 - 1] Eq. (39)
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where 1 is the compressor mechanical efficiency, assumed to be 60%, T; the inlet temperature
(K), P, the inlet compressor pressure (Pa), P, the outlet compressor pressure (Pa), K' the gas
specific heat ratio (C,/C,), assumed to be 1.4. The molar flow rate F® in Eq. (39) is in mol s™.

The economic evaluation required the estimation of the capital cost for each membrane

unit (C,(V,i), $) and compressor (C(i)

Comp’

$) which were computed according to Eqgs. (40)-(41) [4].

The area A® in Eq. (39) has units of m? and PWRY in Eq. (40) of kW. Note that capital

Comp
costs have a chemical engineering (CE) plant cost index of 394 (2002) as specified by Seider et
al. [4].

cP =37740 Eq. (40)
Cormp = FuFp(exp{7.4580 + 0.80 [in(PWRY), )|} Eq.
(41)

The material and design factors (Fy and Fp) corresponded to 5.0 and 1.25, respectively
[4]. Utilities included the electricity needed to run the compressors. The utility cost (Cy, $ yr'?)

for the process was computed by Eq. (42) where the power required for the compressors

(PWRY

Comp) in Eq. (42) is in KW [5]. The number of compressors starts from stage 0 (before

entering the first stage) to stage n-1 (before entering the final stage). Therefore, (i-1) was used
to indicate the compressor for stage i in Eq. (37).

Cy=0. 045( o PWR(Ci;nlli,)(operating hours per year) Eq. (42)

The annual cost was used as the economic indicator as suggested by Seider et al. [4]
and a rate of return of 20% was assumed as a reasonable internal interest rate. Other costs
included in this model include factors to account for 1) piping and additional equipment (10%
of compressor cost) 2) purchase price markup (50% of total capital cost) and 3) installation
(15% of total capital cost) [5]. The annual cost for each gas separation process (C, $ yr™) was

estimated utilizing Eq. (43). The flow diagram utilized in this simulation is shown in  Fig. 45.
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The objective function is the total cost for producing the targeted gas which is a function
of capital costs and utilities. The capital costs are distributed based on the assumption of having a
return of investment 20% (Eq. 43).

€ =Cy+(0.2)(1.5)(L15) XL, (€Y + 1.1¢5 ) Eq.
43)
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Fig. 45 : Flow diagram of the simulation program.
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Case I1: Main product (B) in retentate
In this case, the purity of B (Purg) and overall recovery of B (Recg) in the retentate
was targeted. In order to use the simulation above, the purity of A (Pur,) and recovery of A

(Rec,) in the permeate phase needed to be calculated from Eqns. (44)-(45) below.

i 0
_ SRRy FP-FY

Recp = =547 = 7o Eq. (44)
Purg = ?zli:;:i;}i T (Fﬁl")—pg’%);;l(?i:’)—pg")) Eq. (45)
Rearranging Eqs. (44) and (45).

F™ = (1 — Recy)F” Eq. (46)
an) _ Purg FQ —(1-Purg)(FO -F) Eq. (47)

Purpg

F;l(”)can be obtained from Eq. (47), and then the purity and recovery of A in the permeate can

be calculated.

5.2  Validation of the model

The validation of the model consisted of comparing the costs reported in the literature to
the values obtained in this simulation. The gas pair chosen for this validation was the purification
of O, from air since it is a simple, yet important separation [18]. This work considers the process
analyzed by Gollan and Kleper [5] for oxygen enrichment.

The process consists of an increase in the atmospheric oxygen concentration (21%) to
35% by utilizing one membrane unit with a selectivity of 3.5 to 6 and capacity of 1 to 20 ton day
! requiring a constant electric consumption of 177 kWh ton™. One stage is required to achieve
the desired separation with an O, recovery of 50%. The cost reported by Gollan and Kleper [5]

for this separation was estimated between $20 to $30 ton™.

98



The present simulation was run assuming a selectivity of 4.75, a membrane thickness of
100 um and a transmembrane pressure drop of 65 kPa to achieve an energy consumption of 181
kWh ton™. These assumptions were made in order to keep the parameters consistent with those
presented earlier [5].

The simulation performed in the present study showed that enriched O, with a 50%
recovery and an O, concentration of 35% costs $26 ton™. The cost obtained of $26 ton™ (394 CE
index, 2002), was converted to $21 ton™ (323 CE index, 1984) to compare with the costs

reported in the literature; suggesting that the simulation model predicts valid operational costs.

5.3  Results and Discussion
5.4.1 Ideal, co-current and counter-current flows

Ideal flow (perfect mixing), counter-current flow and co-current flow were examined in
order to investigate the effect of flow patterns on the partial pressure difference between the feed
and the permeate. The calculation was performed for a single membrane unit to reach the product
purity and recovery as shown in Table 15. As expected, the results show that the partial-pressure
difference decreases in the order; ideal > counter-current > co-counter. The point though is that
the differences are not immense, so that for a first-order analysis as in this study the assumption
is adequate. The objective of this paper is to demonstrate that there is an optimal point in the
Robeson upper boundary, something that has not been considered before. More refined studies
that consider more realistic flow patterns and membrane process design are needed before

installing a membrane process in industry.
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Table 15: Comparison of partial pressure difference among ideal, co-current and counter-current

flows at a total feed pressure of 1.1 MPa.

G Partial pressure difference of gas A
as
) Feed Product (MPa)
pairs . ) Recovery
composition Purity Counter-
(A/B) Ideal Co-current
current
CO,/N, 15/85 CO, 85% CO, 50% 0.17 0.09 0.05
0,/N, 21/79 N, 90% N, 50% 0.23 0.15 0.14
CO,/CH, 20/80 CH,4 90% CH,4 90% 0.22 0.12 0.13
N,/CH, 14/86 CH490% CH499% 0.15 0.11 0.11

5.4.2 Operating conditions

Operating conditions and targets for the gas pairs presented are summarized in Table 16.
These conditions consist of the targeted purity and recovery of the desired species, the capacity
of production and raw composition of the gas mixture and the properties of the membrane such
as thickness and cost ($ m™). Each parameter is supported by the literature and its description is

presented in detail in the following sections.

5.4.2.1 CO,/N;

The separation of N, from CO; is necessary for the recovery of CO, from flue gases. This
separation requires a CO, with a purity of 95% with a minimum recovery of 90% as specified by
Van der Luus et al. [6].

5.4.2.2 O, /N;

The separation of the O,/N, gas pair is performed mainly to obtain purified nitrogen from
air which is composed of 21% O, and 79% N,. Baker [7] reported that the principal market for
nitrogen is for 99% nitrogen purity. To achieve this separation nitrogen can be recovered to 50%

by utilizing membranes that have selectivity of 8. It is reasonable to assume a recovery of 50% in
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air separation since air does not have value. MVS Engineering Ltd. developed ZEN series
models of membrane nitrogen generators with capacity of 150 tons day™. This number was used

as a parameter in the simulation.

5.4.2.3 CO,/CH,4 and N,/CH,

Methane is the most abundant component in natural gas, but CO, is an impurity that can
be present in concentrations as high as 70% [7]. The concentration of CO, is desired to be
reduced to less than 2 mol% as specified for pipeline quality gas [8]. Bhide and Stern [9]
reported the production of CH,4 with a capacity of 510 tons day™ with CO, feed concentrations of
5-40 mol%. Nitrogen is another impurity in natural gas that requires removal to have a high
heating value of the fuel. The separation of CH, and N is one of the most difficult gas
separations as shown by Robeson’s upper limit [18]. Nitrogen can be in concentrations as high as
15% and requires its removal to a concentration of < 4% to have a pipeline quality gas.

Table 16 summarizes the values used for the various gas separation based on the four
studies just discussed. These quantities will be used in the analysis carried out here, as they will
allow the comparison of results to those obtained earlier.

Table 16: Base parameters used in CO,/N,, O2/N,, CO,/CH4 and N,/CH4 simulation

Parameter CO,/N; 0,/N; CO,/CH, N,/CHy
Purity CO,99% N, 99% CH,499% CH499%
Recovery 90% [6] 90% 99% 90%
Capacity (ton product day™) 37,000 [6] 150 510 [9] 550 [8]
Raw composition 15/85% 21/79% 20/80% 14/86%
Membrane thickness (um) 1 1 1 1
Membrane cost ($ m™) 377 377 377 377
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5.4.3 Selectivity, purity and number of stages

The number of stages required to perform a separation and reach a desired purity is one
of the most important quantities that affect the economics of a membrane process. The
relationship between selectivity, permeability and number of units required to separate CO2/N,,
0,/N,, CO,/CH,4 and N,/CHy,4 to achieve a desirable purity are shown in Fig. 46. The Robeson’s
line is plotted as a diagonal in the selectivity/permeability basal plane while the number of units
required is displayed vertically.

The number of units presented in Fig. 46 show the minimum number of units required to
achieve at least the specified purity. For example, the separation of CO,/N, requires only two
units to achieve a purity of 99% as long as the selectivity is greater than 24. Note that
selectivities higher than 76 will achieve a purity of > 99.9% for two units.

The trend within the Robeson’s line shows that at high selectivities and low
permeabilities the number of units required is minimal (front-right quadrant of graph). As the
selectivity decreases, the permeability becomes higher but the number of units increases. The
separation of CO,/N, targeting a purity of 99% requires 1 unit for selectivities greater than 560.
Nevertheless, lower selectivities ranging from 560 to 24, 23 to 9 and 8 to 5 require a minimum of
2, 3, and 4 units, respectively, as indicated in the graph.

The separation of N2/CH, is more difficult than O,/N,, CO,/CH, and CO2/N; since the
Robeson’s upper bound shows lower selectivities and permeabilities for the former gas pair. This
difficulty results in higher number of units required to reach a specified purity. This can be seen
in the larger y-scale range for those gas pairs (Fig. 46). Polymeric membranes can separate
0O,/N, and CO,/CHj, effectively. In addition, since the initial concentration of N, and CHy, is high,
most O,/N, and CO,/CHy selectivities are high enough to purify nitrogen and natural gas without
the necessity of a cascade system. The separation of CO, from N, can be achieved at high
permeabilities with a moderate number of units.

From the Robeson’s line, lower number of units implies lower permeabilities. To
overcome these low permeabilities and reach any specified production target, either an increase
in the membranes’ surface area or the driving force (pressure) is required. An increase in the
surface area affects proportionally the membrane costs. Increasing the pressure of the system can

be a method to increase flux while maintaining low membrane area. Nevertheless, a pressure
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increase represents higher compressor costs and higher electricity consumption. Pressure costs

and the area of the membrane are in a trade-off that needs to be optimized. However, the
optimum point does not necessarily correspond to the minimum number of units.
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Fig. 46 : Number of stages required to purify gas pairs at different purities and permeabilities a)
COQ/NQ b) 02/N2 C) COQ/CH4 d) N2/CH4.

5.4.4 Effects of pressure on membrane costs

The partial pressure difference between the permeate and the retentate streams is the

driving force in membrane separations. The pressure required in membrane processes can be
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generated by compressors installed at the entrance of each membrane unit. The costs of
compressing gas mixtures increase at higher pressures (Fig. 47). An increase of pressure from 1
to 5 MPa has higher compression costs (50 to 100 $ ton™) at selectivities ranging between 30 and
300. The number of compressor units influences the costs of compression. Fig. 47 shows a step
increase as each compressor unit is added. For example, at a selectivity of 30 the compression
cost at 1 MPa changes from 60 to 70 $ ton™.

Increasing the membrane’s operating pressure allows the use of lower permeabilities and
thus higher selectivities. However, there is also an economic tradeoff between the cost of
compression and the membrane areas. Consequently, to achieve a desired production rate,
recovery and purity, the cost of the compressors and the membranes must be optimized to

achieve the most economical separation.
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Fig. 47 : Effect of the number of stages on compression costs for the separation of CO,/N,.

This study evaluates the tradeoff relationship between compression, number of units and
membrane area in economic terms. The costs shown in Fig. 48 represent the costs of separating
the gas pairs with the particular targets specified in Table 16. The expenses are plotted within
the Robeson’s line to illustrate the economics of the upper boundary.

Initially, the curves in Fig. 48 show that the highest expenses, independently of the

operating pressure, are at the lowest permeabilities. As the permeability increases, the costs
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decrease exponentially. This is caused by the reduction of the area of the membrane required to
reach a specific production rate and recovery. Fig. 48 shows log-log plots where the exponential
decay is represented as straight lines with slopes of ~-1. The negative unity slopes indicate that
the cost of the membrane is the main contributor to the operation expenditure and that pressure
has a small contribution at small permeabilities. The lowering of the membrane’s area is always
beneficial, as long as the selectivity does not affect the separation economically. However, the
Robeson’s line presents a tradeoff between selectivity and permeability.

After the exponential decrease in costs with increasing permeability, the expenses reach
minimum points which have slopes = 0 indicating that the costs of compression and membrane
contribute equally to the lowest expenditure. As shown in Fig. 48, the minimum point occurs
when increasing the permeability does not improve the economics of the membrane. This is the
result of lower selectivities at higher permeabilities. Consequently, as the selectivity decreases,
the required number of membrane units needed to achieve the desired purities increases. This
minimum point shows where the maximum flux across the membrane occurs while the number
of compression stages, the surface area of the membrane, and the number of units are minimal.

After the minimum point, a moderate increase in costs is observed with increasing
permeability and decreasing selectiity. This is caused by the increase in the number of membrane
units which entail higher membrane area and compression requirements. This section has a slope
> 0 indicating that the pressure is the highest expenditure.

The influence of the operating pressure on the economics of the process presents an
interesting behavior (Fig. 48). Membranes with small permeabilities operating at high pressures
show lower costs than at low pressures. This is a result of the costs of the membrane overcoming
the costs for compression.

From another point of view, the curves in Fig. 48 represent the optimal pressure
difference between the retentate and the permeate stream. A membrane with a specific
permeability should be operated at a pressure that reflects the lowest costs. For example,
Fig. 48 (b) shows that to separate O, and N, at permeabilities between of 10 and 1 barrers, it is
desired to operate the membrane system at a pressure of 10 MPa, rather than 1 or 5 MPa.
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Fig. 48 : Effect of pressure drop across the membrane on costs for the separation of a) CO»/N; b)

0,/N; ¢) CO»/CH, d) d) No/CH,.

For membranes with a given selectivity and permeability, it is possible to find the
optimum operating pressure as shown in Fig. 49. This figure shows separately the costs of the
membrane, compression, and total costs as a function of operating pressure and membrane area
available for a membrane used to separate an O,/N, mixture. The membrane was set with a
selectivity of 8 and the production targets shown in Table 16.

Compression costs decrease as the area of the membrane increases as a result of the
reduction in the pressure needed to achieve a specific flux (Fig. 49). In contrast, the membrane
costs decrease as the operating pressure increases as a result of the reduction in the area for
permeation required. The total costs of membrane operation are in tradeoff between the costs of
the membrane and compression costs. This results in a minimized cost of operation. For instance

this point occurs at a pressure of 6 MPa with a total cost of 900 $ ton™ for the O,/N, separation
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considered. This figure mainly focuses on operating parameters. By fixing the properties of the

membrane to selectivity and permeability, it is possible to appreciate that there is an optimum
operating pressure to achieve the targeted flux.
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Fig. 49 : Effect of operating pressure, area of the membrane and costs for a membrane with an

0,/N; selectivity of 8.

5.4.5 Optimum economic point within the Robeson’s line and operating recommendations

Obtaining the optimal point along the Robeson’s line is not a straightforward task since
the results depend on the targets of production (production rate, purity and recovery), feed
compositions and the properties of the membranes. Nevertheless, this is achievable for the
separation of gas pairs with specific targets. The optimum point is the critical point where the
flux is maximized by minimizing the number of stages and the area of the membrane.

The optimal points within the Robeson’s upper limit for the specified operating
conditions presented in Table 16 are shown in Fig. 50. For example, at 1 MPa the recovery of
CO, from flue gases, it is desired to operate the membrane with a permeability of 3,200 barrers
and COy/N; selectivity of 24. For the purification of N, from air, the membrane requires a
permeability of 550 barrers and an O,/N; selectivity of 4. For the removal of CO, from natural
gas, it is desired to have a permeability of 2,000 barrers and a CO,/CH, selectivity of 20.
Similarly, for the removal of N, from natural gas requires a permeability of 110 barrers and a
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N,/CH, selectivity of 2. The number of stages required to reach a product purity of 99% at
different operating pressures are summarized in Table 17. For the separation of CO2/N, and
N2/CHy, the results show that the optimal numbers of stages required are high at low operating
pressure. However, for the separation of O,/N, and CO,/CHy, the number of stages is fixed to 2
for all operating pressures. Table 17 shows the equivalent optimum permeance for each gas pair.
This allows designing a membrane with lower permeabilities but with the desired permeances.
Even though the optimum points in Robeson upper bound were predicted, these values do not
consider the degradation issues of the membrane material due to the contamination and the
physical aging.

For all the gas pairs presented in this work, the cost of the membrane is the highest
expense, even when operating at an optimum pressure. Consequently, by increasing the
permeability of the membrane, the area required to achieve the separation is reduced. However,
the reduction of the area is constrained by the number of membrane units which tend to increase
at higher permeabilities. The economic relationship between permeability, selectivity and the
number of membrane units were subject to a sensitivity analysis to demonstrate the stability of
the optimized point and to provide recommendations when targeting the design of polymeric
membranes. From the sensitivity analysis, it was found that recovery and production rate did not
affect the optimized point significantly while the purity, operating pressure, membrane cost and
membrane thickness had a considerable effect. The following recommendations are critical to
consider when designing a process or membrane for the presented gas pairs in polymeric

membranes.
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Table 17: Optimum points and operating conditions for the different gas pairs

) Permeability Permeance Permeance o AP Number

Pair gas (barrer)” | (molm?s'Pa™) | (GPU)” electivity (MPa) of
stages

3200 3.57x10° 107 24 1 3
CO,/N, 650 7.22x10° 215 42 5 2
300 3.33x10° 99 54 10 2
550 6.11 x10° 182 4 1 2
02/N, 550 6.11 x10° 182 4 5 2
150 1.67 x10° 50 5 10 2
2000 2.22 x10” 663 20 1 2
CO,/CH, 30 3.33x107 10 96 5 2
30 3.33x10” 10 96 10 2
110 1.22 x10° 36 2 1 4
N/CH, 20 2.22 x107 7 3 5 3
5 5.52 x10™ 2 4 10 2

* 1 barrer = 3.35x10™° mol m m?spa™.

"1 GPU = 1x10°® cm*(STP) cm?s*cmHg™ = 3.35x10™° mol m?s™Pa™.

5.4.5.1 CO,/N, optimization

e For an operating pressure of 1 MPa, use a CO,/N; selectivity of 24 when targeting a
separation with a purity ranging between 85 and 99%.

e Use a selectivity higher than 60 when the cost of the membrane is less than 10 $ m™. Use a
membrane with lower selectivity if the membrane cost is higher. For instance, it is
recommended to use selectivities between 32-24 if the cost of the membrane is between 100
and 1000 $ m™.

e Operate at a selectivity of 24 when the pressure is 1 MPa. Increase selectivity to operate at
higher pressure. For instance, operate at a selectivity of 54 when the pressure is 10 MPa.

e Itis recommended to engineer membranes with a thickness between 0.1 and 1 pm to operate

with a selectivity of ~24.
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5.4.5.2 O,/N, optimization

For an operating pressure of 1 MPa, target a selectivity of 4 and a permeability of 550
barrers when the objective is a N, purity between 85 to 99.9%.

Use a selectivity of ~5 if the cost of the membrane is higher than 100 $ m™.

For pressure drops between 1 MPa and 10 MPa, use a selectivity of 4 to 5.

It is recommended to use a membrane with a selectivity of 4 for membrane thicknesses >1
um and higher selectivities for to thinner membranes. For instance, a 0.1 um membrane

should have a selectivity of at least 8.

5.4.5.3 CO,/CH, optimization

For an operating pressure of 1 MPa, target CO,/CHy, selectivities of 20 and permeabilities of

2,000 barrers for a CH,4 purity ranging between 85 to 99.9%.

For membranes with costs ranging between $5 and $1,000 m™ used selectivity of 20. When

the cost of the membrane is higher, it is recommended to operate at lower selectivity (higher

permeability) in order to minimize the area required.

Increase permeability of the membrane if operating at lower pressures and decrease

permeability if at higher pressures. For instance, at 1 MPa the optimum permeability is

2,000 barrers with a selectivity of 20 while at 10 MPa the optimum permeability is 30

barrers with a selectivity of 96.

e For an operating pressure of 1 MPa, use a selectivity of 20 for membrane thicknesses of 1
um; thinner membranes require to have higher selectivities. A membrane with a thickness

of 0.1pm should have a selectivity of 100.

5.4.5.4 N, /CH,4 optimization

The separation of No/CH,4 requires operation at a selectivity around 2 when targeting a purity
of 90 to 99% at an operating pressure of 1 MPa.

The cost of the membrane should be between $10 to $3000 m™ to target a selectivity of 2 or
3.

For operating pressures between 1 and 10 MPa use low selectivities from 2 to 4. For higher

pressures increase selectivity.
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e For an operating pressure of 1 MPa, use a selectivity of 2 or 3 for membrane thicknesses

between 0.1 to 1 pm.

54  Summary : Influence of the investigated parameters on CO,/CH, separation

The tables shown in Appendix 3 and 4 summarize the influence of the several
investigated parameters on the CO,/CHy, separation process. The effect of the operating pressures
on the compression and membrane costs and on the number of stages for a methane purity of
99%, and a membrane thickness of 1 um is shown in Appendix 4. As it can be seen, at low
selectivities, the total costs depended mainly on the compression costs. However, at high
selectivities, the total costs were dependent on the membrane costs. In addition, the lower the
permeances were, the higher the number of stages became.

The effect of the required methane purity and the operating pressures on total costs and
number of stages for a membrane thickness of 1 um is shown in Appendix 5. As it can be seen,
for a given purity and at low selectivities, low operating pressures resulted in lower total costs
than at high pressures. However, at high selectivities, the opposite results were observed: the
total costs at low operating pressures were higher than that at high pressures. As the required
purity decreased, the total costs decreased slightly. For a purity of 80%, only one stage was
needed for all selectivities.

5.5  Economical evaluation of previously synthesized membranes

Secondary alkylamine silica membrane (M-I) and mixed matrix membrane composed of
5 wt% SAPO-34/PEI (MMM-5) presented the highest investigated membrane performance (Fig.
51). The synthesis and characterization methods were detailed in chapter 3 and 4, respectively.
An economic evaluation of both membranes was calculated using the model presented
previously in this chapter. However, it should be noted that the Robeson upper boundary
delimited the data of polymeric membranes. This line was used for other membrane materials
only to situate the results. Therefore, the evaluation of M-Il and MMM-5 membranes gives just a

general idea about the operating costs.
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Fig. 51: Performance of the synthesized hybrid membranes plotted in Robeson diagram for
CO,/CHy separation. M-II refers to secondary alkylamine membrane where the performance was

measured at 350 K and 0.1 MPa. MMM-5 refers to mixed matrix membrane with 5 wt% SAPO-
34/PEI where the performance was measured at 303 K and 0.10 MPa.

Concerning the secondary alkylamine silica membrane (M-I1), fortunately the obtained
performance fell on the Robeson upper boundary with a CO, permeance of 1.3x10”" mol m™s’
'pa (CO, permeability of 12 Barrers) and a CO,/CH, selectivity of 140 measured at a pressure
difference of 0.10 MPa (Fig. 51). Similar steps were applied for the economic evaluation of the
M-Il membrane. An operating pressure of 0.10 MPa was considered. The effect of this pressure
on the economics is shown in Fig. 52. The curve presented similar behavior as shown in Fig. 48.
The performance of M-I membrane was close to the projection of the minimum costs (Fig. 52).
Concerning the mixed matrix membrane (MMM-5), the obtained performance was below the
Robeson upper boundary (Fig. 51). The simulation was run considering the permeability, the
selectivity and the operating pressure of the MMM-5 membrane. The total costs were higher than
that of M-Il membrane. A comparison between the optimal point obtained for an operating
pressure of 0.10 MPa and the total costs required for M-Il and MMM-5 membranes to achieve
99% product purity is shown in Table 18. The M-Il membrane required the lowest cost for the
separation with only one stage compared to the MMM-5. The M-Il membrane had the most

reasonable permeance in the range of 1x10” mol m?s*pa™.
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Fig. 52: Effect of an operating pressure of 0.10 MPa on membrane costs.

Table 18: Economic evaluation of M-Il and MMM-5 membranes and comparison with the
optimal point on the Robeson upper boundary for operating pressure of 0.10 MPa.

Selectivity | Permeability Permeance Total cost | Number
) (Barrers) | (mol m?s?*Pa™) | (x10° $ ton™) | of stages
Optimum point for
an operating 14 5520 1.8x10° 15 2
pressure of 0.10
MPa

M-11 140 12 1.3x10°7 3.5 1
MMM-5 60 1.3 4.5x10™" 900 2

56  Conclusions

The optimum point for the separation of CO,/N,, O,/N,, CO,/CHy,4, and No/CH,4 within the
Robeson’s upper limit was found by means of a techno-economical optimization. The constraints
used in the analysis were the number of units required for a given purity, the cost of the
membrane (area) required to achieve a desired flux, and the cost for compression to provide the
driving force for the separation. The simulation showed that the optimum pressure drop to
operate an optimized membrane is between 1 to 10 MPa. In addition, curves of costs and
permeabilities were generated at different pressures to indicate the most economical operational
pressure for any given permeability. The following optimum points were reported at an operating

pressure of 1 MPa: CO,/N; requires a permeability of 3,200 barrers and selectivity of 24, O,/N, a
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permeability of 550 barrers and a selectivity of 4, CO,/CH,4 a permeability of 2,000 barrers and
selectivity of 20 and for N,/CH, a permeability of 110 barrers and selectivity of 2.
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The separation of carbon dioxide from natural gas using hybrid inorganic-organic
membranes was investigated. Two types of hybrid membranes were prepared; alkylamine silica
membranes and mixed matrix membranes.

The alkylamine silica membranes were selected because of the well-known affinity
between CO, and amine functionalities. In this case, the selective layer was deposited on the
surface of porous alumina supports by chemical vapor deposition at 673 K using a mixture of
silica precursor (tetraethylorthosilicate) and amino-silica precursor (3-
aminopropyltriethoxysilane) and oxygen as co-reagent. The amino-silica ratio was varied in
order to determine the optimum combination for the separation. The highest separation
performance was obtained for the membrane having a amine to silica ratio of 20% with a CO,
permeance of 2.3x10”7 mol m?s™Pa® and a CO,/CH, ideal selectivity 40 at 393 K. The XPS
analysis confirmed the presence of nitrogen on the surface in two states, -NH, and -NHs", and
both contribute to the interactions with CO,. The transport mechanism for CO, permeation was
surface diffusion and for CH,4 passage was gas-translation. The mean pore size of the hybrid
membrane was calculated by Tsuru’s method and was estimated to be 0.44 nm.

The effect of primary and secondary amine was also investigated. Two alkylamine silane
precursors  having primary  (3-aminopropyltrimethoxysilane) and secondary  ((3-
methylaminopropyl) trimethoxysilane) amine groups were selected for the study. The obtained
membranes were compared to an amine free membrane in order to understand the relationship
between the microstructure and the performance of the alkylamine silica membranes. The
selective layer was deposited using an amine to silica ratio of 20 wt% and chemical vapor
deposition temperature of 673 K. The highest separation performance was obtained at different
CVD times for each membrane. The performance followed the order of base strength of the
amine; secondary > primary > no amine. The amine-free membrane had a CO, permeance of
2.1x10® mol m?s*Pa?, a CO,/CH, selectivity of 4. The primary amine membrane displayed a
CO, permeance of 2.1x10® mol m?s*Pa?, a CO,/CH. selectivity of 70. The secondary amine
achieved a CO, permeance of 1.3x10”" mol m?s'Pa?, a CO,/CH, selectivity of 140. The
performance of the secondary amine was the highest and has values of commercial significance,
and indicates that the membranes are promising for practical applications. The mean pore size of
the synthesized hybrid membranes were calculated by Tsuru’s method and was estimated to be

0.37, 0.36, 0.43 nm for free, primary and secondary amino-silica membranes, respectively. Even
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though, the membrane with secondary amine group had the biggest pore size, the CO,/CH,4
separation was the best. The transport of CO, through the amine modified silica layer was
enhanced by the formation of carbamate intermediates which was verified by XPS analysis.
Temperature dependence measurements indicated that CO, was transported by repeated
adsorption/ diffusion/ desorption cycles. The membrane with secondary amine functionality was
stable under 20% relative humidity during 60 h.

Mixed matrix membranes were synthesized by dispersing zeolite SAPO-34 in
polyetherimide polymer. Dichloromethane was selected to dissolve the polymer rather than N-
methyl-2-pyrrolidone; a conventional solvent used for the polyetherimide membranes since the
former solvent resulted in a homogeneous selective layer and gave high CO,/CH, selectivity.
Various SAPO-34 amounts from 0 to 10 wt% were dispersed in the polymer precursor dissolved
into dichloroethane. A membrane with 5 wt% SAPO-34 loading presented the highest
performance with a CO, permeance of 4.41x10™° mol m?s™Pa with a CO,/CH, selectivity of 60.
The separation occurred based on the difference in gas solubility. The SAPO-34 decreased CH,4
permeance by increasing its diffusion pathway. Higher loading caused the agglomeration of the
zeolite particles.

Finally, the optimum point within the Robeson’s upper boundary was determined based
on a techno-economical optimization. The separation of CO,/N,, O2/N,, CO,/CH,4, and N,/CH,4
was taken as examples. The optimization parameters used in the analysis were the number of
units required for a given purity, the cost of the membrane (area) required to achieve a desired
flux, and the cost for compression to provide the driving force for the separation. The simulation
showed that the optimum pressure drop to operate an optimized membrane is between 1 to 10
MPa. In addition, curves of costs and permeabilities were generated at different pressures to
indicate the most economical operational pressure for any given permeability. The following
optimum points were reported at an operating pressure of 1 MPa: CO,/N; requires a permeability
of 3,200 barrers and selectivity of 24, O,/N,a permeability of 550 barrers and a selectivity of 4,
CO,/CH, a permeability of 2,000 barrers and selectivity of 20 and for N,/CH4 a permeability of
110 barrers and selectivity of 2.

Based on the overall results presented in this thesis, several future works can be

considered:
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The effect of the number secondary amine functionality in the alkylamine-silica membranes
could be investigated.

Mixture primary and secondary amine functionalities within the same membrane can also be
a promising membrane material.

The reaction between SAPO-34 and polytherimide using alkylamine silane may be an option

to eliminate all defects in the interface zeolite/polymer in the mixed matrix membranes.
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,M
Py, He /Mi

Nomenclature

Probability for diffusion through a micropore.

Permeance of gas A at stage i (mol m2Pa’s™)
Permeance of species i [mol m s *Pa™].

Energy barrier to be overcome by diffusion [J mol™].
Enthalpy of adsorption [J mol™].

Membrane area required for stage i [m?]

Capital cost for each compressor [$]

Capital cost for membrane a unit [$]

Utility cost [$ yr']

Molar flow rate of gas A permeate at stage i [mol 5]

Molar flow rate of gas B permeate at stage i [mol s™)

Molar flux [mol m?s™].

Permeability of gas A at stage i [mol m™*Pa™s™]

Permeance of i-th component predicted from He permeance under

the Knudsen diffusion mechanism.

Pressure at the compressor inlet [Pa]

Pressure at the compressor outlet [Pa]

Power required for compressor at stage i [KW]
Purity of gas A

Purity of gas B

Retention rate of gas A at stage i [mol 5]

Overall recovery of species A

Overall recovery of species B
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AIlP
AIOOH
AlP
APTES
APTMS
B
CH3COOH
CvVvD
DCE
OHe

d;

dp

f

Pre-exponential.
Saturation amount of adsorbed molecules [mol kg™].
Ideal selectivity of a specie i over j [-].

Pressure difference between the feed and permeate (Pa)
Species A

Surface area of the membrane [m?].
Aluminum isopropoxide.

Boehmite.

Aluminum isopropoxide.
(3-Aminopropyl)triethoxysilane.
3-aminopropyltrimethoxysilane.
Species B

Acetic acid.

Chemical vapor deposition.
Dichloroethane

Kinetic diameter of helium [nm].
Kinetic diameter of gas i [nm].
Estimated membrane pore size [nm].

Ratio of the permeance of the i-th component (P;) to that predicted

from a reference component (He) based on the Knudsen diffusion mechanism.

Fo

Fi

Fum

GPU

HNO;

K

K

L

M-0, M-I, and M-II

functionality, respectively.

MMM-x [x=0, 5, and 10]

Design factor

Molar flow rate of the gas i [mol s *].
Material factor

Gas permeation unit.

Nitric acid.

Adsorption equilibrium constant [Pa™].
Gas specific heat ratio

Membrane thickness

Membranes having no amine, primary amine and secondary amine

Mixed matrix membranes having 0, 5, and 10 wt% SAPO-34/PEI.
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MAPTMS
Mue

M

MMD
MMMs
MSE

RH
TEOS
Ti
AP

(3-methylaminopropyl) trimethoxysilane.
Molecular weight of helium [g mol™].
Molecular weight of gas i [g mol™].
Membrane material design.

Mixed matrix membranes.

Membrane system engineering.

Number of membrane units.
N-methyl-2-pyrolidone.

Pressure [Pa].

Propyltrimethoxysilane.

Polyvinyl alcohol.

Amount of adsorbed gas molecules per unit mass of adsorbent

Amino-silica ratio.

Unit recovery.

Regression coefficient.

Relative humidity [%].

Tetraethylorthosilicate.

Inlet temperature [K].

Partial pressure difference of a gas i between the inner and the

outer side of the membrane tube [Pa].

&

n
0

Av

Porosity of the membrane.

Compressor mechanical efficiency.
Fractional occupancy of adsorption sites.
Distance between the adsorption sites [m].

Velocity in the right direction [m s™].

Jump frequency of the molecule between adsorption sites [s™].

Density of the gas molecules [kg m™].
Tortuosity.

Annual cost [$ yr].

Diffusivity [m? s™]
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Solubility [mol m=Pa™]
Selectivity of gas A respected to gas B.

123



Appendix 1

The relationship between the values of the cubic root of ky; and the kinetic diameter of the
permeated gas molecule for M-0, M-I and M-Il membranes are shown in Fig. 53. A good linear
correlation was observed for the three membranes and the following equation was fitted to the

obtained results by using d, and ko as fitting parameters.

Vkoi = ko dy — ko d; Eq. (48)

where d; is the kinetic diameter of a permeating gas i [nm], d,, is the effective pore size [nm],
and ko is a structural parameter of the membrane.
The adjustable parameter ko has a physical meaning that depends only on the membrane

porous structure and is independent of the permeating gas species as defined by the following

equation.
__ NpV2m
0= Gra L Eq. (49)

where Np is the number of pores, Ay is the membrane area [nm?], 7 is the tortuosity, and L is
the effective membrane thickness [nm].

The obtained values of d, and ko are summarized in Table 19. The values of the estimated
membrane pore size d, were compared to NKP and mNKP plot methods. They showed complete
agreement with those obtained in mNKP plot. Therefore, it can be concluded that the adopted

methods were consistent for the estimation of the membrane pore size.
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Fig. 53: Relationship between the values of ko

0.08; ]
= M-0
0.06 o M-I
2. « M-I
S 0.041 ]
0.02; )
0.00 : .
0.2 0.3 0.4 0.5

Kinetic diameter/ nm

1/3

plotted for M-0, M-I and M-Il membranes.

Table 19: Estimated values of d, and ky for M-0, M-I, M-II membranes.

and the kinetic diameter of gas molecules

dp (nm) 3

. — ko (nm™)

Membrane NKP plot without Modified From (Fig. 53)

. ) ig.
considering CO, permeance NKP plot Fig. 53

M-0 0.37 0.38 0.38 0.252
M-I 0.36 0.37 0.39 0.251
M-I 0.43 0.43 0.41 0.160
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Appendix 2

Ideal selectivity and separation factors as a function of temperature and pressure difference of

M-Il membrane

Separation factor
Temperature Ideal
K) AP (MPa) selectivity CO,:CH4 (mol%o)
10:90 50:50 80:20
0.05 21 26 25 24
0.1 17 23 21 21
303 0.15 16 20 19 19
0.2 14 18 17 17
0.25 13 17 15 16
0.05 28 42 38 40
0.1 21 37 33 34
323 0.15 23 32 29 26
0.2 21 29 26 27
0.25 23 26 24 26
0.05 81 103 114 141
0.1 68 88 99 113
343 0.15 59 76 85 99
0.2 54 69 76 87
0.25 49 63 55 80
0.05 95 116 120 138
0.1 85 62 118 122
363 0.15 74 61 116 108
0.2 64 59 116 98
0.25 58 58 114 102
393 0.05 63 87 91 103
0.1 58 78 87 97
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0.15 54 73 85 99

0.2 51 64 81 94

0.25 48 60 77 90

0.05 22 24 26 27

0.1 25 23 25 26

453 0.15 24 24 25 25
0.2 23 23 24 25

0.25 23 23 23 24
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Appendix 3

Ideal selectivity and separation factors as a function of temperature and pressure difference of

M-0 membrane.

Separation factor
Temperature Ideal :
K) AP (MPa) selectivity CO,:CH,4 mol ratio
10:90 50:50 80:20
0.05 N.M N.M 1.91 211
0.1 1.0 N.M N.M N.M
303 0.15 1.2 1.40 1.70 1.76
0.2 11 1.30 N.M 1.67
0.25 1.2 1.39 1.51 1.63
0.05 2.6 N.M. 1.4 3.2
0.1 2.1 1.4 1.6 2.8
323 0.15 1.8 14 15 2.5
0.2 1.6 1.4 1.5 24
0.25 1.3 1.4 1.5 24
0.05 3.7 2.0 3.9 4.7
0.1 2.8 1.7 3.1 3.7
343 0.15 2.1 1.5 2.7 3.1
0.2 2.3 14 2.5 2.9
0.25 3.65 1.3 2.3 2.7
0.05 6.3 7.0 6.9 7.5
0.1 4.9 5.8 5.7 6.4
393 0.15 4.3 5.1 5.1 5.6
0.2 3.8 4.7 4.6 5.2
0.25 34 4.5 4.4 4.8
0.05 10.9 7.9 7.8 7.5
453 0.1 5.3 6.8 6.7 6.6
0.15 4.5 6.1 6.1 6.0
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0.2

4.2

5.6

5.7

5.6

0.25

3.8

5.4

5.3

5.2

N.M. : not measured
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Appendix 4

Effect of operating pressures on compression and membrane costs and number of stages for a methane recovery of 99%, methane

purity of 99%, and membrane thickness of 1 um.

Total costs Compression costs Membrane costs .
[«5]
> |2 ($ ton™) ($ ton™) ($ ton™) &
o = ‘n
SN 2
3 gg 0.1 1 5 10 0.1 1 5 10 0.1 1 5 10 E
[«B} —
@ |& T | MPa | MPa | MPa | MPa | MPa | MPa | MPa | MPa | MPa | MPa | MPa | MPa | E
pd
1.82 6.57 1.26 1.60 1.80 6.57 1.26 1.60 4.05 2.03
5 77200 s 3 . . 3 3 . . 20.3 2.03 L 1 3
x10 x10 x10 x10 x10 x10 x10 x10 x10 x10
1.52 5.18 9.92 1.27 1.41 5.17 9.92 1.27 1.01
10 12400 s 3 3 . 5 2 2 . ) 10.1 2.02 1.01 2
x10 x10 x10 x10 x10 x10 x10 x10 x10
1.21 5.99 9.63 1.21 1.34 491 9.41 1.20 1.08 1.08 2.15 1.08
60 | 110 . X \ ) . ) ; . 4 3 , 2 | 2
x10 x10 x10 x10 x10 x10 x10 x10 x10 x10 x10 x10
3.46 7.25 8.17 9.90 1.06 3.90 7.49 9.56 3.35 3.35 6.71 3.35
100 29 4 3 3 3 3 3 3 3 4 3 2 2 1
x10 x10 x10 x10 x10 x10 x10 x10 x10 x10 x10 x10
8.25 1.20 9.12 1.04 1.06 3.90 7.49 9.56 8.14 8.14 1.63 8.14
140 12 4 4 3 4 3 3 3 3 4 3 3 2 1
x10 x10 x10 x10 x10 x10 x10 x10 x10 x10 x10 x10
5.67 571 1.21 6.62 1.06 3.90 7.49 9.56 5.67 5.67 1.13 5.67
700 02 6 5 5 4 3 3 3 3 6 5 5 4 1
x10 x10 x10 x10 x10 x10 x10 x10 x10 x10 x10 x10
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Appendix 5

Effect of the methane purity and the operating pressures on the total operating costs and number of stages for a membrane thickness of

1 um.

Methane purity of 99%

Methane purity of 90%

Methane purity of 80%

> E‘ — Total costs Total costs Total costs

S 3 5 1 Number 1 Number 1 Number

B S = ($ton™) ($ton™) ($ton™)

2 E of of of

S |52 1 5 10 1 5 10 1 5 10

a stages stages stages

MPa | MPa MPa MPa MPa MPa MPa MPa MPa
6.57 1.26 1.60 6.06 1.16 1.48 3.90 7.49 9.56

5 77200 3 4 4 3 3 4 4 3 3 3 3 1
x10 x10 x10 x10 x10 x10 x10 x10 x10
5.18 9.92 1.27 492 9.42 1.20 3.90 7.49 9.56

10 12400 3 3 4 2 3 3 4 2 3 3 3 1
x10 x10 x10 x10 x10 x10 x10 x10 x10
5.99 9.63 1.21 4.41 7.60 9.62 3.91 7.50 9.57

60 110 3 3 4 2 3 3 3 1 3 3 3 1
x10 x10 x10 x10 x10 x10 x10 x10 x10
7.25 8.17 9.90 5.86 7.89 9.76 393 |7.50 9.57

100 29 3 3 3 1 3 3 3 1 3 3 3 1
x10 x10 x10 x10 x10 x10 x10 x10 x10
1.20 9.12 1.04 8.65 8.44 1.00 3.98 7.51 9.57

140 12 4 3 4 1 3 3 4 1 3 3 3 1
x10 x10 x10 x10 x10 x10 x10 x10 x10
5.71 1.21 6.62 3.34 7.36 4.26 9.80 8.67 1.02

700 02 5 5 4 1 5 4 4 1 3 3 4 1
x10 x10 x10 x10 x10 x10 x10 x10 x10
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